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A B S T R A C T   

An electrochemical process based on pH-swing has been proposed recently to regenerate spent alkaline absorbent 
from direct air capture (DAC). In this work, we experimentally investigated and theoretically simulated two 
optimization strategies to further reduce the energy consumption of such novel electrochemical process. First, 
partial vacuum was applied to the gas phase during CO2 desorption to increase the gas production rate. The 
energy consumption of the electrochemical cell decreased by 12 to 15% when the CO2 partial pressure in the gas 
phase was reduced from 0.9 to 0.3 atm. Second, phosphate and sulphate were tested as background electrolyte to 
the alkaline absorbent, reducing the energy consumption by minimizing the ohmic losses in the electrochemical 
cell. The optimal concentration for phosphate was 0.1 M, while the CO2 production rate was limited by either the 
total carbon feeding rate or the high acidifying solution pH at higher concentrations of phosphate. Moreover, due 
to the low pKa and high molar conductivity of sulphate compared to phosphate, sulphate addition showed an 
even lower energy consumption than phosphate addition. Finally, the lowest experimental energy consumption 
was 247 kJ mol− 1 CO2 achieved with CO2 partial pressure of 0.3 atm and 0.1 M of sulphate addition at current 
density of 150 A m− 2 while our mathematical model predicted a theoretical minimum energy consumption of 
138 kJ mol− 1 under the same condition. Overall, the investigated optimization strategies advanced the devel
opment of an energy-efficient electricity-driven process for direct air capture.   

1. Introduction 

Climate change caused by anthropogenic emissions of greenhouse 
gases is one of the biggest threats of the century [1]. The atmospheric 
carbon dioxide (CO2) concentration has increased by 50% comparing to 
pre-industrial level [2]. The heat-trapping nature of CO2 has warmed the 
atmosphere, ocean, and land, which leads to vital signs of global 
warming, e.g., shrinking ice sheets, rising sea level, and more extreme 
natural events [3–5]. In response to the escalating impacts of climate 
change, carbon dioxide removal (CDR), aiming explicitly to reduce CO2 
levels from the atmosphere, has emerged as a crucial process that helps 
achieve carbon neutrality and provides opportunities for negative CO2 
emissions [6–8]. Direct air capture (DAC), a promising strategy of CDR, 
aims to produce high-purity CO2 stream from ambient air via an 
adsorption/desorption cycle [9–11]. Although the low CO2 concentra
tion in the air makes DAC thermodynamically unfavourable comparing 
to other carbon capture processes from more CO2-concentrated gas 

streams, DAC has the advantage of high flexibility in operation location, 
and the deployment of DAC technologies is critical for urgently miti
gating the rapid climate change [12,13]. 

DAC with liquid alkaline absorbent and regeneration using a thermal 
swing has been demonstrated by Keith et al. [14]. Alternative electro
chemical regeneration processes have been proposed to replace the 
consumption of thermal energy by electricity [15–18]. Several groups 
have studied using bipolar membrane electrodialysis (BPMED) to create 
a pH swing so that CO2 is evolved from the spent absorbent under a low 
pH while the alkaline absorbent is regenerated under a high pH [19–22]. 
We recently showed the simultaneous CO2 desorption and regeneration 
of spent DAC alkaline absorbent utilizing a H2-recycling electrochemical 
system [23,24]. In this electrochemical system, H2 is oxidized to protons 
(H+) at the anode. The produced protons reduce the pH of the spent 
alkaline absorbent so that the carbonate (CO3

2–) and bicarbonate (HCO3
–) 

ions in solution are converted into carbonic acid (H2CO3*, including 
dissolved CO2). When the solution is saturated with carbonic acid, CO2 
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gas evolves and is separated from the liquid solution. The CO2-depleted 
solution is reduced at cathode where the alkaline absorbent is regener
ated due to the production of hydroxide ion (OH–). The reduction re
action at cathode also produces H2 that can compensate for the H2 
consumption at anode. 

Using such electrochemical DAC design, we have previously reached 
an energy consumption of 374 kJ mol− 1 CO2 under 50 A m− 2, while 
model predictions suggested a theoretical minimum as low as 164 kJ 
mol− 1 CO2 under same conditions [23]. The low energy consumption 
made this process competitive compared to the state of the art, such as 
the calciner thermal cycle process assessed by Keith et al. (338 kJ mol− 1 

CO2) [14] and the bipolar membrane electrodialysis process evaluated 
by Sabatino et al. (236 kJ mol− 1 CO2) [25]. However, the gap between 
the experimental and simulated energy consumption implies an opti
mization potential. Therefore, in this work, we aim to investigate two 
operational strategies to reduce the energy consumption of the proposed 
DAC process. 

The energy consumption of the process is inversely proportional to 
the CO2 production rate and proportional to the electric power of the 
electrochemical cell. The CO2 production rate is determined by the 
driving force for CO2 desorption that originates from the difference 
between the dissolved CO2 concentration and the CO2 partial pressure in 
the gas phase, and lower CO2 partial pressure in the gas phase facilitates 
the desorption of CO2 from liquid phase to gas phase [26,27]. Therefore, 
in this work, we attempted to increase the CO2 production rate of the 
electrochemical cell by applying partial vacuum to the gas phase during 
the desorption step. Moreover, we also showed the impact of reduced 
CO2 partial pressure in the gas phase on the performance of the elec
trochemical cell under different operational conditions. 

Under galvanostatic (i.e., constant current) conditions, the power of 
the electrochemical cell is dominated by the potential drop over the cell. 
The potential drop largely depends on the ohmic resistance of the so
lutions and the electrode overpotentials. In this regard, we added 
background electrolytes in different concentrations and forms to the 
absorbent to increase the ionic conductivity and studied the effect on the 
performance of the system. Sabatino et al. simulated the addition of inert 
salt in a bipolar membrane electrodialysis DAC process and showed the 
benefit of reducing the energy consumption [28]. Furthermore, Jer
emiasse et al. demonstrated that the concentration overpotential for 

hydrogen evolution was reduced in the presence of buffer [29]. Thus, we 
compared one background electrolyte with buffer capacity (phosphate) 
and one without buffer capacity (sulphate) to explore the difference in 
system performance under different operational conditions. 

2. Materials and methods 

2.1. Experimental setup 

The electrochemical cell consisted of three compartments, i.e., anode 
compartment, acidifying compartment, and cathode compartment, 
enclosed by two poly(methyl methacrylate) (PMMA) endplates (21 cm 
× 21 cm × 2.5 cm) (Fig. 1). Two Ru/Ir-coated titanium mesh electrodes 
(9.8 cm × 9.8 cm) were used, one as the cathode and the other as the 
current collector for the anode. The anode was a membrane electrode 
assembly (MEA) (FuelCellsEtc, USA) comprising a gas diffusion layer 
(GDL) (10 cm × 10 cm), coated by a Platinum-Vulcan (carbon) catalyst 
(0.5 mg Pt cm− 2), incorporated with a Nafion N117 cation exchange 
membrane (CEM) (15 cm × 15 cm). The GDL and CEM sides of the MEA 
faced the anode and acidifying compartments, respectively. The acidi
fying and cathode compartments were separated by an additional CEM 
(15 cm × 15 cm, Fumasep FKB-PK-75, FUMATECH, Germany), and two 
polymeric nitrile spacers (500 μm thick, Sefar, Switzerland) were used to 
create the flow channel for these two compartments. 

Two circulation loops were used for the acidifying and cathode 
compartments, respectively. In each circulation loop, the outlet from the 
cell was directed into a hollow fibre membrane contactor (Liqui-Cel™ 
EXF-2.5 × 8, 3M, USA), where the produced CO2 (or H2) gas could be 
separated, and the liquid stream from the membrane contactor flowed 
back into the cell. The influent of the system, which was the spent 
alkaline absorbent, was mixed with the acidifying solution before 
entering the acidifying compartment. While the overflow of acidifying 
solution flowed into the mixing vessel in the catholyte circulation loop, 
the overflow of surplus catholyte left the circulation as effluent. Three 
peristaltic pumps (Masterflex L/S, Metrohm Applikon BV, the 
Netherlands) were installed in the system, one for the influent and two 
for the two circulation loops (800 mL min− 1). Two additional peristaltic 
pumps (Masterflex L/S, Metrohm Applikon BV, the Netherlands) were 
connected to the gas outlets of the membrane contactors to maintain the 

Fig. 1. Schematic representation of the process with electrochemical regeneration of alkaline DAC absorbent. Influent: spent alkaline absorbent from the absorber. 
Effluent: regenerated absorbent to send to the absorber. MEA = membrane electrode assembly, CEM = cation exchange membrane. 
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desired air pressure, which was measured by two manometers (Cerabar 
PMP21, Endress + Hauser, Germany; MAN-SD1S, Kobold Messering 
GmbH, Germany). The gas side of the membrane contactor in the 
catholyte circulation loop was kept at a gas pressure of 0.70 atm to 
enhance the removal efficiency of H2 and avoid gas entrained in the cell 
through the circulation loop. In the CO2 gas stream, the water vapor of 
the separated gas was removed via a Nafion tubing (TUB-0003, 
CO2Meter.com, USA). The gas production rate was recorded by a mass 
flow meter (EL-FLOW Prestige FG-111B, Bronkhorst, the Netherlands). 
Gas samples were taken from the setup during experiments, and their 
compositions were analyzed by gas chromatography (µGC, Varian CP- 
4900, Agilent, USA). Although the H2 produced at the cathode could 
be directly recirculated to the anode, a tailor-made electrolyzer was used 
to feed H2 to the anode for simplicity. 

A galvanostatic/potentiostat (IviumStat, Ivium, the Netherlands) 
was connected to the cell to apply a constant current. Two saturated 
calomel reference electrodes (+0.244 V vs SHE, QM712X, ProSense BV, 
the Netherlands) were placed at the inlets of the acidifying and cathode 
compartments to measure the anode and cathode potentials. A multi
meter (8846A, Fluke, the Netherlands) was connected between the two 
reference electrodes to measure the potential difference across the 
acidifying and cathode compartments. The conductivities of the acidi
fying and catholyte solutions were measured by two conductivity sen
sors (Memosens CLS82D, Endress + Hauser BV, the Netherlands) placed 
in the two circulation loops, while the pH of the acidifying solution was 
measured by a pH sensor (Orbisint CPS11D, Endress + Hauser BV, the 
Netherlands). The concentrations of ions in the influent, the acidifying 
solution, and the catholyte solution were measured by ion chromatog
raphy (761 Compact IC, Metrohm, Switzerland). 

2.2. Experimental procedure 

The experiments were operated in a continuous mode with the 
influent solution constantly feeding into the acidifying circulation loop 
until the complete system reached steady-state. The influent solutions 
for the electrochemical system resembled spent potassium hydroxide 
absorbents. The composition is determined by the equilibrium between 
400 ppm of CO2 under atmospheric pressure and the alkaline absorbent 
based on Henry’s law and the equilibria of species in the liquid phase. 
The equilibria change with different K+ concentrations, different back
ground electrolyte addition, and different concentrations of the back
ground electrolyte. The detailed compositions of all the influent 
solutions are listed in Table S1. 

To evaluate the performance of the system under different fluid dy
namic and current conditions, we defined the “K+ load ratio” (LK+ ) as a 
control parameter to describe the ratio between the applied current 
density and the K+ loading rate: 

LK+ =
jc⋅A

cK+ ,0⋅Q⋅F
(1)  

where jc is the current density (A m− 2), A is the active membrane area 
(m2), cK+,0 is the K+ concentration in the influent (mol m− 3), Q is the 
influent flow rate (m3 s− 1), and F is the Faraday constant (96485 C 
mol− 1). 

Firstly, the effect of pressure at the gas side of the membrane con
tactor (pCO2 ,g) on the performance of the system was investigated. Three 
different conditions were selected to perform experiments with pCO2 ,g 

ranging from 0.3 to 0.9 atm (Table 1). Secondly, experiments with 
different amount of phosphate buffer solution addition (no buffer, 0.1 M 
buffer, and 0.2 M buffer) were performed under the optimum pCO2 ,g 

identified previously. The current density was kept constant at 150 A 
m− 2, while the influent K+ concentration was 1.0 M. Different LK+ from 
0.7 to 1.1 were tested by adjusting the influent flow rate. Moreover, we 
have performed experiments with fixed total carbon concentration in 
the influent and fixed influent flow rate, to keep constant the total 
carbon feeding rate into the cell. In this case, the influent K+ concen
tration along with the LK+ were different with different amount of buffer 
addition. Lastly, experiments with 0.1 M sulphate addition were per
formed to compare with experiments with 0.1 M phosphate buffer 
addition under different LK+ . The reported experimental results are the 
average values of each parameter under steady-state condition over a 
time period of at least 1 h. 

2.3. Equilibrium model 

An equilibrium model was developed to simulate the performance of 
the electrochemical cell. The simulation describes the mass transport 
and steady-state conditions of the acidifying and cathode compartments 
with some general assumptions including: i) well-mixed compartments; 
ii) ideal membrane behavior; and iii) no neutral species (H2CO3 and 
H3PO4) transport through the membrane. 

2.3.1. Solution equilibrium 
The solutions contain cations (K+ and H+), anions (OH–, HCO3

–, CO3
2–, 

H2PO4
− , HPO4

2− , PO4
3− , and SO4

2− ), and neutral species (H2CO3 and 
H3PO4), and they are assumed to be always in acid-base equilibrium. 
The equilibrium constants are defined as follows: 

KH =
cH2CO3

pCO2(g)
(2)  

Kc1 =
cH+ ⋅cHCO3

−

cH2CO3

(3)  

Kc2 =
cH+ ⋅cCO3

2−

cHCO3
−

(4)  

Kp1 =
cH+ ⋅cH2PO4

−

cH3PO4

(5)  

Kp2 =
cH+ ⋅cHPO4

2−

cH2PO4
−

(6)  

Kp3 =
cH+ ⋅cPO4

3−

cHPO4
2−

(7)  

Kw = cH+ ⋅cOH− (8)  

where KH is the Henry’ law constant of CO2 (mol m− 3 atm− 1), Kc1 and 
Kc2 are the first and second dissociation constants of H2CO3 (mol m− 3), 
respectively, Kp1, Kp2, and Kp3 are the first, second, and third dissocia
tion constants of H3PO4 (mol m− 3), respectively, Kw is the water disso
ciation constant (mol2 m− 6), pCO2(g) is the partial pressure of CO2 gas, 
and cH2CO3 , cHCO3

− , cCO3
2− , cH3PO4 , cH2PO4

− , cHPO4
2− , cPO4

3− , cH+ , and cOH− are 
the concentrations of corresponding ions (M), respectively. 

The electroneutrality of all charged species holds in all solutions: 

cK+ + cH+ = cOH− + cHCO3
− + 2⋅cCO3

2− + cH2PO4
− + 2⋅cHPO4

2− + 3⋅cPO4
3−

+ 2⋅cSO4
2− (9)  

where cSO4
2− is the concentration of SO4

2− (mol m− 3). 
The influent of the acidifying compartment is a solution in equilib

rium with 1 atm 400 ppm CO2 that consists of 1.0 M K+. The acidifying 
solution is in equilibrium with a defined gas pressure in the membrane 
contactor (assuming pure CO2). 

Table 1 
Different operational conditions for experiments investigating effects of pressure 
at the gas side of the membrane contactor (pCO2 ,g).   

Current density (A m− 2) LK+ Phosphate buffer (M) 

Condition 1 150  0.8 0.1 
Condition 2 150  0.9 0.1 
Condition 3 200  0.8 0.1  
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Either phosphate or sulphate is added to the influent when simu
lating the corresponding experiments. 

2.3.2. Mass transport 
The applied current density determines the total flux of cations (K+

and H+) transported through the CEM: 

Jtot = JK+ + JH+ =
jc

F
(10)  

where Jtot is the total molar flux of cations through the CEM (mol m− 2 

s− 1), and JK+ and JH+ are the molar fluxes of K+ and H+ (mol m− 2 s− 1), 
respectively. 

The ion fluxes can be expressed by Nernst-Planck equation: 

JK+ = − DK+ ⋅
(

dcK+

dx
+ cK+ ,m

dϕ
dx

)

(11)  

JH+ = − DH+ ⋅
(

dcH+

dx
+ cH+ ,m

dϕ
dx

)

(12)  

where DK+ and DH+ are the diffusion coefficients of K+ and H+ (m2 s− 1), 
respectively, cK+ and cH+ are the concentrations of K+ and H+ at different 
positions inside the membrane (mol m− 3), respectively, cK+ ,m and cH+ ,m 

are the average concentrations of K+ and H+ in the membrane (mol 
m− 3), respectively, x is the position inside the membrane (m), and ϕ is 
the dimensionless electric potential, to be multiplied by R⋅T/F (R: ideal 
gas constant = 8.314 J K− 1 mol− 1, T: temperature in K) to obtain the 
dimensional voltage. 

The concentration gradient of cations over the CEM is assumed to be 
linear, and the boundary conditions of the membrane are not considered 
so that the ion concentration on the surface of the membrane equals the 
concentration in the bulk solution. 

2.3.3. Mass balances 
The mass balances of K+ and total carbon in acidifying and cathode 

compartments were considered under steady-state conditions. In the 
acidifying compartment, the K+ transported away equals the concen
tration difference between the influent (cK+ ,0, mol m− 3) and the acidi
fying solution (cK+ ,1, mol m− 3): 

JK+ =
Q
A

⋅
(
cK+ ,0 − cK+ ,1

)
(13) 

CO2 is desorbed from the acidifying solution as the pH decreases. 
Therefore, the total carbon concentration difference between the 
influent (cC,0, mol m− 3) and the acidifying solution (cC,1, mol m− 3) 
corresponds to the specific CO2 production rate (JCO2 , mol m− 2 s− 1): 

JCO2 =
Q
A

⋅
(
cC,0 − cC,1

)
(14) 

The transported K+ and the remaining part in the acidifying solution 
blend in the cathode compartment, so the catholyte has the same K+

concentration as the influent. Since no carbon species leaves the solution 
after the membrane contactor, the total carbon concentration in the 
catholyte remains as in the acidifying solution. 

2.3.4. Energy consumption 
This model assumes an ideal electrical behavior in the cell which 

neglects the electrode overpotentials and the boundary layer effects of 
the electrodes and membrane. Therefore, the cell voltage (Ecell, V) is 
calculated as the sum of equilibrium potential (Eeq, V), membrane po
tential (Em, V), and ohmic losses (Eohmic, V). 

Ecell = Eeq +Em +Eohmic (15) 

Eeq is the potential invested in creating the pH difference between the 
anode (pHanode) and cathode (pHcathode) considering each pH unit requires 
59.2 mV of potential drop: 

Eeq = 0.0592⋅(pHcathode − pHanode) (16) 

Em is the potential drop over the CEM resulted from K+ concentration 
gradient: 

Em =
R⋅T
F

⋅ln
cK+ ,2

cK+ ,1
(17)  

where cK+,2 is the K+ concentration in the catholyte (mol m− 3). 
Eohmic includes the potential drops in the acidifying and cathode 

compartments due to ionic resistance: 

Eohmic = jc⋅
(

da

σa
+

dc

σc

)

(18)  

where da and dc are the thicknesses of the acidifying and cathode 
compartments (m), respectively, and σa and σc are the conductivities of 
the acidifying solution and catholyte (S m− 1), respectively. 

Finally, the energy consumption (EC) is then calculated by: 

EC =
Ecell⋅jc

JCO2

(19)  

3. Results and discussion 

3.1. Effects of decreased CO2 desorption pressure 

In the experiments with reduced CO2 partial pressure at the gas side 
(pCO2 ,g) of the membrane contactor, the energy consumption of the 
electrochemical system decreased with decreasing pCO2 (Fig. 2). We have 
observed this decrease in energy consumption under applied partial 
vacuum with different applied current densities and different load ratios 
of K+ (LK+ ). 

The decrease in energy consumption originated from two aspects: 
increased CO2 production rate and decreased cell voltage. The driving 
force for CO2 desorption was the difference in CO2 partial pressure be
tween the liquid and gas side of the membrane contactor [30], so 
reducing pCO2 ,g increased the CO2 production rate (Fig. 3a). With pCO2 ,g 
decreased from 0.9 to 0.3 atm, the benefits from increasing CO2 

Fig. 2. Energy consumption at different CO2 partial pressure at the gas side of 
the membrane contactor (pCO2 ,g). Condition 1: jc = 150 A m− 2, LK+ = 0.8, 0.1 M 
phosphate buffer; condition 2: jc = 150 A m− 2, LK+ = 0.9, 0.1 M phosphate 
buffer; condition 3: jc = 200 A m− 2, LK+ = 0.8, 0.1 M phosphate buffer. 
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production rate accounted for 84% of the total energy reduction at the 
experimental conditions with LK+ = 0.8 (condition 1, while this benefit 
accounted only for 54% at condition 2 with LK+ = 0.9. In condition 2, the 
pH of the acidifying solution was around 1-unit lower comparing to the 
acidifying solution in condition 1. The lower acidifying solution pH 
resulted in a higher concentration of H2CO3 and a higher CO2 partial 
pressure in the liquid phase. Hence, the driving force for CO2 desorption 
was higher under condition 2 comparing to condition 1, which led to a 
higher CO2 production rate at pCO2 ,g = 0.9 atm. When pCO2 ,g decreased to 
0.3 atm, the applied partial vacuum dominated the desorption of CO2 so 
that the difference in CO2 production rate was minimized. The model 
results showed the same trend of CO2 production rate change in all the 
conditions with different pCO2 ,g, although the overall values of the 
simulation were higher than the experimental results, likely due to some 
CO2 leakage during experiments. 

The applied partial vacuum reduced the cell voltage especially when 
pCO2 ,g decreased from 0.9 to 0.7 atm (Fig. 3b). One assumption for the 
reduced cell voltage was that the elimination of CO2 gas bubbles in the 
cell decreased the electrical resistance. Generally, the CO2 gas formed 
inside the cell could be carried out instantly by the liquid flow. However, 
some bubbles may remain trapped in the meshed spacer, thus increasing 
the electrical resistance [31,32]. With a reduced pressure in the gas 
phase, the volumes of the gas (bubbles) formed were bigger according to 
ideal gas law. Therefore, the larger-volume bubbles were easier to be 
carried out of the cell by the liquid flow instead of being trapped in the 
spacer [33]. This elimination of gas bubbles occurred mainly between 
pCO2 ,g of 0.9 and 0.7 atm, and further decrease of pCO2 ,g did not have a 
significant impact on the cell voltage. Moreover, as the model did not 
include the effect of gas bubbles on cell voltage, so the results of the 
model simulation were not presented in the figure. 

However, creating and maintaining the vacuum requires additional 
energy investment in operation, and low pressure of the desorbed CO2 
creates an energy penalty for the downstream processes as CO2 needs to 
be pressurized for transport and storage [34,35]. The thermodynamical 
minimum energy required to reduce CO2 desorption pressure from 0.9 to 
0.3 atm is 2.7 kJ mol− 1, and the same amount of energy is required to 
pressurize the pure CO2 back from 0.3 to 0.9 atm. In practice, this energy 
penalty is larger due to the imperfect efficiency of the vacuum pump and 
gas compressor, e.g., the practical energy consumption to compress CO2 
gas at lower pressure requires slightly more energy due to the larger 
volume of gas [36]. Nevertheless, considering an 80% efficiency of the 
vacuum pump and the compressor, the total energy required for the 
decreased CO2 desorption pressure is about 6.8 kJ mol− 1, which is less 

than 20% of the energy saving by applying this strategy. Therefore, a 
decreased CO2 desorption pressure is beneficial for reducing the overall 
energy consumption of the electrochemical system by increasing CO2 
production rate and decreasing cell voltage. 

3.2. Effect of phosphate buffer on cell performance 

We expected the addition of phosphate buffer to the absorbent would 
lower the energy consumption by reducing the ohmic resistance and the 
electrode overpotential. However, in this study, the energy consumption 
of experiments with buffer addition was not always lower than the ex
periments without buffer addition. Instead, adding phosphate buffer 
shifted the optimal LK+ for the lowest energy consumption of the elec
trochemical cell (Fig. 4). The lowest energy consumption was achieved 
without adding buffer at LK+ = 1.0, with 0.1 M buffer at LK+ = 0.8, and 
with 0.2 M buffer at LK+ = 0.7 (energy consumption of 305 kJ mol− 1, 
267 kJ mol− 1, and 297 kJ mol− 1, respectively). This shift of optimal LK+

was also observed with the model simulation where the optimal LK+

value decreases with increasing buffer concentration. Overall, both 
experimental and model results show that the lowest energy consump
tion of all investigated conditions occurred with 0.1 M buffer at LK+ =

0.8. 
The energy consumption is proportional to the cell voltage and 

inversely proportional to the CO2 production rate. Cell voltage increased 
with higher LK+ owing to the lower conductivity of the acidifying solu
tion and higher potential drop at the boundary layers of the MEA and 
CEM (Fig. 5a). As more K+ ions were transported to the cathode 
compartment and CO3

2–/HCO3
– ions were converted to CO2 gas, the 

conductivity of the acidifying solution decreased with a higher LK+

(Table S2), which led to a greater ohmic loss in the cell. Moreover, this 
depletion of K+ and CO3

2–/HCO3
– ions was intensified near the surface of 

the MEA at the acidifying compartment side, which resulted in a larger 
potential drop at the boundary layer of the MEA [37]. Furthermore, the 
K+ concentration gradient over the CEM was larger with a higher LK+

(Table S2), and this larger gradient contributed to the increase of the 
membrane potential of the CEM [38]. On the other hand, adding 
phosphate buffer provided extra conductivity in both the acidifying 
solution and the boundary layer of the MEA, since the anionic phosphate 
species remained in the acidifying solution increased the total ion con
centration. Hence, we observed a lower cell voltage with more phos
phate buffer added, and the difference of cell voltage was larger with a 
higher LK+ when more K+ and CO3

2–/HCO3
– were removed. Although 

Jeremiasse et al. showed a reduced concentration overpotential for 

Fig. 3. Change of (a) CO2 production rate and (b) cell voltage under different pCO2 values. Condition 1: jc = 150 A m− 2, LK+ = 0.8, 0.1 M phosphate buffer; condition 
2: jc = 150 A m− 2, LK+ = 0.9, 0.1 M phosphate buffer; condition 3: jc = 200 A m− 2, LK+ = 0.8, 0.1 M phosphate buffer. Symbols (○): experimental data; lines: model 
predictions. 
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hydrogen evolution with phosphate buffer addition [29], this reduction 
was not evident in our experiments due to the extreme catholyte pH 
(>13). The small fluctuation of the cathode overpotential (Table S3) 

could be explained by the influence of hydrogen gas bubbles on the 
cathode potential measurement [33]. 

The protons produced at the anode were transported to the acidi

Fig. 4. Energy consumption under different load ratio and phosphate buffer concentration. (a) Load ratio range between 0.6 and 1.2, (b) a zoomed view for load ratio 
between 1.0 and 1.2. Symbols (○): experimental data; lines: model predictions. 

Fig. 5. Experimental and model simulated results of (a) cell voltage, (b) acidifying solution pH, (c) CO2 yield, and (d) CO2 production rate under different load ratio 
and phosphate buffer concentration. Symbols (○): experimental data; lines: model predictions. 
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fying compartment under the applied constant current, which led to the 
decrease of the acidifying solution pH. The steady-state pH of the 
acidifying solution decreased at a higher LK+ (Fig. 5b), which was 
attributed to more protons received by each unit volume of acidifying 
solution. This decrease in pH was not linear to the increase in LK+ due to 
the buffering effect of CO3

2–/HCO3
– ions and/or the added phosphate 

buffer. In the experiments without buffer, the acidifying solution needed 
to overcome two buffering zones of CO3

2–/HCO3
– (pKa = 10.33 and 6.35). 

The concentration of CO3
2–/HCO3

– ions was reduced in the experiments 
with phosphate buffer since the total K+ concentration in the influent 
was remained constant in all the experiments. Moreover, phosphate 
buffer only has one buffering zone (pKa = 7.20) in the pH range of the 
desired pH swing in the acidifying solution. As a result, the addition of 
phosphate buffer solution decreased the steady-state pH of the acidi
fying solution. This conclusion also explains the discrepancy between 
the experimental and simulated acidifying solution pH at LK+ = 1.1 with 
no buffer addition, as any background anions “contamination” in the 
experiments would decrease the acidifying solution pH. 

Due to the displacement of CO2 equilibria, more CO2 could be 
evolved with a lower pH of the acidifying solution. Thus, the CO2 yield, 
which is defined as the ratio of CO2 gas production rate to the total 
carbon feeding rate into the cell, followed a reverse trend to the pH of 
the acidifying solution (Fig. 5c). The yield reached its maximum when 
all the dissolved carbon species had been converted to H2CO3 at around 
pH = 4. At pCO2 ,g = 0.3 atm, the concentration of H2CO3 in the acidifying 
solution was 10.2 mM based on Henry’s law. This 10.2 mM of H2CO3 
could not be desorbed into the gas phase even with further decrease of 
the acidifying solution pH at higher LK+ , so the yield kept constant at the 
maximum. Due to less total carbon in the influent of experiments with 
phosphate buffer, the remained H2CO3 accounted for a larger portion in 
these experiments. Hence, the maximum CO2 yield decreased with 
increasing concentration of phosphate buffer. 

Although the CO2 yield was proportional to the CO2 production rate, 
the change of the CO2 production rate did not follow the same trend as 
the CO2 yield, due to the variation of the total carbon feeding rate 
(Fig. 5d). In experiments with the same buffer concentration, the total 
carbon feeding rate decreased with higher LK+ attributed to the lower 
flow rate of the influent (1.33 mL min− 1 at LK+ = 0.7 while 0.85 mL 
min− 1 at LK+ = 1.1). Consequently, the CO2 production rate decreased 
sharply after the CO2 yield reached the maximum. Moreover, the total 
carbon feeding rate decreased by 19% and 38% with 0.1 M and 0.2 M 
phosphate buffer added, respectively. Therefore, the CO2 production 
rate of the experiments without buffer addition exceeded those of the 
experiments with buffer added at higher LK+ . 

As shown in Fig. 4, the experiments with no buffer addition had the 
lowest energy consumption at LK+ = 1.0, which was lower than in the 
experiments with buffer addition at the same LK+ . However, the buffer 
addition limited the total carbon feeding rate. Thus, we have also per
formed experiments with fixed total carbon feeding rate (Table 2). The 
lowest energy consumption was achieved with 0.1 M phosphate buffer 
added, which was confirmed by the model simulation (617 kJ mol− 1 

without buffer, 156 kJ mol− 1 with 0.1 M buffer, 160 kJ mol− 1 with 0.2 M 
buffer). Adding phosphate provided extra conductivity in the acidifying 
compartment and lowered the LK+ due to the increasing influent K+

concentration, so the cell voltage was lower with more buffer added. 

Moreover, the acidifying solution pH was comparable between the 
experiment without buffer and with 0.1 M buffer, but the CO2 produc
tion rate with 0.1 M buffer was 4% higher, which indicated that adding 
phosphate buffer facilitated the desorption of CO2 gas. However, in the 
experiment with 0.2 M buffer, the CO2 production rate was the lowest 
due to the higher acidifying solution pH at a relatively low LK+ . 

3.3. Effects of adding sulphate solution 

As the previous section concludes, adding 0.1 M phosphate buffer 
reduced the energy consumption of the electrochemical system, where 
phosphate essentially acts as a supporting electrolyte in the system. In 
fact, adding sulphate to the absorbent reduced the energy consumption 
even further, while the energy consumption trend with different LK+ is 
the same with both phosphate and sulphate (Fig. 6). Thus, among all the 
investigated experimental conditions, the lowest energy consumption 
was 247 kJ mol− 1 achieved at pCO2 ,g = 0.3 atm, LK+ = 0.8, jc = 150 A 
m− 2, and with 0.1 M of sulphate addition. The model predicted the 
lowest energy consumption of 138 kJ mol− 1 under the same condition, 
while the difference between the experiment and the simulation could 
be attributed to electrode overpotentials and CO2 leakage (which were 
not covered by the model). 

Firstly, while phosphate buffer has one buffering zone in the pH 
range of the acidifying solution, sulphate does not have any buffer ca
pacity. As a result, the pH of acidifying solution under the same LK+ was 
lower with sulphate addition than with phosphate addition (Fig. 7a). At 
LK+ < 0.9, the lower pH favored the desorption of CO2 so that the CO2 
production rate was higher with sulphate addition (Fig. 7b). However, 
when the pH of acidifying solution was lower than 4, the CO2 yield 
reached its maximum, and the CO2 production rate was limited by the 
total carbon feeding rate. Therefore, the CO2 production rate was 
equivalent with different electrolytes addition at LK+ ≥ 0.9. Secondly, 
the cell voltage only showed differences at LK+ > 0.8 between sulphate 
addition and phosphate addition (Fig. 7c). As discussed before, the 
benefit of adding phosphate buffer was primarily to increase the con
ductivity in the acidifying compartment provided by phosphate. More
over, sulphate ions have higher molar conductivity comparing to HPO4

2−

and H2PO4
− (i.e., the main phosphate species in the pH range of the 

Table 2 
Experimental conditions and results of the experiments with fixed total carbon 
feeding rate.   

No buffer 0.1 M buffer 0.2 M buffer 

Total carbon feeding rate (mol s− 1) 9.5 × 10− 6 9.5 × 10− 6 9.5 × 10− 6 

LK+ 1.00 0.84 0.72 
Energy consumption (kJ mol− 1) 305 273 286 
Cell voltage (V) 1.49 1.38 1.35 
Acidifying solution pH 6.8 6.8 7.3 
CO2 production rate (mol s− 1) 7.3 × 10− 6 7.6 × 10− 6 7.1 × 10− 6  

Fig. 6. Energy consumption under different load ratio with 0.1 M of phosphate 
buffer or 0.1 M of sulphate added. Symbols (○): experimental data; lines: model 
simulation results. 
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acidifying solution). Furthermore, the impact of the ionic conductivity 
was higher at high LK+ when the acidifying solution was more depleted. 
Hence, the ohmic losses originated from the ionic resistance was lower 
when adding sulphate than with phosphate at LK+ > 0.8 (Fig. 7d). The 
difference in ohmic losses accounted for 23%, 51%, and 16% of the cell 
voltage difference at LK+ = 0.9, 1.0, and 1.1, respectively. The rest of the 
cell voltage difference between different electrolytes addition could be 
explained by the boundary effects on the surface of the MEA. On the 
surface of the acidifying compartment side of the MEA, the K+ con
centration decreased and H+ concentration increased with higher LK+ , 
which induced a lower local pH. Driven by the current applied, the 
anionic species moved towards the surface of the MEA. As discussed 
before, without the addition of buffer or sulphate, due to the formation 
of non-conductive H2CO3, the boundary layer of the MEA provided a 
high potential drop. While H3PO4 has a lower pKa than H2CO3 (2.10 vs 
6.35), more charged phosphate species (H2PO4

− /HPO4
2− ) could be pre

sent at the boundary layer and provide conductivity. Moreover, H2SO4, 
as a strong acid, has a pKa of − 2.80, so all the sulphate species at the 
boundary layer were in charged dissociated form. Therefore, adsorbent 
with sulphate addition reduced the potential drop at the boundary layer 
of the MEA, which led to the lower cell voltage. 

Overall, we have achieved a reduction of approximately 30% in 
energy consumption by adding 0.1 M sulphate comparing to no back
ground electrolyte addition at LK+ = 0.8. Sabatino et al. have performed 
a techno-economic analysis of bipolar membrane electrodialysis for 

direct air capture processes [28]. They reviewed several solutions for 
reducing the energy consumption of the electrochemical process, and 
one of the solutions was addition of an inert salt to the solvent. This 
solution was simulated by a mathematical model and resulted in a 
maximum energy reduction of ~ 29%. Therefore, our experimental re
sults showed comparable reduction in the energy consumption by add
ing background electrolytes. 

4. Conclusions 

In this work, we have shown different strategies to reduce the energy 
consumption for the electrochemical DAC process by decreasing the CO2 
desorption pressure and adding background electrolyte. When the CO2 
partial pressure at the gas phase of the membrane contactor was reduced 
from 0.9 to 0.3 atm, the energy consumption of the process decreased 12 
to 15% among the three tested conditions. The applied partial vacuum 
increased the CO2 production rate by increasing the driving force for 
CO2 desorption from liquid to gas and decreased the cell voltage by 
diminishing gas bubbles in the electrochemical cell. Moreover, the 
addition of 0.1 and 0.2 M of phosphate changed the optimum LK+ , where 
we observed the lowest energy consumption at LK+ = 0.8 with 0.1 M 
buffer. The addition of the phosphate buffer increased the conductivity 
of both the acidifying solution and the boundary layer of the MEA, so the 
cell voltage decreased with more buffer added. However, the CO2 pro
duction rate was limited by either the total carbon feeding rate with 

Fig. 7. Experimental and model simulated results of (a) acidifying solution pH, (b) CO2 production rate, (c) cell voltage, and (d) ohmic losses under different load 
ratio with 0.1 M phosphate buffer or 0.1 M sulphate addition. Symbols (○): experimental data; lines: model simulation results. 
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higher buffer concentration at fixed influent K+ concentration or a 
higher acidifying solution pH with higher buffer concentration at fixed 
total carbon feeding rate. Finally, because of the low pKa and high molar 
conductivity of sulphate comparing to phosphate, 0.1 M sulphate 
addition showed lower energy consumption than 0.1 M phosphate 
addition at the same LK+ . Among all the investigated conditions, the 
lowest energy consumption was 247 kJ mol− 1 achieved at pCO2 ,g = 0.3 
atm, LK+ = 0.8, jc = 150 A m− 2 with 0.1 M of sulphate addition, while the 
model predicted the minimum of 138 kJ mol− 1 under the same condi
tion. The experimental lowest energy consumption of this work is 34% 
lower comparing to our previous work, which makes this electro
chemical process more competitive among all the DAC technologies. 
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