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Chapter 1

1.1. Urgency for mitigation of climate change

The Elfstedentocht, the biggest ice-skating tour in the world, has been a tradition in Friesland,
the Netherlands since 1909.! The tour takes place when the natural ice along its 200 km
course is at least 15 cm thick. Unfortunately, the last time the event occurred was in 1997,
and now there is possibly an irreversible loss of this event due to the impact of climate change.

The primary contributor to climate change is the greenhouse gas (GHG) emissions from
human activities.>* The GHGs, including carbon dioxide (CO2), nitrous oxide (N20), me-
thane (CHa), chlorofluorocarbons (CFCs), trap heat in the atmosphere and prevent it from
escaping into space, keeping the earth warm. Human activities, such as burning of fossil fuels
and deforestation, have increased the concentration of greenhouse gases in the atmosphere.*>
Prior to industrial times, the highest atmospheric CO2 concentration was 300 ppm, but since
industrial revolution, it has increased to over 420 ppm.® As a result, the global average surface
temperature has increased by approximately 1.1°C since the late 19™ century, with the 10
warmest years all recorded in the 21% century.” Moreover, the oceans are also getting warmer,
which leads to the shrinking of ice sheets and rising of sea levels.® The rapid climate change
is causing more extreme weather conditions, e.g., stronger hurricanes and more intense heat
waves.> 1!

Aiming to mitigate the impacts of climate change and reduce associated risks, 196 Par-
ties of the 2015 United Nations Climate Change Conference near Paris adopted an interna-
tional treaty on climate change, Paris Agreement. The objective of the Agreement is to limit
global warming in this century to well below 2°C (compared to pre-industrial levels), and
preferably to limit it to 1.5°C. The 1.5°C goal requires 50% reduction of global CO2 emis-
sions by 2030, and carbon neutral by mid-century.'> However, we are not on track to reach
these reduction goals. During the period of 2010 — 2019, the average annual greenhouse gas
emissions were higher than any previous decades (Figure 1.1).!3 Although the growth rate
of the emissions is slowing down, current climate actions are not enough to reach the 1.5°C
target unless immediate and deep emissions reductions across all sectors are taking place.'*
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Figure 1.1. Global net anthropogenic greenhouse gas (GHG) emissions 1990 — 2019.13
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Introduction

1.2. Approaches for reducing CO. emissions

Carbon dioxide, among all the greenhouse gases, is the main driver of climate change. To
mitigate the effects of climate change, it is crucial to reduce CO2 emissions. The Intergov-
ernmental Panel on Climate Change (IPCC) has identified various mitigation options across
different sectors, including electrification and carbon capture and storage (CCS) as the key

solutions in the energy and industry sectors.!>!313

1.2.1. Electrification

Electrification is the process of replacing the original energy source (normally fossil fuel
based) by electricity, employing electricity both energy supply and the end uses. According
to the International Energy Agency (IEA), electrification has the potential to significantly
reduce final energy demand due to the comparatively higher efficiency of electric technolo-
gies compared to fossil fuel-based alternatives that provide similar energy services.!® This
increased efficiency results in a reduction in energy consumption, which leads to reduced
CO: emissions and improved energy security.

Moreover, the integration of renewable energy sources, such as solar, wind, and hydro-
electric power, with the process of electrification has the potential to further reduce CO»
emissions by reducing the carbon intensity of the electricity system.!”!” According to the
Net Zero Scenario of IEA, electrification has the potential to reduce 1 Gt of CO2 emissions
in 2030 compared to 2020, accounting for approximately 7% of all mitigated emissions in
these 10 years.!'® By 2021, the global total renewable energy capacity has reached 3.1 TW
accounting for 38.3% of the total energy generation capacity.?’ Since the costs for some re-
newables (e.g., photovoltaic and onshore wind) have become lower than those of fossil

fuels,?"??

the widespread adoption of these renewable energy sources becomes more viable.
Furthermore, the increase in the number of electricity end uses can also provide more flexible
capacity to the electricity system, which mitigates the challenges associated with integrating

variable renewable sources.??

Finally, hydrogen (Hz) production based on water electrolysis is another indirect form
of electrification. The produced Hz can be the alternative fuel for various applications, in-
cluding long-haul transport, chemical productions, and iron and steel industries.?*** However,
only about 1% of the current global H> production is from renewable energy, with more than
95% of the production still relies on fossil fuels.?® To establish a role in the reduction of CO:
emissions, the future of development of the H2 economy should increase the share of H>
production from renewable electricity.
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Chapter 1

1.2.2. Decarbonization technologies

Carbon capture and storage

During the energy transition, the CO2 emissions from fossil fuel powered facilities remain
substantial. In 2022, the global CO: emissions from fossil fuels were estimated to be 37.5
Gt.? To offset these emissions and reach net-zero goals, it is imperative to implement addi-
tional technologies. Carbon capture and storage (CCS) is such a technology that aims to cap-
ture CO2 emissions from point sources, such as power plants and industrial facilities, and
store them underground.?®?° This process can reduce the amount of CO> released into the
atmosphere, thereby playing a crucial role in reducing the overall greenhouse gas emissions.
The IPCC has identified CCS as a key mitigation option for achieving significant reductions
in CO; emissions in both energy and industry sectors.'

The deployment of CCS is a critical for achieving long-term climate goals and mitigat-
ing risks through decarbonizing hard-to-abate industries, producing low-carbon power, and
facilitating the mass Hz production with CCS.** As of September 2022, a total 30 CCS facil-
ities are in operation with the capacity to capture 42.5 MtCO: per annum, while additional
164 CCS facilities with a total capacity of 199.0 MtCO: per annum are under construction or
in development.’! Together with other mitigation options, such as electrification, the poten-
tial contribution of CCS to the net emission is expected be approximately 990 MtCO» per
annum by 2030, with 840 MtCO» per annum in energy sector and 150 MtCO:z per annum in
industry sector.'3 Obviously, there is a significant disparity between the current level of CCS
deployment and the requirement of the net-zero emissions by 2050 scenario. Thus, immediate
and more intensive actions are required for the policy support and adoption of CCS. Moreo-
ver, the development of further CO2 emission reduction technologies is necessary to support
the mitigation process.

Carbon dioxide removal

While CCS is targeting point source emissions, carbon dioxide removal (CDR) is aiming to
remove CO: directly from the atmosphere, which complements CCS in reducing atmospheric
CO: concentration. The deployment of CDR is crucial to counterbalance CO2 emissions from
non-point sources, such as transportation and residential sources.>? CDR has been recognized
by IPCC as unavoidable to reach net-zero emissions.'? A range of methods have been devel-
oped for CDR, including afforestation and reforestation, bioenergy with carbon capture and
storage (BECCS), and direct air carbon capture and storage (DACCS).!3333

Afforestation and reforestation involve planting trees and other vegetation to absorb
COz from the air through photosynthesis and store it in the form of biomass. According to
the latest IPCC report, the potential for COz sequestration through this process is estimated
to be between 0.5 and 1.0 GtCO: per annum."? In addition to the mitigation of climate change,
afforestation and reforestation can offer numerous benefits, such as increased employment
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opportunities and improved livelihoods for local communities, enhanced biodiversity, a
greater availability of renewable wood products, and improved soil carbon and nutrient cy-
cles. However, the effective implementation of afforestation and reforestation requires proper
management to mitigate potential risks, including lower groundwater levels and competition

with food production for land use.3%*

BECCS is a technology that combines the generation of bioenergy with the capture and
permanent CO» storage. The process begins with the cultivation of energy crops such as mis-
canthus, switchgrass, short rotation coppice willow, which are then burned to produce steam
to drive turbines and generate electricity.*® The CO2 emitted during the combustion process
is captured and compressed for transport and storage. The entire process results in a net re-
moval of CO:z from the atmosphere, effectively making the produced electricity carbon neg-
ative. BECCS is the only CDR process that can provide a “sustainable” source of energy, and
it has the advantages of afforestation as the bioenergy step requires cultivation of energy
crops. Nevertheless, the land and water required for energy crops cultivation are significant,
and the cost and feasibility of the process largely depend on the development of CCS tech-
nologies. While IPCC expected BECCS to have a mitigation potential between 0.5 and 11
GtCO: per annum, current deployed facilities can only capture around 2 MtCO: per annum.>*’
Further research on the BECCS value chain, development on BECCS technologies, and pol-
icy support for BECCS investments are necessary to promote the large-scale deployment of

the technology .34

DACCS includes capturing CO: from the air and the sequestration of the captured COs.
The capturing process, called direct air capture (DAC), typically uses a scrubber that can
capture CO> directly from the atmosphere through chemical reactions, then the sorbents in
the scrubber are regenerated via various methods,* and high purity COz is produced during
the regeneration. In general, the technology is still in the prototyping stage (technology read-
iness level ~ 6) and has an estimated cost between 100 and 300 USD tCO>!.!3 However, the
recent advancements have demonstrated its long-term mitigation potential, with estimates
ranging from 5 to 40 GtCO> per annum.!* Two of the leading companies working on DAC
are Climeworks and Carbon Engineering.

Climeworks uses an adsorption/desorption process based on alkaline-functionalized
solid adsorbents (Figure 1.2).4>* The adsorption and desorption phases are performed in the
same modular designed devices called CO: collectors. During the adsorption phase, ambient
air is ventilated along the adsorbents in the collectors due to chemical binding. When the
adsorbents are saturated with COz, the process moves to the desorption phase. The desorption
phase involves a temperature-vacuum-swing (TVS) process,* where the CO: collectors are
heated to around 100°C so that CO2 can be desorbed from the adsorbents and collected via
an applied vacuum. After the desorption phase, the system is cooled to ambient temperature
for the starting of the adsorption phase again. Climeworks deployed its first demonstration
prototype in 2012 and world’s first commercial DAC plant in 2017. In 2021, world’s first
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large-scale DACCS plant “Orca” was launched in Iceland with a full capture capacity of 4
ktCOz per annum. Currently, Climeworks is building the latest DACCS plant “Mammoth”
with a full capacity of 36 ktCOz per annum, continuing its plan of multi-megaton capacity by
2030 and being on track to gigaton capacity by 2050.

ADSORPTION PHASE DESORPTION PHASE
A Once the filter is saturated with
CO, the filter is heated to 100 °C.

°
°

= A

Ambient o
* air * CO,-free air
o 2 $ - ° .- &5

w CO, is then released

CO, is chemically from the filter and
bound to the filter. collected. Concentrated CO,

Figure 1.2. Schematic illustration of Climeworks direct air capture process. (Adapted from ref 42)

The DAC technology from Carbon Engineering has four steps based on a liquid alkaline
absorbent (KOH) (Figure 1.3). The absorption of CO2 occurs in an air contactor, where CO2
from the air reacts with KOH solution and forms K2COs solution. The carbonate solution
flows into the pellet reactor and reacts with Ca(OH): to form CaCOs pellets. The pellets are
heated up to 900°C in the calciner to desorb high purity COz gas. The other product in the
calciner, CaO, is hydrated in a slaker to produce Ca(OH):2 to be recycled in the process. Based
on the pilot data from Carbon Engineering and model simulations, the levelized cost of the
process is estimated to be 94 — 232 USD tCO:". In partnership with another company 1Point-
Five, now Carbon Engineering is constructing its first large-scale commercial DAC plant,
aiming for 100 MtCO: per annum with multiple DAC plants.

Calciner (3)

€00, 10
a0(;) + COy) co
178.3 ki/mol 2

Air Contactor (1) Pellet Reactor (2)
COyg) + 2KOH(5q, 2KOHaq) + CaCOsy)

H,0(y + K3CO35q) K5CO3(aq) + Ca(OH)ys
-95.8 kJ/mol -5.8 kJ/mol

Slaker (4)
CaO) + H,0(,
Ca(OH)y(s) o
Ca(OH)y(s
-63.9 kJ/mol

Figure 1.3. Process scheme of Carbon Engineering DAC process.45
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1.3. Electrochemical carbon capture

A conventional carbon capture technologies typically use amine scrubbing to capture CO2
and temperature swing to regenerate the amine-based organic solvents.?® However, the avail-
ability of thermal energy and the degradation of solvents under high temperature limited the
application of the technologies. On the other hand, electrochemical carbon capture technol-
ogies,**8 that can operate at room temperature without heating, have recently drawn a lot of
attention (Figure 1.4). They have several advantages including easy integration into existing
power plants and industrial processes, high scalability due to modular cell design, and being
environmentally friendly with no harmful byproducts. Furthermore, as the process is pow-
ered by electricity, the whole process can be carbon neutral or even carbon negative when
integrated with renewable energy.
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Figure 1.4. Number of publications per year on “electrochemical carbon capture”. (Data fetched by Web
of Science on 14t of February 2023)

The CO2 equilibria (egs. 1.1 & 1.2) in a liquid solution are largely dependent on the pH
of the solution (Figure 1.5). Due to the displacement of the equilibria, CO2 could be desorbed
into the gas phase from the solution under a low pH when the dissolved CO, (H2COs") is
over-saturated. While CO:z is reactive with OH", a high pH solution is capable to capture CO»
from gas mixtures. Therefore, some electrochemical carbon capture technologies (e.g., tech-

)*-51 and proton-coupled elec-

nologies based on bipolar membrane electrodialysis (BPMED
tron transfer molecules>>>?) have been developed to produce a pH swing of a liquid sorbent,
and CO:z is absorbed by the sorbent at a high pH and desorbed from the sorbent at a low pH.

Furthermore, some other electrochemical processes that are based on the capacitive or redox

15



Chapter 1

properties of the electrodes have also been demonstrated for carbon capture (e.g., technolo-
gies based on membrane capacitive deionization (MCDI)**>* and electrochemically mediated
amine regeneration (EMAR)36-8),

H,CO; = HCO; + H* (1.1)
HCO; = CO?~ +H* (1.2)
Desorption of CO, Regeneration of sorbents
100%
H,CO5"
80%
8
o
é)_ 60% -
5
c
o
= 40% -
@©
i
20% A
0% - . r . ' . T T .
2 4 6 8 10 12 14
pH

Figure 1.5. Distribution of carbon species in solutions under different pH.
1.3.1. pH-swing-based technologies

BPMED is typically combined with wet scrubbing to achieve carbon capture.’® The wet
scrubbing process involves COz absorption using liquid alkaline solution, and the product of
the process is carbonate/bicarbonate solution.®® The BPMED cell is used for regenerating the
alkaline absorbent and producing high-purity CO2 gas. This technique is relying on the water
splitting capability of the bipolar membrane to create a pH swing to displace the carbonate
equilibria in the liquid solution. When stacked with anion exchange membranes (AEMs) (as
shown in Figure 1.6), a pH swing is established in two adjacent compartments, acid com-
partment and base compartment. The acidic environment in the acid compartment facilitates
the desorption of CO2 gas, while the alkaline environment in the base compartment regener-
ates the alkaline absorbent. A techno-economic analysis of the BPMED regeneration step
showed that the energy consumption of the process can be as low as 236 kJ mol! CO> for
DAC application.>® Various improvement strategies of BPMED have been proposed to fur-
ther reduce the energy consumption, including high pressure operation, cation exchange
membrane (CEM) design, and acid production.’*>!*! However, the current high cost of the
bipolar membranes and ion exchange membranes limits the large-scale application of the
technology.
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Figure 1.6. Scheme of the repeated units in a BPMED cell. BPM: bipolar membrane, AEM: anion ex-
change membrane, CEM: cation exchange membrane.5®

Other than pH swing generated by bipolar membranes, redox reactions with proton-
coupled electron transfer molecules can also provide a pH swing (Figure 1.7).°%% The re-
duction of sodium (3,3’-(phenazine-2,3-diylbis(oxy))bis(propane-1-sulfonate)) (DSPZ) mol-
ecules increases the alkalinity of the solution, which favors the absorption of CO2 from flue
gas. When the polarities of the electrodes are reversed, the oxidation of DSPZ increases the
acidity of the solution, which facilitates the desorption of pure CO2 gas. The energy con-
sumption of the system is 61 — 145 kJ mol! CO> for flue gas carbon capture and 121 — 237
kJ mol! CO; for DAC. Due to the fast kinetics of DSPZ redox reactions, this process can be
operated under a relatively high current density (up to 1500A m). However, the reduced
form of DSPZ can be oxidized by oxygen (O2) from flue gas or air, which leads to the loss
of coulombic efficiency. Although Jin et al. have proposed an electrochemical rebalancing
method to mitigate the negative effects of Oz, due to the high energy intensity of the method,
the development of O»-insensitive redox molecules would be the focus for future research.
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Figure 1.7. Scheme of the electrochemical pH swing process with proton-coupled electron transfer mol-
ecules, posolyte: Fe(CN)s, negolyte: DSPZ.52

1.3.2. Capacitive or redox-based technologies

MCDI cell consists of two capacitive electrodes with a CEM and an AEM on either electrode,
respectively (Figure 1.8).%% Deionized water works as a medium for the absorption and
desorption of CO». During the absorption step, COz from flue gas dissolves in the deionized
water and forms carbonic acid (H2COs) that further dissociates to bicarbonate (HCOs") and
carbonate (COs3%). The charged anode adsorbs anions (HCO3™ and CO3%), while the charged
cathode adsorbs cations (H"). The reduction of HCO37/CO3* concentration in the liquid fa-
cilitates the dissolution of more CO» from gas to liquid. Hence, CO2 is captured in the capac-
itive electrodes in the form of HCO3™ and COs*. The desorption step is performed by revers-
ing the polarity of the electrodes, where HCOs™ and CO3* are desorbed back into the deion-
ized water medium. The oversaturation of HCO3™ and CO3* favors the desorption of COz into
the gas phase. Overall, the energy consumption of the MCDI system can be as low as 40 kJ
mol™! CO: for carbon capture from flue gas.>® Nevertheless, the use of deionized water as the
medium provides a huge internal resistance to the cell, the low energy consumption can only
be achieved under an extremely low current density (0.2 A m). Moreover, the electrodes do
not have selectivity towards HCO3™ and CO3*, so the introduction of any other anions would
decrease the current efficiency of the system.>* Therefore, the future research focus should
be on reducing the internal resistance and increasing the ion selectivity of the electrodes.
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Figure 1.8. Scheme of an MCDI system in absorption and desorption steps.62

EMAR is an electrochemical regeneration process for liquid amine absorbents (Figure
1.9).5763%4 CO» from flue gas is captured by ethylenediamine (EDA) solution during the
amine-scrubbing absorption step. The COz-rich spent absorbent is directed into the anode
compartment of the EMAR cell, where the copper electrode is oxidized and releases Cu?*
into the solution. The Cu?" ions displace the CO: to be bound by EDA due to the stronger
affinity. As a result, COz is desorbed from the solution. The amine-Cu complex is regenerated
back to EDA at the cathode, as Cu?" is reduced to Cu that deposits onto cathode surface. The
energy consumption of this system is in the range of 30 — 113 kJ mol! CO2 under current
densities of 27 — 118 A m for flue gas carbon capture.’’ The internal resistance of the cell
needs to be further reduced so that higher current density could be applied. Moreover, the
long-term stability of the copper electrodes requires more research investigation before large-
scale application of the technology.
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Figure 1.9. Scheme of the EMAR process in combination with a CO2 absorption column.5?
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1.4. Scope and thesis outline

With the deployment of electrification and development of renewable energy, the access to
renewable electricity will become easier and cheaper. Moreover, while carbon capture from
point sources is important to reduce the CO2 emissions from power plants and industries,
direct air capture is essential to achieve the net-zero emission goals. Therefore, this thesis
aims to develop a novel electrochemical DAC technology to help mitigate climate change
caused by increasing atmospheric CO2 concentration.

The developed DAC technology is depicted in Figure 1.10. The key process of this
technology is the Hz-recycling electrochemical system (HRES) that can generate a pH swing
for the influent solution. The electrochemical cell consists of three compartments: the anode,
acidifying, and cathode compartments. The oxidation of Hz at the anode and the reduction of
H>O at the cathode generates a pH gradient between the acidifying and cathode compartments.
When the HRES is integrated with CO: capture using an alkaline solution (NaOH or KOH),
the low pH in the acidifying compartment of the electrochemical cell facilitates the desorp-
tion of high-purity CO2 gas from the spent solution, while the high pH in the cathode com-
partment regenerates the alkalinity of the solution. This technology is based on the pH swing
of an inorganic solution, which avoids the limitations of using organic substances that tends
to react with Oz (e.g., DSPZ) and can possibly degrade over time®2. Moreover, the large-scale
application of a DAC technology requires a high current density to reduce the capital ex-
penditure (CAPEX) of the system. The developed technology in this thesis relies on the Hz
oxidation and Ha evolution reactions (HOR and HER) to generate the pH swing, while the

65-67 and elec-

materials and methods for these two reactions have been matured in fuel cells
trolyzer®®"° technologies at high current density (>> 1000A m). Furthermore, the electro-
chemical cell has been combined with the adsorption of COz from air using amine-function-
alized ion exchange resins. The solid amine sorbent has a high CO: capture capacity, and the
regeneration process using the electrochemical cell prevents the thermal degradation of the

sorbent.
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Figure 1.10. Schematic illustration of the developed electrochemical DAC process. MEA: membrane
electrode assembly, CEM: cation exchange membrane.

Chapter 2 shows the proof of concept of a hydrogen recycling electrochemical system
for regeneration of spent alkaline DAC absorbents. The system utilizes the pH swing created
from H> oxidation and H> evolution reactions to facilitate the desorption of high purity CO-
gas and regeneration of the alkaline absorbents.

Chapter 3 demonstrates the integration of the electrochemical regeneration system with
an adsorption process using amine-functionalized anion exchange resins. The resins adsorb
COz from ambient air, and the electrochemical cell produces the alkaline solution to regen-
erate the resins and desorbs high purity CO: gas. The stability of the resins and the impact of
air humidity are investigated.

Chapter 4 explores several optimization strategies for the electrochemical system to
reduce the energy consumption. Decreased CO: desorption pressure increases the driving
force for transport of CO2 from liquid to gas, and the addition of background electrolyte
increases electrical conductivity of the solutions in the cell.

Chapter 5 further extends the optimization of the system to process designs and operat-
ing parameters. With a mathematical model, different process layouts are theoretically inves-
tigated to minimize the negative effects of CO- gas bubbles. The impacts of circulation of
solution, current density, and concentration of background electrolyte are also studied.

Chapter 6 compares the developed technology with other existing carbon capture tech-
nologies. The challenges in the studies of this thesis are discussed, and the perspectives on
future research are presented. Finally, the vision towards a sustainable carbon cycle is shared.
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Chapter 2

Abstract

CO: capture from the atmosphere (or direct air capture) is widely recognized as a promising
solution to reach negative emissions, and technologies using alkaline solutions as absorbent
have already been demonstrated on a full scale. In the conventional temperature swing pro-
cess, the subsequent regeneration of the alkaline solution is highly energy-demanding. In this
study, we experimentally demonstrate simultaneous solvent regeneration and CO: desorption
in a continuous system using a Hz-recycling electrochemical cell. A pH gradient is created in
the electrochemical cell so that COxz is desorbed at a low pH, while an alkaline capture solu-
tion (NaOH) is regenerated at a high pH. By testing the cell under different working condi-
tions, we experimentally achieved CO2 desorption with an energy consumption of 374 kJ
mol™! CO; and a CO> purity higher than 95%. Moreover, our theoretical calculations show
that a minimum energy consumption of 164 kJ mol! CO; could be achieved. Overall, the H-
recycling electrochemical cell allowed us to accomplish the simultaneous desorption of high-
purity COz stream and regeneration of up to 59% of the CO: capture capacity of the absorbent.
These results are promising toward the upscaling of an energy-effective process for direct air
capture.
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2.1. Introduction

Climate change is one of the most critical global challenges nowadays. Increasing atmos-
pheric CO2 concentration brought by anthropogenic emissions has been recognized as the
primary driver of global warming.”"~”> The global average surface temperature has risen by
0.85°C in the period from 1880 to 2012, and over 85% of this temperature rise occurred in
the past century can be attributed to industrialization.”® Besides, most of the CO; in the at-
mosphere will ultimately be absorbed by the oceans causing ocean acidification, which has
been proved harmful to marine organisms.”” The ocean pH has been already reduced by 0.1
units compared to the preindustrial level,”® and it could eventually be 0.7 units lower with

continuous emission of COz from the combustion of fossil fuels.”®”°

In this context, it has been widely recognized that capturing CO> from emission points
and even directly from the air provides a potential solution to mitigate CO> emissions and
ultimately reduce the atmospheric CO2 concentration.?*3! In particular, direct air capture
(DAC) technologies, aim to extract COz directly from ambient air, and hence offer the pos-
sibility to achieve CO: capture from distributed sources.*!#233 Therefore, DAC is not re-
stricted by location as conventional carbon capture technologies that are designed to be cou-
pled with large CO2 emission points. The thermodynamic minimum energy requirement for
DAC is relatively higher compared to carbon capture from flue gas, due to the low CO:z con-
centration in air.®> Nonetheless, further studies on DAC are essential for reducing climate
risks.

Various technologies have been proposed for DAC,***>34 and one of the most exten-
sively studied approaches is wet scrubbing with alkaline hydroxide solutions (typically
NaOH or KOH).*¢%85 When air is in contact with an alkaline solution (e.g., NaOH), CO: is
absorbed, and a sodium carbonate solution is produced according to the reaction:*!

2NaOH + CO, - Na,COs + Hy0 AH® = —109.4 k] mol~! @.1)

Conventionally, the sorbent (NaOH) is regenerated by exchanging sodium and calcium
ions by dosing calcium hydroxide. Subsequently, the resulting calcite (CaCO3) precipitate is
thermally treated at 700 °C to produce CO2 and calcium oxide. Finally, calcium hydroxide
can be regenerated by rehydration of calcium oxide.

Since the chemical reaction between NaOH and CO: is spontaneous, the regeneration
of the alkaline sorbent (coupled with desorption of CO:2 gas) consumes the largest fraction of
energy in the conventional wet scrubbing process (i.e., a minimum of 179 kJ mol! CO: at
standard temperature and pressure®>®). Alternative regeneration processes have been devel-
oped to reduce energy consumption. For instance, Mahmoudkhani and Keith proposed a ti-
tanate cycle that halved the energy requirements compared to the conventional regeneration
process,®® while Kim et al. suggested an electrochemical method for the regeneration of LIOH
from used CO> adsorbents. ¥’ The use of electrochemical systems as the CO2 desorption step
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includes a number of advantages, such as (i) potentially low energy consumption (since the
process occurs at room temperature), (ii) better operational control (by exploiting the electric
field), and (iii) easy integration with renewable energy sources (since the process requires

only electricity as energy input),.4%:>435%59.61,88-90

In this work, we developed an electrochemical process for regenerating the alkaline
solution in the wet scrubbing process for DAC application; meanwhile, high purity CO> gas
stream could be produced that is suitable for storage or utilization. The process is based on a
Haz-recycling electrochemical system (HRES) coupled to a membrane contactor that was orig-
inally developed for nitrogen recovery from wastewater.”'*> In HRES, alkaline and acidic
conditions are created in two adjacent compartments respectively. Additionally, CO2 equi-
libria are highly dependent on the pH of the solution (egs. 2.2 — 2.4, values taken from refs
93.94) Accordingly, we adapted the system operation for DAC application. The electrochem-
ical cell consisted of three compartments, i.e., an anode compartment, an “acidifying” com-
partment, and a cathode compartment. During the operation, protons (H") produced from the
H: oxidation at the anode are transported to the acidifying compartment where the spent so-
lution coming from the air contactor is fed. The decreasing pH of the acidifying solution
leads to the conversion of (bi)carbonate ions to carbonic acid (egs. 2.2 and 2.3). When the
solution is saturated in carbonic acid (H2COs", including dissolved CO>), a further pH de-
crease leads to the desorption of CO2 gas (eq. 2.4). The oversaturation point is determined by
the COz partial pressure in the membrane contactor. Meanwhile, NaOH is regenerated in the
cathode due to the production of hydroxides (OH") and can be reused as a DAC absorbent.

HCO3 = CO¥ + H* pK,, = 10.33 2.2)
H,CO; = HCO; + H* pK,, = 6.35 (2.3)
€O, + H,0 = H,CO3 Ky = 0.0339 mol L™t atm™? (2.4)

In this work, we show a proof of principle of such electrochemical method for NaOH
regeneration and CO: desorption using an HRES. Different operational conditions were stud-
ied to identify suitable conditions to regenerate the absorbent at low energy consumption.

2.2. Materials and methods

2.2.1. Experimental methodology

Experimental setup

A schematic representation of the experimental setup is shown in Figure 2.1. The main pro-
cess streams are the influent flowing into the acidifying compartment and then the membrane
contactor, the overflow of excess acidifying solution flowing into the catholyte tank, and the
effluent from the cathode compartment. To increase the flow speed inside the cell, two recir-
culation loops were added for the acidifying and cathode compartment, respectively. The
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anode was a membrane electrode assembly (MEA) consisting of a 15 cm X 15 cm Nafion
N117 cation exchange membrane (CEM) integrated with a 10 cm x 10 cm gas diffusion layer
(GDL) coated by a Platinum — Vulcan (carbon) catalyst (0.5 mg Pt cm™) (FuelCellsEtc, USA).
The GDL side of the MEA was facing the anode compartment while the CEM side was facing
the acidifying compartment. The flow channel of the acidifying compartment was created by
using a polymeric (nitril) spacer (500 um, Sefar, Switzerland). The acidifying compartment
and the cathode compartment were separated by a CEM (Nafion N117, 15 cm X 15 ¢cm, Fuel-
CellsEtc, USA). Two Ru/Ir coated titanium mesh electrodes (9.8 cm x 9.8 cm, Magneto Spe-
cial Anodes BV, the Netherlands) were used in the cell, one as cathode, and the other one as
current collector for the anode. The whole cell was closed between two poly(methyl methac-
rylate) (PMMA) endplates (21 cm x 21 cm x 2.5 cm). The HRES produces and consumes Hz
at the electrodes, thus the system can operate without any net H> consumption by recirculat-
ing the H> from the cathode to the anode. However, to simplify the operation of the system,
the Hz feed to the anode compartment was produced by a custom-made electrolyzer. The
electrolyzer was operated under constant current conditions and fed with a 25 mM H2SO4
aqueous solution.

150 mL min™ Membrane contactor

\] ﬁ 8.98 mLn min"!
CO2
Water Iockl:l Mass flow meter
Effluent
[ 2.3mL min’?} TC=0.140 mol L'

ACIDIFYING CATHODE N\

RO COMPARTMENT COMPARTMENT

H,0 S

H*
Na*
H2
OH +H,
MEA CEM *
H J
2 Main process streams
Gas streams
150 mL min, Solution recirculation
23 mL min? *TC: total carbon concentration
TC=0.325mol L
Influent Catholyte tank

Figure 2.1. Schematic drawing of the experimental setup. The values indicated in the figure are from one
of the experiments performed in this work.

The gas-liquid separation was conducted by a membrane contactor (type MM 1.7 x
8.75, 3M, USA) whose microporous hollow fiber membrane provided a large surface area
for contact between gas and liquid phases. The produced gas first passed through a Nafion
Tubing (TUB-0003, CO2Meter.com, USA) to remove water vapor. Next, the amount of gas
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produced was measured by a mass flow meter (EL-FLOW Prestige FG-111B, Bronkhorst,
the Netherlands). Finally, the gas composition was checked by micro gas chromatograph
(CP-4900, Varian, USA).

Three peristaltic pumps (Masterflex L/S, Metrohm Applikon BV, the Netherlands) were
used in the system, one for the influent, one for the effluent, and one for the recirculation of
solution in acidifying and cathode compartment (150 mL min™). The total volume of the
acidifying compartment recirculation was 180 mL, including the flow channels of the acidi-
fying compartment (~5 mL), membrane contactor (~70 mL), and tubing (~105 mL). The
cathode compartment recirculation had a total volume of 120 mL.

The anode (MEA) potential and cathode potential were measured by two Ag/AgCl ref-
erence electrodes (+0.2 V vs NHE, QM711X, QiS-Prosence BV, the Netherlands) placed at
the inlets of the acidifying and cathode compartments, respectively. Two high impedance
preamplifiers (Ext-Ins Technologies, the Netherlands) were connected to the reference elec-
trodes to avoid current leakage. The conductivities of the solutions in the acidifying and cath-
ode compartment were measured using a conductivity sensor (Memosens CLS82D, En-
dresstHauser BV, the Netherlands). The pH of the solution in the acidifying compartment
was measured using a pH sensor (Orbisint CPS11D, Endress+Hauser BV, the Netherlands).
Constant current was applied to the electrochemical cell by a power supply (ES 030-5, Delta
Elektronika BV, the Netherlands). The Na* concentration in the solution was measured by
ion chromatography (761 Compact IC, Metrohm, Switzerland).

Transport of Na* and definition of Na+* load ratio

The Na" in the system has mainly two roles: (i) supporting the electrical conductivity in the
acidifying compartment, and (ii) being transported through the membrane to sustain the ionic
current in the cell. The net transport of Na* through the CEM is influenced by several oper-
ating conditions, such as the loading rate of Na' in the system (i.e., the molar concentration
and flow rate of the influent), as well as the applied current. Here, we define the “Na* load
ratio” (Ly,+) as the ratio between the current density and the Na* loading rate :%°

Lyg+ = —24— 2.5)

Where j,. is the applied current density (A m™), A the active membrane area (0.01 m?),
Cnat* o the molar concentration in the influent solution (500 mol m?), Q the flow rate of the
influent (m? s1), and F the Faraday constant (96485 C mol™!). The Na* load ratio (Ly,+) is a
dimensionless parameter that describes the ratio between the potential transport of Na* at
given current density and the amount of Na* fed into the system. In principle, when Ly + =
1, the current in the cell is sufficient to transport all the sodium towards the cathode. Thus,
all the (bi)carbonate ions react with protons leading to the maximum desorption of CO2 and
regeneration of absorbent.
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Besides, Ly, + can also be expressed as following:

Lyg+ = —2<— (2.6)

Where 7 is the residence time of the solution in the acidifying compartment (s), d the
thickness of the acidifying compartment (5%10** m). The Ly,+ is proportional to the T when
the current density applied is fixed. Therefore, in the scope of this work, a higher Ly, + im-
plies a longer residence time of the solution in the cell.

Experimental procedure

All the experiments were performed in continuous mode, according to the scheme in Figure
2.1. The composition of the influent was chosen in order to mimic a spent capture solution
from a DAC process. Specifically, we considered a 0.5 M NaOH aqueous solution as absor-
bent, and we assumed that the capture step is completed when CO: in the gas phase and in
the liquid phase reaches equilibrium. As a result, the spent absorbent solution consists of
0.175 M Na2COs and 0.150 M NaHCO:s, based on Henry’s law and the CO: equilibria shown
in egs. 2.2 — 2.4. The spent absorbent solution has pH of 9.7, and conductivity of 30.6 mS
cm™l.

Firstly, experiments at different Ly,+ values were performed while keeping the current
density constant. Then the effect of current density was investigated at constant Ly,+ values.
The experiments were performed until the system reached steady-state (i.e., by monitoring
the outlet conductivity). Table S2.1 shows an overview of all the experiments that were per-
formed.

Figures of merit

Here, we define the figures of merit associated with energy consumption and the regeneration
of the alkaline absorbent. The specific energy consumption of the system (EC, J mol) is
defined as

EC = Zectil Ty @.7)
Jco,

Where V., is the cell voltage (V), I the applied current (A), Py, the power for produc-
tion of 10% excess Hz in the electrolyzer (W), and j(, the measured CO2 production rate
(mol s7). Py, is included in the calculations to compensate for possible small Hz gas leakage
in practice. Note that we assumed the H> production at the cathode fully compensates the H»
requirement at the anode in optimized cell designs (i.e., gas-tight).

The primary purpose of the system is to regenerate the alkaline absorbent. As the max-
imum total carbon concentration in the spent absorbent is determined by the CO» partial pres-
sure in the air, the regenerated CO> capture capacity of the absorbent equals the amount of
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total carbon been removed during the regeneration. The total carbon removed during the re-
generation is in the form of desorption of COx(g). Therefore, we define a “carbon removal
efficiency” (¢removar) to quantify the efficiency of the absorbent regeneration step, and it is
expressed as

$removal = — 2 (2.8)

Ct,0

Where ¢, , and c; , are the total carbon concentration in the cathode outlet and influent,
respectively (mol m™).

Finally, we describe the potential drop over the cell as a sum of equilibrium potential
(Veq), anode overpotential (1gn0qe)> cathode overpotential (M¢atnoge)s i0nic losses (Vignic),
and transport 10sses (Viranspore)- Further details on the calculations can be found in the Sup-
porting Information.

2.2.2. Equilibrium model

An equilibrium model was developed for the acidifying and cathode compartments, based on
mass balance and transport equations of Na* and H*. The model considers steady-state con-
ditions, well-mixed compartments, and ideal CEM behavior (i.e., a complete rejection of co-
ions). The anode was excluded from this framework to simplify the system. Hence, we also
assume that protons are produced in the acidifying compartment and consumed at the cathode
(i.e., assuming hydrogen evolution from protons instead of from water). Furthermore, the
recirculation of each compartment is not considered in the model, and the outlet from the
acidifying compartment flows directly to the cathode.

Neglecting any net transport of water through the membrane, the mass balance for so-
dium in the acidifying compartment can be written as

Ina* = % (cna*o = Cna*1) 2.9)

Where ]y, + is the molar flux of Na® through the CEM, and cy,+, and cy,+, the Na*
concentration at the inlet and outlet of acidifying compartment.

The mass balance of total carbon species is related to the CO2 production in the acidi-
fying compartment. The total carbon concentration in the anode outflow (c, 1) in equilibrium
with the gas phase in the membrane contactor (1 atm pure CO»), so it is a function of sodium
concentration (cy,+,) and COz partial pressure. If ¢, ; is lower than the total carbon concen-
tration in the anode inflow (c; o), the reduction of total carbon in the liquid phase is desorbed
into the gas phase as CO: gas. Therefore, the specific CO2 production rate (J¢,) can be de-
fined as

Jeo, =% (ceo = c41) (2.10)
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Note that the /., is normalized for the active area of the cell. If ¢, ; is calculated to be
higher than c; 5, we consider the acidifying compartment as a closed system which has no

gas production and ¢; 1 = ¢ q.

In the cathode compartment, since ideally no carbon species can pass through the mem-
brane, the total concentration of carbon species remains constant, i.e., ¢, = C¢1 and cyg+ ,

= Cyq+ 0> Where subscript ‘2” indicates the cathode outlet.
The total ionic current through the CEM is given by
Je =Jna+ +u+ (2.11)

Where ]+ is the molar flux of H* through the membrane. Both cation fluxes can be
calculated by considering the Nernst-Planck equation. The electroneutrality condition inside
the CEM gives

Cygt T Cy+t = Cx (2.12)

Where cy is the fixed charge density of the cation exchange membrane. Therefore, the
Nernst-Planck equation for J,+ and J,;+ can be rewritten as

af do
Jnat = =D cx (FEE 4 frg+ 25 (2.13)
af d
Jur = —aD oy G+ fueSh) (2.14)

Where D is the diffusion coefficient of Na* inside the membrane, a the ratio between
the diffusion coefficient of H" and Na*, ¢ the electric potential, x the position inside the
membrane, and fy,+ and f+ are the concentration fraction of Na* and H" respectively

(Fnvat = Cnat/Cxs fu+ = Cy+/Cx).

The ion concentration in the bulk solution is the same as the ion concentration on the
membrane surface since we assumed perfectly stirred compartments (i.e., no concentration
polarization phenomena). By combining eqgs. 2.13 and 2.14 into eq. 2.11, the total ionic cur-
rent is equal to

Fut ctfy+q

jo= =D Z{@=1 (fure = fura) + 1+ (@~ 1) L2 dgp) - (2.15)

Where § is the CEM thickness and subscripts a and ¢ indicate the acidifying and cath-
ode sides of the membrane respectively. Furthermore, the transport number of Na* (ty,+) is
defined as

tygr = Lat (2.16)

Je

Finally, the specific energy consumption (EC°) is calculated by
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ECO = Vtotal Je (2.17)

Jco,

Where V,,.4; is the total cell voltage, which is calculated as the sum of ohmic losses
(Yonmic)» potential drop due to the pH difference in the cell (V,), and membrane potential

(Vmembrane)-
Vtotal = Vohmic + VpH + Vmembrane (2~18)

The V,pmic 1s the potential loss related to the ohmic resistance of the acidifying and
cathode compartments and can be expressed as

. .d d
Vonmic = Je —+ =9 (2.19)

Oq Oc

Where d, and d, are the thickness of acidifying and cathode compartments respec-
tively, o, and o, are the conductivity of acidifying solution and catholyte (calculated by
OLIStudio version 9.5 (OLI Systems, Inc., NJ, USA) based on the solution composition).

The V,y, is determined by the pH difference between anode and cathode considering a

potential drop of 59.2 mV per pH unit, and pH,,,,4. = | due to the high proton concentration
in the MEA:

Vou = 0.0592 (pHearhoge — 1) (2.20)

The Vypempbrane 1S the Donnan potential across the CEM and is determined by the so-
dium concentration on each side of the membrane:

RT
Vinembrane = —
F

InNaz 2.21)

CNat1

The model requires as input the properties of the influent (i.e., cyq+ o, ¢t o, and @), and
the Na" concentration of the outlet acidifying solution (cy,+ ,), and then calculates the cur-
rent density, Na* load ratio, CO> production rate, and outlet concentration as output.

2.3. Results and discussion

2.3.1. Effect of Na* load ratio

We first tested the cell under constant current operations and investigated the effect of the
Na* load ratio (Ly,+) by varying the influent flow rate. Figure 2.2 shows both the experi-
mental and theoretical results obtained with Ly, + ranging from 0.2 to 1.2 at a constant current
density (150 A m™).
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Figure 2.2. Effect of Na+ load ratio on the cell performance at a constant current density (150 A m-=2). a)
carbon removal efficiency, b) pH, c) specific energy consumption and CO, production rate, d) electrical
conductivity. Symbols (e A): experimental data; lines: model results.

The carbon removal efficiency as a function of the load ratio clearly shows three differ-
ent regimes (Figure 2.2a), i.e., (1) Ly + <0.4; (ii) Ly,+ = 0.4-1, and (iii) Ly,+ > 1. For Ly +
< 0.4, no carbon removal is observed. Based on the CO2 equilibria shown in egs. 2.2 — 2.4,
we calculated that CO:z can only be desorbed into the gas phase when the pH is lower than
7.3 (i.e., assuming that the acidifying solution is in equilibrium with 1 atm pure CO2 in the
gas phase of the membrane contactor). In fact, in this regime at L, ,+ < 0.4, the pH of the
acidifying solution is higher than 7.3 (Figure 2.2b). Consequently, the CO2 production rate
is zero (Figure 2.2c). The invested energy is, however, essential for achieving the suitable
pH conditions to desorb CO: at higher Ly, +. The reason is that the H produced in this first
regime is used to convert CO3> to HCOs™ and a small amount of H2COs" so that the further
accumulation of H2CO3" can lead to CO: desorption. Lastly, Figure 2.2d shows a linear de-
crease of the electrical conductivity of the acidifying solution, since Na* is transported to the
cathode and CO32/HCOs™ are neutralized by H. Meanwhile, the electrical conductivity of
catholyte is constant corresponding to the constant pH shown in Figure 2.2b because the
solution reverts to the composition of the influent of the cell (i.e., the change caused by H*
produced at the anode is neutralized by the OH produced at the cathode).

In the second regime at Ly,+ between 0.4 and 1.0, the carbon removal efficiency and
CO:z production rate increase with Ly,+ due to the lower pH in the acidifying compartment,
showing that the carbon species in the spent solution are removed as desorbed CO». Besides,
the conductivity of the acidifying solution keeps decreasing as a higher amount of Na* is
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transported to the cathode and COs>/HCO3" are neutralized by H*. Due to the decrease of
ionic conductivity of the acidifying solution, the ohmic resistance of the cell increases with
the load ratio. As a result of the tradeoff between the increasing CO:z production rate and the
increasing ohmic resistance, we experimentally reached a minimum specific energy con-
sumption of 520 kJ mol! COz at Ly,+ = 0.8 and j. = 150 A m™.

In the third regime at L+ > 1.0, the carbon removal efficiency reaches a plateau, and
the CO2 production rate starts to decrease after it reaches a maximum at Ly,+ = 1.0. By def-
inition, Ly,+ > 1.0 implies that the applied current is sufficient to transport all the Na* from
the acidifying compartment to the cathode compartment. As a result, the pH of the acidifying
solution is so low that most of the carbon species in the aqueous solution are in the form of
H>COs". Therefore, the carbon removal efficiency is mostly limited by the CO> partial pres-
sure in the gas phase of the membrane contactor which is constant at 1 atm. Moreover, the
CO: production is limited by the amount of total carbon feeding into the system and not by
the pH of the acidifying solution. The CO: production rate decreases at Ly,+ > 1.0, since less
influent and hence less total carbon is supplied than at Ly,+ < 1.0. Furthermore, the transport
number of Na* decreases at Ly ,+ > 1.0 (Figure S2.1), some H" ions in the acidifying solution
are transported through the CEM rather than contributing to the CO2 desorption, as shown
by the decreasing CO» production rate in the last regime. Lastly, the conductivity in the acid-
ifying compartment is as low as 0.43 mS cm™ (Ly,+ = 1.0) and 0.08 mS cm™! (Ly,+ = 1.2).
As a result, the ohmic resistance in the compartment significantly increases in this regime
leading to high energy consumption.

The carbon removal efficiency shown in Figure 2.2a also indicates the regeneration
efficiency of the CO: capture capacity of the absorbent. At Ly,+ = 0.8, & ermovar = 57% im-
plies 57% of the CO2 capture capacity of the absorbent is regenerated. The outlet catholyte
reaches a pH = 13.19 and a conductivity of 62.58 mS cm™!, which leads to a final composition
0f 0.22 M NaOH and 0.14 M Na>COs (calculated by OLIStudio based on measured conduc-
tivity). Given this OH/COs> molar ratio, we believe that such a solution can be directly
reused as an absorbent for DAC. In comparison, Keith et al. used an aqueous solution of 1.0
M KOH, 0.5 M K2COs as an absorbent in their DAC pilot plant that has a very close OH

/CO3* molar ratio as our regenerated absorbent.*

Furthermore, Figure 2.2 also shows a good agreement between the model simulations
and experimental data. In particular, the model predicts the same trend for carbon removal
efficiency, pH, and conductivity (Figure 2.2a, b, d), thus proving the validity of the mass
balance calculations in the system. Regarding the CO> production rate (Figure 2.2c), the
model overestimates by 12% to 20% the experimental results, likely due to some CO2 leakage
occurring in the experimental setup. The residence time of the solution in the system in-
creases at higher load ratio due to lower influent flow rate, so the risk of gas leakage also
increases. Despite the overestimation by the model, the simulation results correctly predict a
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maximum for COz production rate at L+ = 1.0, where the limiting factor for CO2 desorption
shifts from the solution pH to the amount of carbon available in the bulk solution.

Regarding the energy consumption, the model correctly predicts the experimental trend,
but it gives lower values compared to experimental data (Figure 2.2¢). Such difference can
be due to some of the simplifying assumptions, i.e., the absence of gas leakage (CO:2 and H»),
and of electrode overpotentials. In particular, the model predicts a minimum energy con-
sumption of 195 kJ mol™! COz and carbon removal efficiency of 59% at Ly,+ = 0.8. We be-
lieve that these predicted values by the model can be experimentally achieved by further
optimization of the system (i.e., minimizing the gas leakage and electrode overpotentials).

2.3.2. Effect of current density at a constant load ratio

The tests at different Na* load ratio showed the lowest energy consumption for the system is
achieved at L, ,+ = 0.8. To further study the effect of current density on the energy consump-
tion, we performed experiments with current density ranging from 25 A m? to 150 A m at
a fixed load ratio. During the tests, the influent flow rate was modified in line with the current
density to maintain a constant L+ of 0.8. Experimental and theoretical results are shown in
Figure 2.3.
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Figure 2.3. Effect of current density and flow rate at constant Na+ load ratio. a) pH, b) CO, production
rate, c) specific energy consumption and CO; production rate, d) electrical conductivity. Symbols (e A):
experimental data; lines: model results.
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As the model has been validated in previous section for prediction of carbon removal
efficiency, pH, and conductivity, we believe the simulations also predict the behavior of these
parameters at different current densities correctly. Figure 2.3a shows the carbon removal
efficiency remains constant with the change of current density due to an identical steady-
state obtained at the same value of Ly,+. This identical steady-state is also demonstrated by
the constant pH and conductivity (Figure 2.3b, d). The CO:z production rate increases linearly
with the current density due to the higher flux of H" from the anode and higher total carbon
loading, as a result of the increasing influent flow rate (Figure 2.3c).

Nevertheless, we also noticed differences between the simulation and experimental re-
sults. In particular, the difference in carbon removal efficiency, conductivity of catholyte,
and CO: production rate which can be explained by the leakage of carbon species from the
system and inside the system. The tests at lower current density have a lower influent flow
rate, which leads to longer residence time and larger gas leakage. Furthermore, the neutral
carbon species (H2COs"), instead of being desorbed as CO2(g), can be transported from the
acidifying compartment to the cathode compartment under a concentration gradient.”® Once
in the cathode compartment, the H2CO3" can react with OH- in the catholyte to produce CO3%,
thus decreasing the ionic conductivity (since CO3* has a lower ion conductivity than OH").
Therefore, the longer residence time at low current density tests increases the leakage of
carbon species.

Such leakage is also visible in the increased energy consumption in the test at j,. = 25
A m? (Figure 2.3c). With lower current density, we expected lower energy consumption due
to minor energy losses from the internal resistance and overpotential, which is in agreement
with the tests at 50-150 A m™2. However, we observed a higher energy consumption at j, =
25 A m? compared to the test at j, = 50 A m™. As shown by the similar difference between
simulation and experimental results of the COz production rate, the leakage of CO> is at a
constant rate. Thus, the leakage has a greater impact on the energy consumption at lower
current density since the fraction of COz leaked from the system is larger. The modeling
results identify the importance of minimizing the leakage and thus directly point to the need
of improving the gas-tightness of the setup in future studies.

We achieved the lowest energy consumption of 374 kJ mol"! CO; at a current density
of 50 A m2. In that case, the outlet solution from the cathode compartment reached a pH =
13.07, and final composition of 0.167 M NaOH and 0.1665M Na2COs, corresponding to a
49% carbon removal efficiency. In addition, the gas desorbed from the membrane contactor
contains more than 95% of CO: in the test at j, = 50 A m™. This high purity CO: gas is
suitable for subsequent storage or utilization.?” Without the leakage of CO2, as predicted by
the model, the specific energy consumption increases gradually with the current density (Fig-
ure 2.3c). At j, =25 A m?, a specific energy consumption of 164 kJ mol! COz is predicted,
which represents the lowest value of energy consumption for our system in the investigated
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operational range. Such an operating condition results in a 58% carbon removal efficiency
and with a final solution composition suitable for use as a DAC absorbent.

The energy consumption experimentally measured is higher than the theoretical values
(Figure 2.3d). To investigate this difference, we analyzed the potential losses in the cell at
different current densities. Figure 2.4 shows the contribution of the potential drops to the
cell voltage during the tests shown in Figure 2.3. At low current density, the cell voltage is
clearly dominated by the equilibrium potential (Vz4) (75% of Vi, at 25 A m?), while its
contribution to the cell voltage decreases at higher current density (38% of V,,;; at 150 A m’
2). The value of Veq is independent of the applied current density due to the constant pH dif-
ference between anode and cathode (at constant Na* load ratio). However, all other potential
losses increase by increasing the current density. The overpotential of the anode (174,04.) and
the cathode (Msqenoqe) Teach their highest contribution at j, = 150 A m2, 28% and 13% of
the cell voltage, respectively. The Donnan potential given by the CEM of the MEA was in-
cluded as part of the anode overpotential, thus the current density has a larger effect on 174, 4e -
Moreover, the transport losses (Virqnspore) increase with current density until reaching 20%
of the cell voltage at 150 A m™. In this context, the Vi,.gnspore refers to the remaining losses
in the system, such as the losses caused by the formation of gas bubbles both in the acidifying
compartment (CO2) and in the cathode (Hz). Finally, the ionic losses due to the ohmic re-
sistance of the solution (V;,,;.) are negligible, due to the high ionic conductivity at Ly, + =
0.8.

25 Cathode overpotential
Anode overpotential
2.0 | mTransport losses
< H [onic losses
P Equilibrium potential
g 15 | & simulated cell voltage
I
3 e B -
a
0.5
0.0

25 50 100 150
Current density (A-m)

Figure 2.4. Relative contributions of potential drops in the system at different current densities and con-
stant Na+ load ratio (Ly,+ = 0.8). Symbol (’) represents the cell voltage predicted by the model.

The model captures the equilibrium potential, the ionic losses, and the membrane po-
tential (as a part of the transport losses). This part of potential losses remains stable with the
increase of current density, while the remaining losses increase dramatically. Therefore,
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although the model predicted 80% of the total potential drop at 25 A m™, only 48% is pre-
dicted when the current density rises to 150 A m™. The difference is mainly due to the over-
potential of the electrodes and other nonideal losses, which could be contributed by reaction

kinetics, boundary layers, and bubble formation.>*°!

The deviation between the modeling
results and experimental data indicates that further refinement of the model and measure-
ments is needed to identify the contribution of each of these processes and propose improved
designs. On a cell design level, future research efforts should be focused on reducing gas
leakage. Moreover, different electrode materials could be tested to reduce the electrode over-
potential, for instance, by using different membrane-clectrode assemblies or highly electro-
active materials for hydrogen evolution. Finally, further studies should be focused on opti-
mizing the electrolyte compositions, aiming to decrease the transport losses in the system

and provide more insights on the reaction kinetics.

The proposed Ha-recycling electrochemical system shows capable of regenerating the
spent alkaline absorbent from DAC and producing a high-purity CO: gas stream. We exper-
imentally achieved a minimum energy consumption of 374 kJ mol™! COz, while the model
simulation has shown the energy consumption of the system can be as low as 164 kJ mol!
CO: by further optimization. Such low energy consumption values are in line with other
regeneration strategies proposed for DAC, thus showing that this electrochemical process
can be a competitive alternative among all DAC technologies. For instance, Keith et al.
showed energy consumption of 338 kJ mol™! CO; for their thermodynamic cycle,*® while
Sabatino et al, estimated an energy consumption of 236 kJ mol! CO> for bipolar membrane
electrodialysis.*® Besides, up to 59% of the CO> capture capacity of the absorbent could be
regenerated during the process, which made the effluent from the system suitable for DAC
systems. Furthermore, another advantage of such an electrochemical system for CO2 desorp-
tion is that it does not require any heat for the absorbent regeneration (unlike most of the
proposed DAC technologies**7). Instead, it requires only electricity as energy input, so it
can be easily coupled to renewable energy sources for a sustainable DAC process. Finally,
the desorption of CO2 and regeneration of alkaline absorbent occurring in one step represents
a clear advantage for the reduction of the overall operational costs, since it simplifies the
process operation compared to energy-intensive processes such as causticization.®
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Supporting information

List of experiments
Table S2.1 lists all the experiments been performed.

Table S2.1. List of investigated experimental conditions.

Test condition Current density (A m2) Influent flow rate (mL min-T) Lya+
150 9.3 0.2
150 4.7 0.4
150 3.1 0.6
Constant current
150 2.3 0.8
150 1.9 1.0
150 1.6 1.2
100 1.6 0.8
Constant Ly,+ 50 0.8 0.8
25 04 0.8

Potential drops calculations

The cell voltage (V) of the electrochemical system consists of equilibrium potential (V,,),
anode overpotential (14,,04¢ ), cathode overpotential (1.4¢h04e)> 1001C l0sses (V;pyic), transport

losses (Viransport):

Vcell = Veq + Nanode + Ncathode + Vionic + Vtransport (S2.1)

Veq was determined by the pH difference between anode and cathode considering a po-
tential drop of 59.2 mV per pH unit:

Veq = 0.0592 (pHqtnoae — PHanode) (52.2)

Where pH gtho4e 18 the measured pH of catholyte, and pH ;4. 1S the pH in the anode
which we assumed to be 0.27 based on [H*] = 0.54 M for fully saturated Nafion membrane.’®
The pHgno4e 1s different from the value we used in the model, where pH ;.40 = 1. These
different assumptions give a potential difference of 0.04 V, which is only 5% of the equilib-
rium potential, we believe it is negligible.

Nanode Was determined by the difference between measured anode potential
(Vanodemeasurea) and the calculated anode potential (V4. ) based on actual conditions:
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Nanode = anode,measured ~— Vanode (S2.3)
RT pH
Vanode = Vc?node T 2F In ([H;Z) (52.4)

Where V2,54 is the standard anode potential (-0.21 V vs Ag/AgCl), pH, is the hydro-
gen partial pressure at anode (0.95 atm, considering 5% CO: leaked from acidifying com-

partment), and [H*] equals to 0.54 M as stated before.

Neathode Was determined by the difference between the calculated cathode potential
(Veatnoae) based on actual conditions and measured cathode potential (V.4thode measured):

Ncathode = Veathode — Vcathode,measured (82'5)
RT —
Veathode = Vc(ilthode T 2F In (pH, [OH ]2) (52.6)

Where V2

a

thoaels the standard cathode potential (-1.028 V vs Ag/AgCl), pH, is the hy-
drogen partial pressure at cathode (1 atm), and [OH ~] is the concentration of OH" in catholyte
calculated from measured pH (M).

Vionic Was determined by the measured conductivity in the acidifying and cathode com-
partments:

. d d

Vionic = 1A (A :Tla + A_;c (S2.7)
Where d, and d, are the thickness of the acidifying and cathode compartment respec-

tively (0.05 cm), g, and g, are the conductivity in these two compartments (mS cm).

Viransport Was calculated based on eq. S2.1 and the measured cell voltage.

Transport number of Na*

The transport number of Na* in the CEM is calculated as following:

AC

va+ F QHRT
Na* =

Nat Z
Mpyq+ jc HRT A

(S2.8)

Where ACy,+ is the concentration difference of Na' in the acidifying and cathode com-
partments (g L"), zy,+ is the net charge of Na* which is 1, F is the Faraday constant (96485
C mol), Q is the influent flow rate (L s), HRT is the hydraulic retention time (s), My, + is
the molar mass of Na* (g mol™), j. is the applied current density (A m?), and 4 is the surface
of area of the CEM (0.01 m?).

The ty,+ indicates the fraction of current been carried by Na* transport over the CEM.
The maximum value of ¢+ is 1.0 which implies that all the current applied is carried by
Na'. As discussed in the main text, the CO2 production was highly corelated to Na* transport.
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Thus, in order to achieve a higher CO:2 production rate, t,,+ requires to be maintained at
high value. As shown in Figure S2.1, t,,+ constantly remains around 1.0 at Ly,+ = 0.4-1.0,
while t,+ drops to 0.8 at Ly,+ = 1.2. The only cations in the system were Na™ and H*, so
the ionic transport over CEM was in form of these two cation species. When L+ was lower
than 1.0, the concentration of Na* was much higher than the concentration of H' in the acid-
ifying compartment. Although H" has a higher transport coefficient, almost all the cations
been transported are Na' due to the large concentration difference. At Ly, + of 1.2, the pH in
the acidifying compartment was 4.04 which results in a H" concentration of 0.1 mM, while
the concentration of Na* was 0.7 mM. Therefore, also H" was transported through the CEM,
and ¢+ decreases. The calculation framework predicted the same trend of ¢+ change with
different L, +. In the experiment with Ly,+ of 0.2, we obtained a t,,+ of 1.1 which we be-
lieve that it was caused by a measurement error from the Na' concentration in acidifying

compartment.
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Figure S2.1. Na+ transport number at Ly,+ = 0 — 1.4. Symbols (A): experimental results; lines: model
results.

Additional indicators

Yield of CO: (Y¢p,) is defined as the ratio between the CO2 gas production and the total

carbon entering the system

Yoo, = 252 (S2.9)

Cto @

Where /¢, is the CO2 production rate (mol s), ¢, the total carbon concentration in

the influent (mol m™), and Q the influent flow rate (m3 s™').

Extraction efficiency (Ef foxtraction) describes the part of carbon been removed that is
desorbed to gas phase
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J
Ef fextraction = —2 (S2.10)

(cto—ct2) Q

Coulombic efficiency (Ef f.ouiompic) 18 defined as the fraction of applied charge that is
used to desorb CO2 gas

]
Ef feoutombic = -z (S52.11)

I1/F
Where [ is the applied current (A) and F is the Faraday constant (96485 C mol™!).

The results of these indicators calculated from experimental data are shown in Table
S2.2.

Table S2.2. Experimental results of yield of CO,, carbon extraction efficiency, and coulombic efficiency.

Current density Carbon extraction

L Yield of lombic effici
Na* (A m?2) ield of CO2 efficiency Coulombic efficiency
0.2 o 0 o
0.4 1% 0 1%

0.6 24% 95% 26%
150
0.8 48% 85% 39%
1.0 70% 83% 46%
1.2 73% 83% 39%
25 31% 70% 25%
50 42% 87% 35%
0.8
100 46% 86% 38%
150 48% 85% 399%
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Chapter 3

Abstract

Direct air capture (DAC) aims to remove COz directly from the atmosphere. In this study,
we have demonstrated proof of concept of a DAC process combining CO2 adsorption in a
packed bed of amine-functionalized anion exchange resins (AERs) with a pH swing regen-
eration using an electrochemical cell (EC). The resin bed was regenerated using the alkaline
solution produced in the cathodic compartment of the EC, while high purity CO2 (>95%) was
desorbed in the acidifying compartment. After regenerating the AERs, some alkaline solution
remained on the surface of the resins and provided additional CO: capture capacity during
adsorption. The highest CO; capture capacity measured was 1.76 mmol g! dry resins. More-
over, as the whole process was operated at room temperature, the resins did not show any
apparent degradation after 150 cycles of adsorption-desorption. Furthermore, when the rela-
tive humidity of the air source increased from 33% to 84%, the water loss of the process
decreased by 63% while CO: capture capacity fell 22%. Finally, although the pressure drop
of the adsorption column (5+1 kPa) and the energy consumption of the EC (537 £ 33 kJ mol
'at 20 mA cm™) are high, we have discussed the potential improvements towards a successful
upscaling.
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3.1. Introduction

The atmospheric carbon dioxide (CO2) concentration has increased by nearly 50% compared
to preindustrial levels.®® This increase is primarily ascribed to anthropogenic activities and

72,73,100,101

has caused rapid climate change in recent years. Several carbon capture and storage

(CCS) technologies have been proposed and implemented to reduce CO2 emissions from

28.29,102 Moreover, carbon dioxide removal (CDR), aiming to remove CO: al-

point sources.
ready in the atmosphere, is an indispensable complement to CCS so that the 1.5°C targets
from Paris Agreement can be achieved.'>!%-1% Among the proposed CDR technologies, di-
rect air capture (DAC) has the advantages of capturing COz from distributed sources and has
high flexibility in its deployment location.>>*' Despite the relatively high energy costs and
materials requirement of current technologies, the development and deployment of DAC

technologies are crucial for realizing the Paris Agreement climate goals.'%

DAC with amine-based sorbents has been extensively studied.!°”!'® Among these stud-
ies, amine-functionalized anion exchange resins (AERs), polymeric materials commonly
used in desalination and water treatment, have been demonstrated to be eligible candidates
with a high CO: capture capacity and low heat capacity.'''"!'* Several methods have been
proposed to regenerate the resins after adsorption. For instance, in a temperature swing pro-
cess with (primary) amine-functionalized AERs, CO> from the air is adsorbed by forming
carbamate species, and CO: is then desorbed by heating the resins during regeneration.'!!
Alternatively, in a moisture swing process with (quaternary) amine-functionalized AERs,
CO: can be adsorbed by dry resins and desorbed when the resins are wet.''* In this case, the
dry resins have hydroxide (OH") or carbonate (COs>) as counter-ions of the amine groups
that combine with COz to form bicarbonate (HCOs7). The amine groups in HCO3™ form shift
to COs?* form and release CO: gas when moisture is added during the desorption step.!!* Both
temperature swing and moisture swing have limitations. The resins are likely to degrade un-
der the high temperature of desorption during temperature swing, and the process requires
heat as the energy input, limiting the selection of sustainable energy sources.!'> Moisture
swing is limited by the low CO: capture capacity with high humidity air.!'® Therefore, alt-
hough amine-functionalized AERs are competent sorbents for DAC, there is room for a novel
regeneration strategy that is benign for the resins and has a low energy input and CO> pro-
duction at higher pressure.

In desalination and water treatment applications, AERs are commonly regenerated us-
ing alkaline solutions. For DAC with quaternary amine-functionalized AERs in OH" form,
HCOs and CO3* are formed during the adsorption step according to egs. 3.1 and 3.2.'14

R,N*OH™ + CO, = R,N*HCO; 3.1)

R,N*OH™ + R,N*HCO; = (R,N*),C02™ + H,0 (3.2)
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In principle, when an alkaline solution is in contact with the resins, the adsorbed HCO3"
and CO3* are exchanged with OH" in solution, and the resins are regenerated. After regener-
ation, the resins are in OH" form and the spent regeneration solution has a high concentration
of HCOs™ and COs*. Finally, a desorption process is required to desorb CO from the spent
regeneration solution and reproduce the alkaline solution.

Recently, we developed an electrochemical system that can regenerate spent alkaline
absorbents from DAC and desorb high-purity CO2 gas under atmospheric pressure.!!” The
electrochemical system uses a pH swing to regenerate the solution in two adjacent compart-
ments separated by a cation exchange membrane (CEM). At low pH, the CO» equilibria dis-
place towards the formation of carbonic acid (H2CO3") due to the H' production at the anode.
When the chemical potential of oversaturated HCO3" is higher than the partial pressure of
CO: in the gas phase, CO:z can be desorbed. At high pH, the alkaline solution used for regen-
erating the resins is regenerated due to the OH™ production at the cathode.

In this work, we propose a novel process for DAC by combining the adsorption step
with AERs and the regeneration step with the electrochemical system. The process operates
at room temperature and only uses electricity as energy input. Moreover, the captured CO: is
desorbed as high purity CO- gas at atmospheric pressure. The repeatability of the process and
stability of the resins were tested by using ambient air as feed. Moreover, air with different
humidity values has been investigated to show the impact of humidity on the performance of
the process. Finally, we have discussed the application of the technology in terms of energy
consumption and the perspectives regarding further developments.

3.2. Materials and methods

3.2.1. Experimental setup

The adsorption experiments were performed using a polyvinyl chloride (PVC) column (inner
diameter of 6 cm) with a packed bed of anion exchange resins (AmberLite HPR4800 OH,
Dupont, USA). The resins were first rinsed with deionized (DI) water and then immersed in
0.5 M NaOH solution for at least 3 hours to ensure that all the fixed groups were in the
hydroxide form. Finally, the resins were rinsed with DI water before being air-dried at room
temperature. Exactly 500 grams of dry resins were placed inside the adsorber that gives the
packed bed a height of 35 cm. During the experiment, as the resins were swelling while
wetted, the height of the packed bed could reach up to 55 cm.

Air was supplied into the adsorber by a vacuum pump (LABOPORT N840.1.2FT.18,
KNF, Germany). The flow rate of the pump varied between 650 and 750 mL s™! and was
quantified by a mass flow meter (MASS-VIEW MV-306, Bronkhorst, the Netherlands). A
heat exchanger/water-cooling unit was installed between the vacuum pump and the column
to ensure a constant (room) temperature for inlet air into the column. Two CO2/H:0 analyzers
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(LI-850, LI-COR, USA) were used to monitor the CO2 and H20 concentrations in the inlet
and outlet air of the column.

The regeneration of the resins was achieved via an electrochemical cell directly con-
nected with the adsorber (Figure 3.1). The regeneration solution was recirculated between
the column and the cell with two pumps (SIMDOS 10, KNF, Germany) at a flow rate of
0.052 mL s!. The design and materials of the electrochemical cell have been described in
detail in our previous work.!!” The anode is a membrane electrode assembly (MEA) (Fuel-
CellsEtc, TX) that comprises a platinum-coated (0.5 mg Pt cm™!) gas diffusion layer (GDL)
(10 cm x 10 cm) and a Nafion N117 cation exchange membrane (CEM) (15 cm X 15 c¢cm).
During operation, H> gas flows into the anode compartment, where it is oxidized to H" on
the surface of the GDL. The produced H" migrates through the CEM towards the acidifying
compartment that is separated from the cathode compartment by another CEM (Nafion N117,
FuelCellEtc, USA). The flow channels of the acidifying and cathode compartments are cre-
ated by two polymeric (nitrile) spacers (510 cm, Sefar, Switzerland). A Ru/Ir-coated tita-
nium mesh (9.8 cm x 9.8 cm, Magneto Special Anodes BV, The Netherlands) serves as the
current collector for the anode, while a platinum-coated titanium mesh (9.8 cm x 9.8 cm,
Magneto Special Anodes BV, The Netherlands) is used as cathode. The H> gas produced at
the cathode can be recirculated to the anode to compensate for the H> consumption, thus
operating the cell in an Ha-closed loop. However, in this study, we have used an external
electrolysis cell to supply the required Hz at the anode to simplify the operation of the exper-
imental setup for practical purposes. We do not expect any major change in performance of
the system when hydrogen is recycled from cathode to anode as has been demonstrated by
Kuntke et al.”! During the operation, the spent regeneration solution was pumped into the
acidifying compartment, while the effluent catholyte was recirculated back into the adsorber
as the regeneration solution. The conductivities of the spent regeneration solution, acidifying
solution, and catholyte were measured by three inline conductivity sensors (Memosens
CLS82D, Endress+Hause, the Netherlands). The pH of the acidifying solution was measured
by a pH sensor (Orbisint CPS11D, Endress+Hauser, the Netherlands). Due to the inaccuracy
of the pH sensor under a high pH, the pH values of the regeneration solution and the spent
regeneration solution were estimated by OLI studio based on the conductivity values of the
solutions. A potentiostat (IviumStat, Ivium, the Netherlands) was used to apply the current
on the cell and measure the corresponding cell voltage. The gas desorption from the acidify-
ing solution occurred in a membrane contactor (type MM 1.7 x 8.75, 3M, USA) that provided
a large surface area with hollow fiber membranes. The amount of desorbed gas was quanti-
fied by a mass flow meter (EL-FLOW Prestige FG-111B, Bronkhorst, the Netherlands),
while the composition of the gas was analyzed by micro gas chromatography (u-GC) (Varian
CP-4900, Agilent, USA). The surfaces of both pristine and regenerated resins were examined
by scanning electron microscope (SEM) (JSM-6480LV, JEOL, Japan) coupled with energy
dispersive X-Ray spectroscopy (EDX) (NORAN Systems SIX, Thermo Fisher Scientific,
USA).
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Figure 3.1. Schematic drawing of the experimental setup. Air and regeneration solution flow through the
adsorber during the adsorption and desorption steps, respectively. MEA = membrane electrode assembly,
CEM = cation exchange membrane.

Moreover, additional experiments were performed with a smaller amount of resins (8 g
dry resins) in a smaller column to test the stability of the resins during chemical regeneration
using a NaOH/Na2COs blend. The column had an inner diameter of 2.4 cm. The same vac-
uum pump and gas analyzers were used for the adsorption step. Each desorption step was
done by using a fresh mixture of NaOH and Na2CO3 with a total Na*™ concentration of 0.5 M
and a conductivity of 58.5 mS cm!, i.e., mimicking the regeneration solution produced in the
electrochemical cell in the experiments with big column (0.192 M NaOH and 0.154 M
Na>COs). We have conducted 150 adsorption-desorption cycles, and the switch between ad-
sorption and desorption step was controlled by three pivoted armature valves (one Type 0121
and two Type 0330, Biirkert, Germany) connected to a programmable logic controller (PLC)
(LOGO! 230RC, Siemens, Germany). The ion exchange capacity (IEC) was quantified by a
titration process (Supporting Information) for pristine and used resins after 68 cycles.

3.2.2. Experimental procedure

As the resins were air-dried before placed inside the column, they needed to be regenerated
to OH" form before the first adsorption experiment. Initially, 1.6 L of 0.5 M NaOH solution
was added to the column. The solution was then recirculated between the column and the
electrochemical cell. While applying a constant current of 20 mA cm™ in the cell, the cap-
tured CO:2 during the air-drying step was desorbed. The pretreatment process for the resins
was completed when no more CO: could be desorbed. Hence, the recirculation of solution
and applied current were stopped. Before the first adsorption step started, the solution in the
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column was pumped out to be stored in an external reservoir so that it could be reused in the
next desorption step. The first adsorption experiment was performed in our laboratory to
quantify the COx capture capacity of the resins. The ambient conditions for this experiment
were: CO; concentration: 394 = 11 ppm, H20 concentration: 13.8 £ 1.8 mmol mol!, T =25
+ 1 °C, relative humidity (RH) = (69 + 9)%. The following adsorption-desorption cycles were
performed at two locations with different air source conditions. The first five cycles were
performed using the ambient air from our laboratory: CO2 concentration: 427 + 7 ppm, H2O
concentration: 6.6 £ 0.9 mmol mol, T = 25 + 1 °C, Relative humidity (RH) = (33 £ 5)%.
The last five cycles were performed outdoors with air conditions as: CO2 concentration: 412
+ 12 ppm, H20 concentration: 9.6 = 1.2 mmol mol!, T = 16 + 3 °C, RH = (84 + 9)%. In the
discussion section of the effect of humidity, “dry air” and “humid air” refer to laboratory air
and outdoor air, respectively. Each adsorption step lasted for 48 hours. Before the desorption
step started, the stored regeneration solution in the external reservoir was added to the column.
Since the resins had been dried during the adsorption step due to water evaporation, addi-
tional deionized water was added to maintain a constant total volume of solution during each
desorption experiment. The amount of DI water added varied according to the different
amounts of water loss in each adsorption step. Once the stored regeneration solution and the
additional DI water were added to the column, the desorption step was started by recirculating
the solution and applying a constant current (20 mA cm™) to the electrochemical cell. The
recirculation between the column and the electrochemical cell lasted for ~ 15 hours, and after
that, the effluent from the cell was pumped into the external reservoir (instead of the column).
The desorption step was accomplished when no more solution could be pumped out of the
column.

Each cycle of the experiments with the smaller column consists of 40 min of adsorption,
40 min of desorption, and 5 s of drainage. After each desorption step, the drainage step was
applied to remove excess solution from the column. The air source for the adsorption steps
had the following conditions: average CO2 concentration: 413 + 23 ppm, H>O concentration:
13.7 £ 1.6 mmol mol!, T =25 £ 1 °C, RH = (68 * 9)%. The change of CO: concentration
and H20 concentration in each cycle is reported in Figure S3.1.

3.3. Results and discussion

3.3.1. Electrochemical regeneration of AERs

The first adsorption experiment lasted for more than 100 hours, and it could be divided into
three stages: fast adsorption, slow adsorption, and saturation (Figure 3.2). At the initial stage
of the adsorption (first ~ 6 hours), the adsorption rate was at its maximum (0.1 mmol g'' h'")
as all the COz in the influent air could be fully adsorbed by the resins. With the resins be-
coming saturated with COz, the adsorption rate decreased sharply. The adsorption rate was
only 0.012 mmol g'! h'! at ~ 20 hours, and the adsorption process remained at this low rate
until ~ 95 hours. Finally, after 95 hours, the resins were saturated with CO: as the adsorption
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rate was 0. Within these three stages, the total amount of CO:z been adsorbed was 0.88 mol.
As the total dry mass of the resins in the column was 500 g, the COz capture capacity of the
resins was 1.76 mmol g! dry resins.
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Figure 3.2. CO. concentration in the influent and effluent of the adsorber during the first adsorption ex-
periment. The adsorption step can be divided into three stages based on the adsorption rate: fast adsorp-
tion (blue), slow adsorption (yellow), and saturation (orange).

Notably, such capacity is around ten times higher than what has been reported for qua-
ternary amine-functionalized AERs.''? Such a significant difference can be mainly attributed
to different pretreatment and regeneration methods. In the work of Parvazinia et al., the AERs
were heated up to 120 °C during the pretreatment and to 105 °C during the regeneration.'!?
However, quaternary amine-functionalized AERs in hydroxide form are not stable under
such high temperatures.!'®!!° At temperatures higher than 60 °C, the occurring Hofmann
degradation of the quaternary ammonium hydroxide group leads to either the loss of strong
basic capacity or the loss of total ion exchange capacity.'?*'?! In contrast, both adsorption
and desorption steps are at room temperature in this study. Therefore, no thermal degradation
of the resins can occur, and the resins maintain a high CO: capture capacity. Furthermore,
the alkaline regeneration solution provided additional capacity for the subsequent adsorption
step. Since the resins are regenerated with an alkaline solution, a thin layer of the solution
remains on the surface of the resins after each regeneration step. As shown in Figure 3.3, the
dry regenerated resins had precipitations on the surface that were identified as mainly Na, C,
and O (see EDX results in SI, Figure S3.4 and Table S3.1). Therefore, the residual regener-
ation solution (i.e., a mixture of NaOH and Na>CO3) provided extra capacity for CO: capture.
We have estimated the amount of CO> adsorbed by the retained solution based on the
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following assumptions: i) the total solution volume retained equals to the maximum water
loss among all the adsorption experiments (i.e., 0.58 L), ii) the retained solution has a com-
position of 0.20 M NaOH and 0.15 M NaxCQOs, iii) the alkaline solution equilibrates with 400
ppm in the air forms 0.175 M NaxCOs and 0.150 M NaHCOs. Based on these assumptions,
the COz adsorbed by the retained solution counts for 17.5% of the total CO: capture capacity
of the resin bed. To experimentally prove this estimation, we have performed one adsorption
experiment with resins rinsed by de-ionized water. Without the alkaline regeneration solution
on the surface, the CO» capture capacity of the resins dropped by ~ 17% (Table S3.2), which
is in line with our estimation from the retained alkaline solution and composition.

278 Edmm

Figure 3.3. SEM images of (a) a pristine resin bead and (b) a used resin bead regenerated by the elec-
trochemical process. The elements of the precipitation on the surface of the used resin were identified by
EDX analysis as mainly Na, C, and O.

After the adsorption step, CO is present on the surface of the resins in the form of CO3*
and HCOs". These ions are exchanged by OH™ during the regeneration step with the alkaline
regeneration solution produced in the electrochemical cell. As a result of the ion exchange
process, the pH and conductivity of the solution decrease after flowing through the resin
column (Table 3.1). The spent regeneration solution from the outlet of the column, i.c., an
aqueous solution of Na2COs3 and NaHCO:s, is fed into the electrochemical cell. In the electro-
chemical cell, the solution is first acidified so that CO2 can be desorbed into the gas phase.
The desorbed gas was under atmospheric pressure and confirmed with u-GC to contain more
than 96% of CO> (detailed composition shown in Table S3.3). Then the OH™ produced in the
hydrogen evolution reaction (HER, cathode compartment) increased the pH of the CO: de-
pleted regeneration solution. The regeneration of the resins was considered completed when
the conductivities of the regeneration solution at the outlet and inlet of the adsorber were
equal. Meanwhile, the gas desorption rate decreased to 0 since a negligible concentration of
COs3* or HCO;s was present in the feed solution of the electrochemical cell (Figure S3.6).
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Table 3.1. pH and conductivity values of regeneration solution, spent regeneration solution, and acidifying
solution. All values represent the average and standard deviation of five desorption steps.

pH Conductivity (mS/cm)
Regeneratlon_solutlon 13.0 2 534 +36
(adsorber inlet)
Spent regeneration solution 10,02 312 +1.1
(adsorber outlet)
Acidifying solution 6.5+0.2 12.0+0.7

a. Not measured due to inaccuracy of pH sensors under high pH, but estimated by OLI Studio
based on the average conductivity and Na+ concentration of the solution.

The CO: capture capacity of the resins was restored after they were regenerated to OH
form. We have repeated the adsorption-desorption cycle five times using lab air. The com-
plete DAC system showed a stable performance over five lab cycles regarding the amount of
CO: adsorbed and desorbed (Figure 3.4). Instead of reaching the full CO> capture capacity
of the resins with ~ 95 hours of adsorption, these adsorption steps were limited to 48 hours,
i.e., when more than 75% of the adsorption was accomplished. The normalized amount of
CO: adsorbed in five cycles was 1.34 = 0.05 mmol g, while 1.17 = 0.08 mmol g was
desorbed. The discrepancy between the adsorption and desorption could be attributed to (i)
the wetting of the resins during regeneration and/or (ii) COz leakage in the setup during de-
sorption. The resins are wetted by the regeneration solution at the beginning of a desorption
step. According to Wang et al., CO2 could be desorbed from dry quaternary amine-function-
alized resins when the resins are wetted.!'* Therefore, part of the adsorbed CO> could escape
from the adsorber before the ion exchange occurs. Moreover, a small amount of CO2 could
leak from the electrochemical system during desorption as already observed in our previous
work.!!"” Despite the leakage of CO2, the resins could be sufficiently regenerated during the
desorption steps as a consistent amount of adsorption was observed during consecutive ad-
sorption steps.
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Figure 3.4. Experimental results from 5 repeated adsorption-desorption cycles showing the normalized
amount of CO; been adsorbed and desorbed per gram of dry resins.

3.3.2. Stability of the AERs

The application of a sorbent for carbon capture requires high performance stability over long-
term usage. Previous studies on the degradation of the resins used for carbon capture mainly
focused on the thermal stability of the resins.!'>!!> Nevertheless, the process proposed in this
work is operated under ambient/room temperature, so thermal degradation is not expected.
On the other hand, the stability of the resins could be affected by repeated dry-wet cycles.
The exposure of AERs under dry-wet cycles can change the smoothness of the resin surface
(Figure S3.5) and cause the desorption of ions due to the shrinking of the resin beads.'??
However, to the best of our knowledge, no evidence has been found that ion exchange ca-
pacity (IEC) of resins would change during dry-wet cycles. Therefore, 150 adsorption (dry)
-desorption (wet) cycles were conducted to investigate the stability of the HPR4800 AERs
for carbon capture. Figure 3.5 has depicted the change of CO2 adsorption amount over these
150 cycles and the according influent CO2 concentration.
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Figure 3.5. Proportional change of CO, adsorption amount in 150 adsorption-desorption cycles and the
influent CO, concentration in these cycles. The average CO, adsorption amount of all the 150 cycles was
considered as 100%, then the proportional CO, adsorption amount of each cycle was calculated accord-
ingly. Symbols: average value of every five consecutive cycles; error bars: standard deviations within the
five cycles.

Overall, the proportional change of CO> adsorption amount of the last five cycles was
about 100%, which indicates no measurable loss of the resin performance. However, there
was some fluctuation of the CO: adsorption amount over the 150 cycles. In the first 10 and
the last 10 cycles, the amount of CO2 been adsorbed increased. This increase was mainly
attributed to the rise in CO2 concentration in the influent (with a correlation coefficient be-
tween the amount of COz adsorbed vs. COz concentration in the influent of 0.98 and 0.84 for
the first and last ten cycles, respectively). From cycle 11 to cycle 140, the amount of CO2
been adsorbed showed a slightly decreasing trend over the cycles. Meanwhile, we have also
noticed an 11% decrease in the flow rate of the air supply pump from cycle 1 to cycle 150
(Figure S3.2). The flow rate of the influent air can affect the amount of CO> adsorption from
two perspectives. Firstly, as the adsorption time was kept constant in the experiments, a lower
influent flow rate means a lower total amount of CO» fed to the resins. Secondly, a lower
flow velocity in the column resulted in a higher adsorption efficiency due to less limitation
from diffusion and reaction kinetics.'?* Thus, the reduction of the adsorption amount was not
caused by the degradation of resins but mainly due to the slightly lower flow rate of the air
supply pump over 150 cycles. We corrected the proportional change of CO2 adsorption as-
suming a constant flow rate and constant CO2 concentration in the influent, and the results
are plotted in Figure S3.3. Finally, the CO: adsorption is attributed to the quaternary amine
groups on the resins that could be quantified by IEC. The IEC of the pristine resins was 1.85
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+0.01 meq g, while the IEC remained constant to be 1.86 + 0.06 meq g after 68 cycles.
Therefore, regardless of the impact of influent CO2 concentration and air flow rate, the resins
showed stable adsorption performance.

3.3.3. Effect of air humidity

After the regeneration step, the resins are swelled (water retention capacity: 58% - 74%) and
surrounded by alkaline solutions. As stated before, one of the advantages of regenerating the
resins with an alkaline solution is that the remaining NaOH and Na>xCOs on the surface of the
resins provide extra capacity for COz capture. However, the water on the surface of the resins
and inside the resins evaporates during adsorption when air flows through the resins. The
total amount of water evaporated during the adsorption step is counted as water loss of the
process and needs to be compensated by adding the corresponding amount of deionized water
before the regeneration step. Since water evaporation is influenced by the humidity of the air,
we have performed adsorption tests with influent air under different humidity conditions,
calculating the water loss during adsorption based on the concentration difference of H>O in
the inlet/outlet air of the adsorber. The comparison between the performance of the system
with dry air and humid air is shown in Table 3.2.

Table 3.2. Comparison of the amount of CO, adsorption and specific water loss between adsorption

experiments using dry air (RH=33%) and humid air (RH=84%). All values represent the average and
standard deviation of five adsorption-desorption cycles using different sources of air.

Dry air Humid air
CO:2 adsorption (mmol CO2/g dry resins) 1.34 £0.05 1.04 +0.04
Water loss (g H20/g COz) 18.01 +1.59 6.65 +2.96

A higher relative humidity caused a significant reduction of water loss by evaporation
in the experiments. However, using air sources with higher humidity also leads to lower CO2
capture capacity. According to Wang et al., the adsorption of COz on quaternary amine-func-
tionalized resins involves the equilibrium between bicarbonate state and carbonate state (Eq
3).!'4 When the resins are wet, they are mainly in the carbonate state, thus two active sites of
the quaternary amine group can capture one CO2 molecule in the form of carbonate. When
the resins dry, the CO2-H20 equilibrium shifts to the bicarbonate state where the ratio be-
tween quaternary amine and CO2 becomes 1:1, implying a higher CO: capture capacity. As
a result, there is a trade-off between the CO» capture capacity of resins and water loss in the
process.

(R,N*),C02™ + H,0 + C0,(g) = 2(R,N*HCO3) (3.3)

The maximum water retention capacity of the resins is 74%. If all retained water is
evaporated during the adsorption experiment and given a CO> adsorption amount of 1.34
mmol/g (average from dry air experiments), the maximum specific water loss was 12.50 g
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H>0/g CO>. The water loss during the experiments with dry air was higher than this maxi-
mum value, which indicated the operation of the experiments could be optimized to reduce
the water loss. Moreover, one of the state of the art technologies using liquid alkaline absor-
bent for DAC consumes 4.32 g H>O/g COz captured at ambient conditions of 20 °C and 64%
relative humidity.*> Therefore, the experiments with humid air in this study already showed
an average water loss in the same range as state of the art. Finally, other technologies (e.g.,
condensation) could be combined with the current adsorption step to retrieve the evaporated
water.

3.3.4. Outlook and perspectives

The feasibility of a DAC system requires a low energy consumption, long lifetime of the
sorbents, and low negative environmental impacts.!>* The energy consumption of the pro-
posed technology mainly comes from the mechanical energy to overcome the pressure drop
in the adsorber during adsorption and the electrical energy consumed by the electrochemical
cell during desorption.

The mechanical energy required to supply the air through the adsorber is proportional
to the pressure drop of the column. The pressure drop (Ap, Pa) can be estimated by Ergun
equation'?’:

Ap _ 1507 (1-¢)? 1.75pG (1-8) o
- = 2 12 G 3 Vg
L 4 dp e dp

3.4)

Where L is the height of the packed bed (m), 7 is the dynamic viscosity of the fluid (Pa
s), € is the void fraction of the packing, d,, is the resin diameter (m), v; is the channel veloc-
ity of the air inside the column (m s!), and p;; is the fluid density of air (kg m). The pressure
drop over the adsorber in this work was around 50001000 Pa at v; = 20 cm ™! (where the
variation was due to changing water content of the resins during adsorption). However, while
the design of the adsorber has been out of the scope of the present work, the bed height was
not optimized (varying between 35 cm and 55 cm depending on the water content). As shown
in eq. 3.4, the pressure drop increases linearly with the height of the packed bed. Thus, a
shorter packed bed could be applied in future applications of the technology to achieve lower
pressure drops. For instance, Yu and Brilman studied a packed bed of ion exchange resins
with a height of 10* cm.'?* In their work, the mechanical energy for air supply could be as
low as 26.4 kJ mol! CO> captured with a pressure drop of 118.4 Pa. Yu and Brilman have
also proposed a radial flow contactor that showed a low energy consumption and a short
adsorption time.'?® Moreover, further studies should investigate the pressure drop in the ad-
sorber filled with wet resins. The void fraction of the packing ¢ is expected to decrease as the
void would be partly filled with regeneration solution, which would increase the pressure
drop. On the other hand, the resin diameter d,, increases when the resins are swelled with

liquid, which would lead to a decrease in pressure drop. Therefore, the pressure drop profile
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during one complete adsorption experiment needs to be studied in an optimally designed
adsorber.

The average electrical energy consumption of the five desorption experiments in the
laboratory was 537 + 33 kJ mol™' under 20 mA cm. The electrochemical cell used in this
study is not optimized as the electrode overpotentials of the cell count for approximately half
of the energy consumption. We have achieved 374 kJ mol! under 5 mA cm? in our previous
work, and the theoretical minimum energy consumption of the desorption step was 164 kJ
mol.!'7 Higher current density resulted in higher electrode overpotentials. Therefore, future
research should focus on developing strategies to reduce electrode overpotentials under high
current density. Moreover, the adsorption step with AERs could potentially be combined
with other electrochemical processes that can create a pH swing. For instance, Eisaman et al.
proposed a bipolar membrane electrodialysis (BPMED) process for carbon capture, where a
pH swing was built in two adjacent compartments alongside a bipolar membrane.** While
combining with CO: capture using AERs, the low pH compartment could desorb high purity
CO: gas, and the high pH compartment could reproduce the regeneration solution for the
resins.

Finally, despite that the energy consumption of the system still needs to be optimized,
the combined DAC process with AERs and the electrochemical regeneration has shown the
potential to be further developed. The resins have a high CO: capture capacity of 1.76 mmol
g’! dry resins, and they are stable in 150 adsorption-desorption cycles. The sorbents need to
last for tens of thousands of cycles to make the DAC process economically feasible,'?” so
more studies should be conducted on the stability of the resins. However, due to the room-
temperature operation of our combined DAC process, we believe the resins could outlast
other thermal-regenerated sorbents. Furthermore, other solid sorbents can be investigated for
the feasibility of electrochemical regeneration. Sorbents with high COz capture capacity, high
chemical stability, and low carbon footprint are necessary for practical application of the
combination with electrochemical system.!?® Lastly, a techno-economic analysis would help
find the optimal location for implementing such a process, as the local weather conditions
(e.g., relative humidity) have a considerable impact on the capacity of the resins and the water
loss of the process.
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Supporting Information

lon exchange capacity measurement methods

The ion exchange capacity (IEC) of the resins was quantified by a titration process. The resins
(fresh or used) were rinsed with de-ionized (DI) water and then air-dried. Approximately 2
grams of the dry resins were taken for each titration. The resins were first immersed in 200
mL 1 mol/L NaOH for more than 12 hours (with stirring) so that all the resins should be in
OH form. Afterwards, the resins were rinsed with DI water. Excess DI water was removed
by filtration. The solid resin particles were transported to 50 mL 0.1 mol/L NaCl solution and
immersed in the solution for more than 12 hours with stirring. The concentrations of Na* and
CI were measured by ion chromatography (761 Compact IC, Metrohm, Switzerland). The
IEC of the resins is calculated by:

cl=lo-[ct™1y/([Na*], /[Na*] )xv
M

1Ec =4

(S3.1)

where [Cl™], and [Na*], are the concentrations of Cl" and Na* in the fresh prepared
0.1 mol/L NaCl solution (in mol L), [CI"], and [Na*], are the concentrations of Cl" and
Na" in the NaCl solution where the resins were immersed for more than 12 hours (in mol L-
1, V is the volume of the NaCl solution (in L), and M is the weight of dry resins used for the
titration (in g).

Influent conditions for the 150 adsorption-desorption cycles

150 adsorption-desorption cycles were performed in a small column. During the adsorption
steps, the CO2 concentration and H20 concentration in the air influent varies over time. The
change of average influent CO: concentration and H2O concentration in each cycle is plotted
in Figure S3.1.
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Figure S3.1. Average influent CO, concentration and H,O concentration in the 150 adsorption-desorption

cycles.

The flow rate of air influent in the 150 adsorption steps is depicted in Figure S3.2. Not
all the cycles were measured due to practical limitations (e.g., overnight running of experi-
ments). The flow rates of the cycles not measured were assumed to be the same as the last
measured cycle before, for instance, the flow rate of cycle 2 to cycle 18 was assumed the
same as the flow rate of cycle 1. Overall, the flow rate of the air influent decreased 11% from

cycle 1 to 150.
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Figure S3.2. The flow rate of air influent during the 150 adsorption-desorption cycles

We have also corrected the proportional change of CO2 adsorption amount based on a
constant influent CO2 concentration and a constant influent flow rate (Figure S3.3).
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Figure S3.3. Proportional change of CO, adsorption amount in 150 adsorption-desorption cycles cor-
rected by influent CO, concentration and flow rate.
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Scanning electron microscope (SEM) and energy dispersive X-
Ray spectroscopy (EDX) analysis of resin surface

The scanning electron microscope (SEM) and energy dispersive X-Ray spectroscopy (EDX)
images of the surface of a used resin bead are shown in Figure S3.4. The weight percentage
of all the elements detected are listed in Table S3.1. The precipitation on the surface of the
resin was identified to contain mainly Na, C, and O.

ol el |

Figure S3.4. (a) Scanning electron microscope (SEM) and (b) energy dispersive X-Ray spectroscopy
(EDX) images of the surface of a used resin bead.

Table S3.1. Weight percentage of the elements detected by energy dispersive X-Ray spectroscopy (EDX)
analysis on the surface of a used resin bead.

Element Wit%
C 79.84

0] 16.77

Na 3.36

Al 0.01

Si 0.02
Total: 100.00

After rinsing the used resin with de-ionized water, the surface of the resin revealed to
be rougher than the surface of a fresh resin (Figure S3.5).
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Figure S3.5. SEM image of (a) a fresh resin and (b) a used resin (rinsed by de-ionized water).

Adsorption with DI-water rinsed resins

After each regeneration step, a layer of the alkaline regeneration solution remains on the
surface of the resins. We have performed one adsorption experiment with DI water-rinsed
resins so that the influence of the remaining regeneration solution on the adsorption perfor-
mance could be identified. Table S3.2 showed the comparison of the CO> adsorption amount
of the rinsed column with one of the non-rinsed column experiments. The effect of air hu-
midity is excluded in this comparison as both experiments have a similar water loss. There-
fore, the CO2 adsorption amount decreased by 17% without the remaining regeneration so-
lution.

Table S$3.2. Comparison of CO, adsorption amount and water loss of non-rinsed and DI water-rinsed
resin column.

Non-rinsed column DI water-rinsed column
Adsorption amount (mmol/g) 1.08 0.90
Water loss (L) 0.27 0.27

Composition of the gas desorbed from the electrochemical cell

The gas composition of the gas desorbed from the electrochemical cell is listed in Table S3.3.
In all the experiments, the gas desorbed contains more than 96% of COz. The Hz gas is likely
permeated from the anode through the MEA to be present in acidifying solution and desorbed
into gas phase, while the presence of Oz and Na is most likely caused by the introduction of
air during sampling.
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Table S3.3. Gas composition of the desorbed gas from the electrochemical cell during 10 desorption
experiments.

CO:2 Ho O2 N2
Experiment 1 97.80% 0.83% 0 1.37%
Experiment 2 96.21% 1.02% 0.64% 2.13%
Experiment 3 96.54% 0.78% 0.62% 2.06%
Experiment 4 96.95% 0.83% 0.59% 1.63%
Experiment 5 96.94% 0.81% 0.59% 1.66%
Experiment 6 96.44% 1.11% 0.65% 1.80%
Experiment 7 96.36% 1.07% 0.68% 1.89%
Experiment 8 96.77% 0.95% 0.61% 1.67%
Experiment 9 96.23% 1.17% 0.69% 1.91%
Experiment 10 97.82% 0.97% 0 1.21%

Change of measured parameters in a desorption step

During the desorption step, the pH of the acidifying solution decreased so that CO2 could be
desorbed into the gas phase (Figure $3.6a). Due to the ion exchange between OH™ and COs*
/HCOs", the conductivity of the outlet solution of the adsorber is lower than the conductivity
of the inlet solution (Figure S3.6b). The desorption step finishes when the conductivities of
the outlet and inlet solution of the adsorber are equal.
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Figure S3.6. (a) The pH of acidifying solution and gas desorption rate change over time in a desorption
step; (b) change of conductivity of the inlet and outlet solution of the adsorber over time during a desorp-
tion step.
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Abstract

An electrochemical process based on pH-swing has been proposed recently to regenerate
spent alkaline absorbent from direct air capture (DAC). In this work, we experimentally in-
vestigated and theoretically simulated two optimization strategies to further reduce the en-
ergy consumption of such novel electrochemical process. First, partial vacuum was applied
to the gas phase during CO:2 desorption to increase the gas production rate. The energy con-
sumption of the electrochemical cell decreased by 12 to 15% when the CO: partial pressure
in the gas phase was reduced from 0.9 to 0.3 atm. Second, phosphate and sulphate were tested
as background electrolyte to the alkaline absorbent, reducing the energy consumption by
minimizing the ohmic losses in the electrochemical cell. The optimal concentration for phos-
phate was 0.1 M, while the CO: production rate was limited by either the total carbon feeding
rate or the high acidifying solution pH at higher concentrations of phosphate. Moreover, due
to the low pKa and high molar conductivity of sulphate compared to phosphate, sulphate
addition showed an even lower energy consumption than phosphate addition. Finally, the
lowest experimental energy consumption was 247 kJ mol! CO> achieved with CO partial
pressure of 0.3 atm and 0.1 M of sulphate addition at current density of 150 A m? while our
mathematical model predicted a theoretical minimum energy consumption of 138 kJ mol™!
under the same condition. Overall, the investigated optimization strategies advanced the de-
velopment of an energy-efficient electricity-driven process for direct air capture.
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Optimization with decreased CO, desorption pressure and addition of background electrolyte

4.1. Introduction

Climate change caused by anthropogenic emissions of greenhouse gases is one of the biggest
threats of the century '?°. The atmospheric carbon dioxide (CO2) concentration has increased
by 50% comparing to pre-industrial level '*°. The heat-trapping nature of CO2 has warmed
the atmosphere, ocean, and land, which leads to vital signs of global warming, e.g., shrinking
ice sheets, rising sea level, and more extreme natural events '*'!33, In response to the esca-
lating impacts of climate change, carbon dioxide removal (CDR), aiming explicitly to reduce
CO: levels from the atmosphere, has emerged as a crucial process that helps achieve carbon
neutrality and provides opportunities for negative CO> emissions 313, Direct air capture
(DAC), a promising strategy of CDR, aims to produce high-purity COz stream from ambient

137-139 " Although the low CO: concentration in the air

air via an adsorption/desorption cycle
makes DAC thermodynamically unfavourable comparing to other carbon capture processes
from more CO»-concentrated gas streams, DAC has the advantage of high flexibility in op-
eration location, and the deployment of DAC technologies is critical for urgently mitigating

the rapid climate change 40141,

DAC with liquid alkaline absorbent and regeneration using a thermal swing has been
demonstrated by Keith et al. 142, Alternative electrochemical regeneration processes have
been proposed to replace the consumption of thermal energy by electricity 43146, Several
groups have studied using bipolar membrane electrodialysis (BPMED) to create a pH swing
so that CO: is evolved from the spent absorbent under a low pH while the alkaline absorbent
is regenerated under a high pH Y15, We recently showed the simultaneous COz desorption
and regeneration of spent DAC alkaline absorbent utilizing a Ha-recycling electrochemical
system '*1152_In this electrochemical system, H> is oxidized to protons (H") at the anode. The
produced protons reduce the pH of the spent alkaline absorbent so that the carbonate (COs3*)
and bicarbonate (HCO3") ions in solution are converted into carbonic acid (H2CO3", including
dissolved CO2). When the solution is saturated with carbonic acid, CO2 gas evolves and is
separated from the liquid solution. The COz-depleted solution is reduced at cathode where
the alkaline absorbent is regenerated due to the production of hydroxide ion (OH"). The re-
duction reaction at cathode also produces H> that can compensate for the H> consumption at
anode.

Using such electrochemical DAC design, we have previously reached an energy con-
sumption of 374 kJ mol! CO; under 50 A m?, while model predictions suggested a theoret-

151

ical minimum as low as 164 kJ mol! CO: under same conditions '>!. The low energy con-

sumption made this process competitive compared to the state of the art, such as the calciner

) 142 and the bipolar mem-

thermal cycle process assessed by Keith et al. (338 kJ mol! CO:
brane electrodialysis process evaluated by Sabatino et al. (236 kJ mol' CO») !33. However,
the gap between the experimental and simulated energy consumption implies an optimization
potential. Therefore, in this work, we aim to investigate two operational strategies to reduce

the energy consumption of the proposed DAC process.
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The energy consumption of the process is inversely proportional to the CO2 production
rate and proportional to the electric power of the electrochemical cell. The CO2 production
rate is determined by the driving force for CO2 desorption that originates from the difference
between the dissolved CO2 concentration and the COz partial pressure in the gas phase, and
lower COz partial pressure in the gas phase facilitates the desorption of COz from liquid phase
to gas phase '**!3, Therefore, in this work, we attempted to increase the CO2 production rate
of the electrochemical cell by applying partial vacuum to the gas phase during the desorption
step. Moreover, we also showed the impact of reduced CO: partial pressure in the gas phase
on the performance of the electrochemical cell under different operational conditions.

Under galvanostatic (i.e., constant current) conditions, the power of the electrochemical
cell is dominated by the potential drop over the cell. The potential drop largely depends on
the ohmic resistance of the solutions and the electrode overpotentials. In this regard, we
added background electrolytes in different concentrations and forms to the absorbent to in-
crease the ionic conductivity and studied the effect on the performance of the system. Saba-
tino et al. simulated the addition of inert salt in a bipolar membrane electrodialysis DAC
process and showed the benefit of reducing the energy consumption '*°. Furthermore, Jere-
miasse et al. demonstrated that the concentration overpotential for hydrogen evolution was

reduced in the presence of buffer !>’

. Thus, we compared one background electrolyte with
buffer capacity (phosphate) and one without buffer capacity (sulphate) to explore the differ-

ence in system performance under different operational conditions.
4.2. Materials and methods

4.2.1. Experimental setup

The electrochemical cell consisted of three compartments, i.e., anode compartment, acidify-
ing compartment, and cathode compartment, enclosed by two poly(methyl methacrylate)
(PMMA) endplates (21 cm X 21 cm x 2.5 cm) (Figure 4.1). Two Ru/Ir-coated titanium mesh
electrodes (9.8 cm X 9.8 cm) were used, one as the cathode and the other as the current
collector for the anode. The anode was a membrane electrode assembly (MEA) (FuelCellsEtc,
USA) comprising a gas diffusion layer (GDL) (10 cm X 10 cm), coated by a Platinum-Vulcan
(carbon) catalyst (0.5 mg Pt cm), incorporated with a Nafion N117 cation exchange mem-
brane (CEM) (15 cm X 15 cm). The GDL side and the CEM side of the MEA were facing
the anode compartment and acidifying compartment, respectively. The acidifying and cath-
ode compartments were separated by an additional CEM (15 cm X 15 cm, Fumasep FKB-
PK-75, FUMATECH, Germany), and two polymeric nitrile spacers (500 um thick, Sefar,
Switzerland) were used to create the flow channel for these two compartments.
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Figure 4.1. Schematic representation of the process with electrochemical regeneration of alkaline DAC
absorbent. Influent: spent alkaline absorbent from the absorber. Effluent: regenerated absorbent to send
to the absorber. MEA = membrane electrode assembly, CEM = cation exchange membrane.

Two circulation loops were used for the acidifying and cathode compartments, respec-
tively. In each circulation loop, the outlet from the cell was directed into a hollow fibre mem-
brane contactor (Liqui-Cel™ EXF-2.5%8, 3M, USA), where the produced CO: (or H2) gas
could be separated, and the liquid stream from the membrane contactor flowed back into the
cell. The influent of the system, which was the spent alkaline absorbent, was mixed with the
acidifying solution before entering the acidifying compartment. While the overflow of acid-
ifying solution flowed into the mixing vessel in the catholyte circulation loop, the overflow
of surplus catholyte left the circulation as effluent. Three peristaltic pumps (Masterflex L/S,
Metrohm Applikon BV, the Netherlands) were installed in the system, one for the influent
and two for the two circulation loops (800 mL min™!). Two additional peristaltic pumps (Mas-
terflex L/S, Metrohm Applikon BV, the Netherlands) were connected to the gas outlets of
the membrane contactors to maintain the desired air pressure, which was measured by two
manometers (Cerabar PMP21, Endress+Hauser, Germany; MAN-SD1S, Kobold Messering
GmbH, Germany). The gas side of the membrane contactor in the catholyte circulation loop
was kept at a gas pressure of 0.70 atm to enhance the removal efficiency of Hz, and avoid gas
entrained in the cell through the circulation loop. In the CO> gas stream, the water vapor of
the separated gas was removed via a Nafion tubing (TUB-0003, CO2Meter.com, USA). The
gas production rate was recorded by a mass flow meter (EL-FLOW Prestige FG-111B,
Bronkhorst, the Netherlands). Gas samples were taken from the setup during experiments,
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and their compositions were analyzed by gas chromatography (WGC, Varian CP-4900, Ag-
ilent, USA). Although the H> produced at the cathode could be in principle directly recircu-
lated to the anode, a tailor-made electrolyzer was used to feed Hz to the anode for simplicity.

A galvanostatic/potentiostat (IviumStat, Ivium, the Netherlands) was connected to the
cell to apply a constant current. Two saturated calomel reference electrodes (+0.244 V vs
SHE, QM712X, ProSense BV, the Netherlands) were placed at the inlets of the acidifying
and cathode compartments to measure the anode and cathode potentials. A multimeter
(8846A, Fluke, the Netherlands) was connected between the two reference electrodes to
measure the potential difference across the acidifying and cathode compartments. The con-
ductivities of the acidifying and catholyte solutions were measured by two conductivity sen-
sors (Memosens CLS82D, Endress+Hauser BV, the Netherlands) placed in the two circula-
tion loops, while the pH of the acidifying solution was measured by a pH sensor (Orbisint
CPS11D, EndresstHauser BV, the Netherlands). The concentrations of ions in the influent,
the acidifying solution, and the catholyte solution were measured by ion chromatography
(761 Compact IC, Metrohm, Switzerland).

4.2.2. Experimental procedure

The experiments were operated in a continuous mode with the influent solution constantly
feeding into the acidifying circulation loop until the complete system reached steady-state.
The influent solutions for the electrochemical system resembled spent potassium hydroxide
absorbents. The composition is determined by the equilibrium between 400 ppm of CO> un-
der atmospheric pressure and the alkaline absorbent based on Henry’s law and the equilibria
of species in the liquid phase. The equilibria change with different K concentrations, differ-
ent background electrolyte addition, and different concentrations of the background electro-
lyte. The detailed compositions of all the influent solutions are listed in Table S4.1.

To evaluate the performance of the system under different fluid dynamic and current
conditions, we defined the “K* load ratio” (Lx+) as a control parameter to describe the ratio
between the applied current density and the K™ loading rate:

___JcA
L+ = e QF 4.1)
where j, is the current density (A m?), A is the active membrane area (m?), cx+ , is the

K" concentration in the influent (mol m™), Q is the influent flow rate (m? s'), and F is the
Faraday constant (96485 C mol™).

Firstly, the effect of pressure at the gas side of the membrane contactor (p¢o, ) on the
performance of the system was investigated. Three different conditions were selected to per-
form experiments with p¢, 4 ranging from 0.3 to 0.9 atm (Table 4.1). Secondly, experi-

ments with different amount of phosphate buffer solution addition (no buffer, 0.1 M buffer,
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and 0.2 M buffer) were performed under the optimum pc,, , identified previously. The cur-
rent density was kept constant at 150 A m™, while the influent K concentration was 1.0 M.
Different L+ from 0.7 to 1.1 were tested by adjusting the influent flow rate. Moreover, we
have performed experiments with fixed total carbon concentration in the influent and fixed
influent flow rate, to keep constant the total carbon feeding rate into the cell. In this case, the
influent K* concentration along with the Lg+ were different with different amount of buffer
addition. Lastly, experiments with 0.1 M sulphate addition were performed to compare with
experiments with 0.1 M phosphate buffer addition under different L+.

Table 4.1. Different operational conditions for experiments investigating effects of pressure at the gas
side of the membrane contactor (p¢o,,g)-

Current density (A m=2) L+ Phosphate buffer
Condition 1 150 0.8 0.1 M
Condition 2 150 0.9 0.1 M
Condition 3 200 0.8 0.1 M

4.2.3. Equilibrium model

An equilibrium model was developed to simulate the performance of the electrochemical cell.
The simulation describes the mass transport and steady-state conditions of the acidifying and
cathode compartments with some general assumptions including: i) well-mixed compart-
ments; ii) ideal membrane behavior; and iii) no neutral species (H2CO3; and H3PO4) transport
through the membrane.

Solution equilibrium

The solutions contain cations (K* and H"), anions (OH", HCO5", CO3%, H2PO4, HPO4%, PO4*,
and SO4*), and neutral species (H2CO3 and H3POs), and they are assumed to be always in
acid-base equilibrium. They equilibrium constants are defined as follows:

CH,CO
= 20 4.2)
Pcoz(g)
_ Cu+CHCO3™
Koy = o0 (43)
H2CO3
CH+ CC032_
Kep = ——2— (4.4)
HCO3
C,+C -
Ky = _HT "HaPO4 (4.5)
CH3PO,
CH+ c 2—
Ky, = —20 (4.6)
CHyPO4~
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CH+C 0 3—
Kp3 = ﬁ (47)
HPOg4
K, = cy+ Con- (4.8)

where Kj; is the Henry’ law constant of CO2 (mol m™ atm™), K., and K, are the first
and second dissociation constants of H2CO3 (mol m™), respectively, K1, Kpz, and K3 are
the first, second, and third dissociation constants of H3PO4 (mol m™), respectively, K,,, is the
water dissociation constant (mol* m™), p¢o, (g) 18 the partial pressure of CO2 gas, and ¢y, co,»
CHCO3™> Cco52> CH3PO4> CHoPOL™ > CHP0,2=> Cpo,3=> CHY» and cyy- are the concentrations of

corresponding ions (M), respectively.
The electroneutrality of all charged species holds in all solutions:

Cx+ + Cy+ = Cop= + Ccoy~ + 2 Cop,2- + Chypo,~ + 2 Cypo,2= + 3 Cpg,3- + 2 C50,2-
4.9)

where g, 2- is the concentration of SO4* (mol m™).

The influent of the acidifying compartment is a solution in equilibrium with 1 atm 400
ppm CO:z that consists of 1.0 M K. The acidifying solution is in equilibrium with a defined
gas pressure in the membrane contactor (assuming pure CO»).

Either phosphate or sulphate is added to the influent when simulating the corresponding
experiments.

Mass transport

The applied current density determines the total flux of cations (K and H") transported
through the CEM:

Jeot = Ji+ + I =% (4.10)

where J,,, is the total molar flux of cations through the CEM (mol m? s™!) and J;+ and
]+ are the molar fluxes of K™ and H' (mol m™ s™!), respectively.

The ion fluxes can be expressed by Nernst-Planck equation:

dc d

Jier = =Dy (S + cn 1 22 @.11)
dc d

Ju+ = =D+ (G4 v 2D (4.12)

where D+ and D+ are the diffusion coefficients of K* and H (m? s™'), respectively,
cy+ and ¢+ are the concentrations of K* and H™ at different positions inside the membrane
(mol m™), respectively, cx+ ,,, and cy+ ,,, are the average concentrations of K™ and H' in the
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membrane (mol m?), respectively, x is the position inside the membrane (m), and ¢ is the
dimensionless electric potential, to be multiplied by RT /F (R: ideal gas constant = 8.314 J
K mol!, T: temperature in K) to obtain the dimensional voltage.

The concentration gradient of cations over the CEM is assumed to be linear, and the
boundary conditions of the membrane are not considered so that the ion concentration on the
surface of the membrane equals the concentration in the bulk solution.

Mass balances

The mass balances of K™ and total carbon in acidifying and cathode compartments were
considered under steady-state conditions. In the acidifying compartment, the K transported
away equals the concentration difference between the influent (cx+ 5, mol m?) and the acid-

ifying solution (c+,, mol m™):

Jer =2 (cxro — cir1) (4.13)

CO: is desorbed from the acidifying solution as the pH decreases. Therefore, the total
carbon concentration difference between the influent (c o, mol m™) and the acidifying solu-
tion (c¢ 1, mol m™) corresponds to the specific CO2 production rate (J¢,, mol m?s™):

Jeo, =2 (cco = €c) (4.14)

The transported K* and the remaining part in the acidifying solution blend in the cathode
compartment, so the catholyte has the same K™ concentration as the influent. Since no carbon
species leaves the solution after the membrane contactor, the total carbon concentration in
the catholyte remains as in the acidifying solution.

Energy consumption

This model assumes an ideal electrical behavior in the cell which neglects the electrode
overpotentials and the boundary layer effects of the electrodes and membrane. Therefore, the

cell voltage (E,.;, V) is calculated as the sum of equilibrium potential (E,,, V), membrane

eq>
potential (E,,, V), and ohmic losses (E,pmic> V)-

Ecen = Eeq + E + Eopmic (4.15)

E.q is the potential invested in creating the pH difference between the anode (pHgypoqe)

and cathode (PH_4¢n04e) considering each pH unit requires 59.2 mV of potential drop:
Eeq = 0.0592 (pHcqtnoae — PHanode) (4.16)

E,, is the potential drop over the CEM resulted from K concentration gradient:
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RT CK+‘2

E,=%l1n 4.17)

Ck+a
where ¢+ , is the K™ concentration in the catholyte (mol m™).

E,hmic includes the potential drops in the acidifying and cathode compartments due to
ionic resistance:

. a4 da
Eonmic = Je (U_Z + U_Z) (4.18)

where d, and d, are the thicknesses of the acidifying and cathode compartments (m),
respectively, and o, and o, are the conductivities of the acidifying solution and catholyte (S
m™), respectively.

Finally, the energy consumption (EC) is then calculated by:

EC = Eeelle (4.19)

Jco,
4.3. Results and discussion

4.3.1. Effects of decreased CO2 desorption pressure

In the experiments with reduced COz partial pressure at the gas side (p¢o, 4) of the membrane
contactor, the energy consumption of the electrochemical system decreased with decreasing
Pco, (Figure 4.2). We have observed this decrease in energy consumption under applied

partial vacuum with different applied current densities and different load ratios of K (Ly+).
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Figure 4.2. Energy consumption at different CO; partial pressure at the gas side of the membrane con-
tactor (pco,,q)- Condition 1: j. =150 A m2, L+ = 0.8, 0.1 M phosphate buffer; condition 2: j. = 150 A m=2,
Lg+ =0.9, 0.1 M phosphate buffer; condition 3: j. = 200 A m2, Lx+ = 0.8, 0.1M phosphate buffer.

The decrease in energy consumption originated from two aspects: increased CO> pro-
duction rate and decreased cell voltage. The driving force for CO2 desorption was the differ-
ence in COz partial pressure between the liquid and gas side of the membrane contactor '8,
so reducing pco, 4 increased the CO2 production rate (Figure 4.3a). With p¢, , decreased
from 0.9 atm to 0.3 atm, the benefits from increasing CO» production rate accounted for 84%
of the total energy reduction at the experimental conditions with L+ = 0.8 (condition 1 & 3),
while this benefit accounted only for 54% at condition 2 with Lg+ = 0.9. In condition 2, the
pH of the acidifying solution was around 1-unit lower comparing to the acidifying solution
in condition 1. The lower acidifying solution pH resulted in a higher concentration of H.CO3
and a higher COz partial pressure in the liquid phase. Hence, the driving force for CO2 de-
sorption was higher under condition 2 comparing to condition 1, which led to a higher CO»
production rate at pco, 4 = 0.9 atm. When pc,, 4 decreased to 0.3 atm, the applied partial
vacuum dominated the desorption of CO: so that the difference in CO2 production rate was
minimized. The model results showed the same trend of CO: production rate change in all
the conditions with different p¢y, 4, although the overall values of the simulation were higher

than the experimental results, likely due to some CO: leakage during experiments.
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Figure 4.3. Change of (a) CO. production rate and (b) cell voltage under different p.,, values. Condition
1:j. =150 A m?2, Lg+ = 0.8, 0.1 M phosphate buffer; condition 2: j. = 150 A m2, Lg+ = 0.9, 0.1 M phos-
phate buffer; condition 3: j. = 200 A m2, Lx+ = 0.8, 0.1M phosphate buffer. Symbols (o): experimental
data; lines: model predictions.

The applied partial vacuum reduced the cell voltage especially when pc,, , decreased
from 0.9 to 0.7 atm (Figure 4.3b). One assumption for the reduced cell voltage was that the
elimination of CO2 gas bubbles in the cell decreased the electrical resistance. Generally, the
CO: gas formed inside the cell could be carried out instantly by the liquid flow. However,
some bubbles may remain trapped in the meshed spacer, thus increasing the electrical re-
sistance *>!1%°, With a reduced pressure in the gas phase, the volumes of the gas (bubbles)
formed were bigger according to ideal gas law. Therefore, the larger-volume bubbles were
easier to be carried out of the cell by the liquid flow instead of being trapped in the spacer

11, This elimination of gas bubbles occurred mainly between p¢, , 0of 0.9 and 0.7 atm, and

further decrease of p¢o, 4 did not have a significant impact on the cell voltage. Moreover, as
the model did not include the effect of gas bubbles on cell voltage, so the results of the model
simulation were not presented in the figure.

Low pressure of the desorbed CO: creates an energy penalty for the downstream pro-

cesses as CO2 needs to be pressurized for transport and storage 62163

, €.g., the thermodynam-
ical minimum energy required to pressurize COz gas from 0.3 atm to 0.9 atm is 2.7 kJ mol"'.
Although the practical energy consumption to compress CO2 gas at lower pressure requires
slightly more energy due to the larger volume of gas '*, this energy penalty is negligible
comparing to the reduction of energy consumption (i.e., 40-50 kJ mol"! in the experimental
conditions tested) brought by the applied partial vacuum during CO2 desorption. Therefore,
a decreased CO: desorption pressure is beneficial for reducing the overall energy consump-
tion of the electrochemical system by increasing CO2 production rate and decreasing cell

voltage.
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4.3.2. Effect of phosphate buffer on cell performance

We expected the addition of phosphate buffer to the absorbent would lower the energy con-
sumption by reducing the ohmic resistance and the electrode overpotential. However, in this
study, the energy consumption of experiments with buffer addition was not always lower
than the experiments without buffer addition. Instead, adding phosphate buffer shifted the
optimal L+ for the lowest energy consumption of the electrochemical cell (Figure 4.4). The
lowest energy consumption was achieved without adding buffer at L+ = 1.0, with 0.1 M
buffer at L+ = 0.8, and with 0.2 M buffer at L+ = 0.7 (energy consumption of 305 kJ mol
1,267 kI mol™!, and 297 kJ mol!, respectively). This shift of optimal L+ was also observed
with the model simulation where the optimal L+ value decreases with increasing buffer con-
centration. Overall, both experimental and model results show that the lowest energy con-
sumption of all investigated conditions occurred with 0.1 M buffer at L+ = 0.8.
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Figure 4.4. Energy consumption under different load ratio and phosphate buffer concentration. (a) Load
ratio range between 0.6 and 1.2, (b) a zoomed view for load ratio between 1.0 and 1.2. Symbols (o):
experimental data; lines: model predictions.

The energy consumption is proportional to the cell voltage and inversely proportional
to the COz production rate. Cell voltage increased with higher L+ owing to the lower con-
ductivity of the acidifying solution and higher potential drop at the boundary layers of the
MEA and CEM (Figure 4.5a). As more K" ions were transported to the cathode compartment
and CO3*/HCOs ions were converted to CO2 gas, the conductivity of the acidifying solution
decreased with a higher L+ (Table S4.2), which led to a greater ohmic loss in the cell. More-
over, this depletion of K" and COs?>/HCO3" ions was intensified near the surface of the MEA
at the acidifying compartment side, which resulted in a larger potential drop at the boundary
layer of the MEA !9, Furthermore, the K* concentration gradient over the CEM was larger
with a higher L+ (Table S4.2), and this larger gradient contributed to the increase of the
membrane potential of the CEM !, On the other hand, adding phosphate buffer provided
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extra conductivity in both the acidifying solution and the boundary layer of the MEA, since
the anionic phosphate species remained in the acidifying solution increased the total ion con-
centration. Hence, we observed a lower cell voltage with more phosphate buffer added, and
the difference of cell voltage was larger with a higher L+ when more K™ and CO3*/HCO3"
were removed. Although Jeremiasse et al. showed a reduced concentration overpotential for
hydrogen evolution with phosphate buffer addition !*7, this reduction was not evident in our
experiments due to the extreme catholyte pH (>13). The small fluctuation of the cathode
overpotential (Table S4.3) could be explained by the influence of hydrogen gas bubbles on
the cathode potential measurement '%!,
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Figure 4.5. Experimental and model simulated results of (a) cell voltage, (b) acidifying solution pH, (c)
CO:. yield, and (d) CO, production rate under different load ratio and phosphate buffer concentration.
Symbols (0): experimental data; lines: model predictions.

The protons produced at the anode were transported to the acidifying compartment un-
der the applied constant current, which led to the decrease of the acidifying solution pH. The
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steady-state pH of the acidifying solution decreased at a higher L + (Figure 4.5b), which
was attributed to more protons received by each unit volume of acidifying solution. This
decrease in pH was not linear to the increase in Ly+ due to the buffering effect of COs*
/HCOs ions and/or the added phosphate buffer. In the experiments without buffer, the acid-
ifying solution needed to overcome two buffering zones of CO3*/HCOs" (pKa = 10.33 and
6.35). The concentration of CO3?/HCO3" ions was reduced in the experiments with phosphate
buffer since the total K* concentration in the influent was remained constant in all the exper-
iments. Moreover, phosphate buffer only has one buffering zone (pKa = 7.20) in the pH range
of the desired pH swing in the acidifying solution. As a result, the addition of phosphate
buffer solution decreased the steady-state pH of the acidifying solution. This conclusion also
explains the discrepancy between the experimental and simulated acidifying solution pH at
L+ = 1.1 with no buffer addition, as any background anions “contamination” in the experi-
ments would decrease the acidifying solution pH.

Due to the displacement of CO: equilibria, more CO2 could be evolved with a lower pH
of the acidifying solution. Thus, the COz yield, which is defined as the ratio of CO2 gas
production rate to the total carbon feeding rate into the cell, followed a reverse trend to the
pH of the acidifying solution (Figure 4.5¢c). The yield reached its maximum when all the
dissolved carbon species had been converted to H2COs at around pH = 4. At pc,, 4 = 0.3 atm,
the concentration of H2COjs in the acidifying solution was 10.2 mM based on Henry’s law.
This 10.2 mM of H2COs could not be desorbed into the gas phase even with further decrease
of the acidifying solution pH at higher L+, so the yield kept constant at the maximum. Due
to less total carbon in the influent of experiments with phosphate buffer, the remained H>CO;
accounted for a larger portion in these experiments. Hence, the maximum CO:z yield de-
creased with increasing concentration of phosphate buffer.

Although the CO: yield was proportional to the CO: production rate, the change of the
CO: production rate did not follow the same trend as the CO: yield, due to the variation of
the total carbon feeding rate (Figure 4.5d). In experiments with the same buffer concentra-
tion, the total carbon feeding rate decreased with higher L+ attributed to the lower flow rate
of the influent (1.33 mL min™ at L+ = 0.7 while 0.85 mL min! at L+ = 1.1). Consequently,
the CO2 production rate decreased sharply after the CO» yield reached the maximum. More-
over, the total carbon feeding rate decreased by 19% and 38% with 0.1 M and 0.2 M phos-
phate buffer added, respectively. Therefore, the CO2 production rate of the experiments with-
out buffer addition exceeded those of the experiments with buffer added at higher Ly+.

As shown in Figure 4.4, the experiments with no buffer addition had the lowest energy
consumption at L+ = 1.0, which was lower than in the experiments with buffer addition at
the same Ly +. However, the buffer addition limited the total carbon feeding rate. Thus, we
have also performed experiments with fixed total carbon feeding rate (Table 4.2). The lowest
energy consumption was achieved with 0.1 M phosphate buffer added, which was confirmed
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by the model simulation (617 kJ mol"!' without buffer, 156 kJ mol! with 0.1 M buffer, 160
kJ mol™! with 0.2 M buffer). Adding phosphate provided extra conductivity in the acidifying
compartment and lowered the Li+ due to the increasing influent K* concentration, so the cell
voltage was lower with more buffer added. Moreover, the acidifying solution pH was com-
parable between the experiment without buffer and with 0.1 M buffer, but the CO: production
rate with 0.1 M buffer was 4% higher, which indicated that adding phosphate buffer facili-
tated the desorption of CO2 gas. However, in the experiment with 0.2 M buffer, the CO2
production rate was the lowest due to the higher acidifying solution pH at a relatively low

Ly+.

Table 4.2. Experimental conditions and results of the experiments with fixed total carbon feeding rate.

No buffer 0.1 M buffer 0.2 M buffer

Total carbon feeding rate (mol s!) 9.5x10%° 9.5x10 9.5x107°
L+ 1.00 0.84 0.72
Energy consumption (kJ mol™") 305 273 286
Cell voltage (V) 1.49 1.38 1.35
Acidifying solution pH 6.8 6.8 7.3

CO: production rate (mol s™) 7.3x107 7.6x107 7.1x107

4.3.3. Effects of adding sulphate solution

As the previous section concludes, adding 0.1 M phosphate buffer reduced the energy con-
sumption of the electrochemical system, where phosphate essentially acts as a supporting
electrolyte in the system. In fact, adding sulphate to the absorbent reduced the energy con-
sumption even further, while the energy consumption trend with different L+ is the same
with both phosphate and sulphate (Figure 4.6). Thus, among all the investigated experi-
mental conditions, the lowest energy consumption was 247 kJ mol™ achieved at p¢o,, g =03
atm, L+ =0.8, j, = 150 A m?, and with 0.1 M of sulphate addition. The model predicted the
lowest energy consumption of 138 kJ mol™! under the same condition, while the difference
between the experiment and the simulation could be attributed to electrode overpotentials
and COz leakage (which were not covered by the model).
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Figure 4.6. Energy consumption under different load ratio with 0.1 M of phosphate buffer or 0.1 M of
sulphate added. Symbols (o): experimental data; lines: model simulation results.

Firstly, while phosphate buffer has one buffering zone in the pH range of the acidifying
solution, sulphate does not have any buffer capacity. As a result, the pH of acidifying solution
under the same L+ was lower with sulphate addition than with phosphate addition (Figure
4.7a). At L+ < 0.9, the lower pH favored the desorption of CO2 so that the CO2 production
rate was higher with sulphate addition (Figure 4.7b). However, when the pH of acidifying
solution was lower than 4, the COz yield reached its maximum, and the CO: production rate
was limited by the total carbon feeding rate. Therefore, the CO2 production rate was equiva-
lent with different electrolytes addition at L+ > 0.9. Secondly, the cell voltage only showed
differences at L+ > 0.8 between sulphate addition and phosphate addition (Figure 4.7c). As
discussed before, the benefit of adding phosphate buffer was primarily to increase the con-
ductivity in the acidifying compartment provided by phosphate. Moreover, sulphate ions
have higher molar conductivity comparing to HPO4* and H2POy™ (i.e., the main phosphate
species in the pH range of the acidifying solution). Furthermore, the impact of the ionic con-
ductivity was higher at high L+ when the acidifying solution was more depleted. Hence, the
ohmic losses originated from the ionic resistance was lower when adding sulphate than with
phosphate at L+ > 0.8 (Figure 4.7d). The difference in ohmic losses accounted for 23%,
51%, and 16% of the cell voltage difference at L+ = 0.9, 1.0, and 1.1, respectively. The rest
of the cell voltage difference between different electrolytes addition could be explained by
the boundary effects on the surface of the MEA. On the surface of the acidifying compart-
ment side of the MEA, the K* concentration decreased and H* concentration increased with
higher L+, which induced a lower local pH. Driven by the current applied, the anionic spe-
cies moved towards the surface of the MEA. As discussed before, without the addition of
buffer or sulphate, due to the formation of non-conductive H2COs, the boundary layer of the
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MEA provided a high potential drop. While H3;PO4 has a lower pKa than H2COs (2.10 vs
6.35), more charged phosphate species (H2PO4/HPO4>) could be present at the boundary
layer and provide conductivity. Moreover, H2SOs, as a strong acid, has a pKa of -2.80, so all
the sulphate species at the boundary layer were in charged dissociated form. Therefore, ad-
sorbent with sulphate addition reduced the potential drop at the boundary layer of the MEA,
which led to the lower cell voltage.
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Figure 4.7. Experimental and model simulated results of (a) acidifying solution pH, (b) CO. production
rate, (c) cell voltage, and (d) ohmic losses under different load ratio with 0.1 M phosphate buffer or 0.1 M
sulphate addition. Symbols (o): experimental data; lines: model simulation results.

4.4. Conclusions

In this work, we have shown different strategies to reduce the energy consumption for the
electrochemical DAC process by decreasing the CO2 desorption pressure and adding back-
ground electrolyte. When the COz partial pressure at the gas phase of the membrane contactor
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was reduced from 0.9 to 0.3 atm, the energy consumption of the process decreased 12 to 15%
among the three tested conditions. The applied partial vacuum increased the CO2 production
rate by increasing the driving force for CO2 desorption from liquid to gas and decreased the
cell voltage by diminishing gas bubbles in the electrochemical cell. Moreover, the addition
of 0.1 and 0.2 M of phosphate changed the optimum L+, where we observed the lowest
energy consumption at Li+ = 0.8 with 0.1 M buffer. The addition of the phosphate buffer
increased the conductivity of both the acidifying solution and the boundary layer of the MEA,
so the cell voltage decreased with more buffer added. However, the CO2 production rate was
limited by either the total carbon feeding rate with higher buffer concentration at fixed influ-
ent K™ concentration or a higher acidifying solution pH with higher buffer concentration at
fixed total carbon feeding rate. Finally, because of the low pKa and high molar conductivity
of sulphate comparing to phosphate, 0.1 M sulphate addition showed lower energy consump-
tion than 0.1 M phosphate addition at the same Ly+. Among all the investigated conditions,
the lowest energy consumption was 247 kJ mol™" achieved at p¢y, ; = 0.3 atm, Ly+ = 0.8, j,
=150 A m? with 0.1 M of sulphate addition, while the model predicted the minimum of 138
kJ mol! under the same condition. The experimental lowest energy consumption of this work
is 34% lower comparing to our previous work, which makes this electrochemical process
more competitive among all the DAC technologies.
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Supporting Information

Influent preparation

Experiments were performed using influents with different potassium and total carbon con-
centrations. The influent solutions resembled a spent potassium hydroxide absorbent solution,
with and without a background electrolyte, which was in equilibrium with ambient air. The
compositions of influents were calculated by considering the Henry’s law, the equilibrium of
carbonate, phosphate and water dissociation, and electroneutrality. The detailed composi-
tions of all the influent solutions are listed in Table S4.1.
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Table S4.1. Composition of absorbent solutions with different amount of phosphate/sulphate and their
corresponding spent solutions. The influents for experiments were the spent absorbent solutions.

Spent absorbent Influent K+ Total carbon
Absorbent . . .
(influent) concentration (M) concentration (M)
.224 M KHCO
1 M KOH 0 ° 1.0 0.612

0.388 M K2COs
0.197 M KHCOs
0.8 M KOH 0.300 M K2CO3

1.0 0.497
0.1 M KaHPO4 0.098 M K2HPO4
0.002 M K3PO4
0.167 M KHCOs
0.6 M KOH 0.215 M K2CO3
1. .382
0.2 M K2HPO4 0.197 M K2HPO4 0 0.38
0.003 M K3PO4
0.167 M KHCOs
0.6 M KOH 0.215 M K2CO3
1. .382
0.2 M KaHPO4 0.197 M K2HPO4 0 0.38
0.003 M K3PO4
0.224 M KHCO3
1M KOH 0.388 M K2CO3
1.2 0.612
0.1 M KaHPO4 0.098 M K2HPO4
0.002 M K3PO4
0.224 M KHCO3
1M KOH ) M K
(0] 0.388 2COs 14 0.612

0.2 M K2HPO4 0.196 M KoHPO4
0.003 M K3POa4
0.197 M KHCOs
0.301 M K2COs3 1.0 0.498
0.100 M K2S0O4

0.8 M KOH
0.1 M K2S0O4

Effect of phosphate buffer on cell performance

We have performed experiments with different amount of phosphate buffer addition at fixed
influent K™ concentration of 1 M and L+ ranging from 0.7 to 1.1. Table S4.2 listed the con-
ductivity and K* concentration of both the acidifying solution and the catholyte.
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Table S4.2. Measured conductivity and K+ concentration of both the acidifying solution and the catholyte
in the experiments with different amount of phosphate buffer addition under varying Ly+.

Acidifying solution Catholyte
. K+ K+
Buffer addition  Lg+  Conductivity , Conductivity ,
(mS om) concentration (mS om) concentration

(M) (M)
0.7 28.33 0.34 124.92 1.04
0.8 24.46 0.26 134.99 1.07
None 0.9 17.87 0.19 155.97 1.06
1.0 8.39 0.08 185.87 1.10
1.1 0.14 0.00 203.88 1.20
0.7 26.60 0.30 127.32 1.05
0.8 18.58 0.23 144.54 1.06

AM
0 0.9 12.95 0.14 156.73 0.95

phosphate

1.0 9.04 0.10 160.98 1.10
1.1 8.95 0.10 159.52 1.08
0.7 25.16 0.31 110.67 0.99
0.8 22.44 0.29 114.93 0.98

0.2M
0.9 15.69 0.20 117.30 0.93

phosphate

1.0 15.12 0.19 117.60 1.04
1.1 14.70 0.17 115.68 0.98

The anode overpotential (1,,,04.) Was determined by the difference between measured
anode potential (Egpo4e measurea) and the calculated anode potential (E;,,4 ) based on actual

conditions:
Nanode = anode,measured ~ Eanode (S4~1)
RT pH.
Egnode = Ec(l)node T ZF In ([H+;2) (S4.2)
Where E2,, 4. is the standard anode potential (-0.244 V vs SCE), pH, is the hydrogen

partial pressure at anode (0.95 atm, considering 5% CO» leaked from acidifying compart-
ment), and [H*] equals to 0.54 M based on a fully saturated Nafion membrane.

The cathode overpotential (1.4:n04e) Was determined by the difference between the cal-
culated cathode potential (E4;j,4.) based on actual conditions and measured cathode poten-

tial (Ecathode,measured):
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Ncathode = Ecathode — Ecathode,measured (S4'3)
RT —
Ecathode = Egathode ~ZF In (pH, [OH ]2) (54.4)
Where E2,1h0qe 1 the standard cathode potential (-1.072 V vs SCE), pH, is the hydro-

gen partial pressure at cathode (0.7 atm), and [OH 7] is the concentration of OH™ (M) in cath-
olyte calculated from measured pH.

The ohmic losses (E,,mic) are calculated based on eq. 4.18 of the article, where o, and
o, are the measured conductivities of the acidifying solution and catholyte (S m™), respec-
tively.

Table S4.3 listed the results of electrode overpotentials and ohmic losses of the exper-
iments performed with phosphate buffer addition.

Table S4.3. Experimental results of electrode overpotentials and ohmic losses in the experiments with
different amount of phosphate buffer addition under varying L+.

Buffer addition L+ Nanode (V) Neathode (V) Eonmic (V)

0.7 0.17 0.30 0.03

0.8 0.28 0.24 0.04

None 0.9 0.32 0.23 0.05

1.0 0.29 0.22 0.09

1.1 1.92 0.41 5.53

0.7 0.14 0.26 0.03

0.8 0.14 0.25 0.05

0.1 M phosphate 0.9 0.38 0.22 0.06
1.0 0.17 0.25 0.09

1.1 0.26 0.24 0.09

0.7 0.18 0.27 0.04

0.8 0.19 0.25 0.04

0.2 M phosphate 0.9 0.20 0.26 0.05
1.0 0.13 0.26 0.06

1.1 0.14 0.26 0.06
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Abstract

Electrochemical techniques have been recently proposed as promising alternative regenera-
tion methods for direct air capture (DAC). In this work, we investigated the effects of various
process layouts and operating conditions on the performance of an electrochemical regener-
ation of an alkaline absorption DAC process using a mathematical model. Based on our
model predictions, the circulation of solution in each compartment is crucial to reduce the
negative effects of gas bubbles. The energy consumption dropped by 20% with the recircu-
lation ratio increased from 5 to 10. However, with reduced gas bubble resistance, this benefit
became less impactful at even higher recirculation ratio, and the higher recirculation ratio
also increased the investment in pumping energy. Moreover, the energy consumption of the
process can be reduced with a lower current density or a higher concentration of SO4* as
background electrolyte. However, the tradeoffs with CO2 production rate and CO: capture
capacity of the absorbent need to be considered when choosing the optimal operating param-
eters. Furthermore, three process layouts were simulated to explore the benefits of external
versus internal CO2 desorption. A 2-unit external desorption layout was identified as the most
energy efficient option across a wide range of operating conditions, as it had a high desorp-
tion efficiency and a low CO2 gas void fraction in the cell. Among all the investigated con-
ditions, the lowest energy consumption achieved was 128 kJ mol™! CO», which made this
technology a promising candidate for DAC absorbent regeneration.
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5.1. Introduction

The burning of fossil fuels and other anthropogenic activities have significantly increased the
concentration of greenhouse gases (GHGs) including CO: in the atmosphere.>* From 2010
to 2019, annual GHG emissions reached the highest levels in human history, and current
efforts to reduce emissions have not been sufficient to meet the target of limiting global
warming to 1.5°C as set by the Paris Agreement.'>!* To tackle the rapid climate change
caused by increasing atmospheric COz concentration, immediate action is required, including
the implementation of direct air capture (DAC) technologies.*!"'% DAC is a process that cap-
tures atmospheric carbon dioxide (CO2) and produces high-purity CO> for consequent stor-
age or utilization, and it can help counterbalance hard-to-eliminate emissions and achieve
net-zero CO2 emissions.** The most studied DAC technologies involve the use of chemical
sorbents, such as strongly alkaline solution or amine, to capture CO: from the air.'”” The
atmospheric COz is captured by the sorbents spontancously at ambient temperature, while
the sorbents regeneration is energy intensive and can require high temperatures >100°C. Alt-
hough such temperature swing processes allow for high CO: capture efficiency, they suffer
from a variety of challenges due to the high-temperature thermal regeneration, e.g., sorbent
degradation, volatility, and toxicity of the thermal degradation compounds.'®’~'7" In recent
years, electrochemical regeneration of DAC processes has attracted increasing research at-
tentions,*~*%171-173 due to the applied moderate operating conditions of ambient temperature
and the ability for directly integration with renewable energy.

In our previous work, we demonstrated the use of an electrochemical system to simul-
taneously regenerate spent alkaline absorbent and desorb high-purity CO: (Figure 5.1).'"7
The spent alkaline absorbent is the effluent of the CO2 absorption unit that contains carbonate
(CO3%) and bicarbonate (HCO3") ions, which is fed into an electrochemical cell as influent.
In the electrochemical system, Hz is oxidized at the anode (hydrogen oxidation reaction,
HOR), and the spent solution is first acidified in the acidifying compartment by the H" mi-
grated from anode to facilitate the desorption of CO: gas according to the displacement of
the CO2 equilibria. After separating the desorbed COz from the solution using a membrane
contactor, the solution is alkalinized in the cathode compartment where OH" ions are pro-
duced by water reduction (hydrogen evolution reaction, HER). The alkalinized solution
leaves the system as effluent and can be reused as absorbent for DAC. Hence, based on HOR
and HER, a pH swing is established in two adjacent compartments of the electrochemical
cell, and COz is desorbed in the acidifying compartment (low pH), while alkaline absorbent
is regenerated in the cathode compartment (high pH).
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Figure 5.1. Schematic representation of the electrochemical process for the regeneration of alkaline DAC
absorbent. Influent: spent alkaline absorbent from the absorber. Effluent: regenerated absorbent to send
to the absorber. MEA = membrane electrode assembly, CEM = cation exchange membrane.

The electrochemical regeneration process is a promising technology in terms of perfor-
mance, safety, reliability, and scalability potential.''”"'" One of the key challenges is to re-
duce the energy consumption of the system. The energy losses in electrochemical processes
involve the negative effects from gas bubbles “trapped” inside the cell, as they provide addi-
tional electrical resistance and reduce effective areas of electrodes and membranes.!”>!77
Eisaman et al. applied a high pressure on a bipolar membrane electrodialysis (BPMED) cell
to eliminate these CO: bubbles and reduce energy consumption.®’ However, the high-pres-
sure operation significantly increases the complexity of the system. On the other hand, Val-
luri and Kawatra have designed a process based on BPMED to produce sulfuric acid (H2SO4)
and sodium hydroxide (NaOH), where the NaOH was used to capture CO2 and H2SO4 was
used to desorb CO2 by mixing it with the spent alkaline solution.>' The advantage of this
acid-base production process is that the system can be operated under room temperature and
atmospheric pressure.

In this study, we propose different process layouts to acidify the spent absorbent and
promote the COz evolution at different points of the process (Figure 5.2). In particular, we
consider three different process layouts in this work: internal (Figure 5.2b), 1-unit external
(Figure 5.2¢), and 2-unit external desorption layout (Figure 5.2d). While the CO: is only
desorbed inside the cell in the internal desorption layout, the external desorption layouts have
the potential to reduce the CO: formation inside the cell by removing it externally. Moreover,
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we have added circulation loops for both acidifying and cathode compartments to investigate
the effects of the circulation on the performance of the electrochemical cell, as the formed
gas bubbles can be removed out of the cell more effectively at higher solution flow rates.
Furthermore, as we have shown previously that the addition of background electrolyte in the
absorbent reduced the energy consumption of the system, the effects of the background elec-
trolyte concentration are also investigated. Overall, in this study, we developed a mathemat-
ical model to investigate different process layouts and operating conditions considering flow
rates, applied current densities, and sulphate concentrations (as background electrolyte) in
the absorbent. We aim to understand the behavior of the system under different conditions
and give direction to further development and application of the technology.

(a)

OH +H,

Figure 5.2. (a) Three compartments of the electrochemical cell: anode, acidifying, and cathode compart-
ments. MEA = membrane electrode assembly, CEM = cation exchange membrane. Flow schemes of (b)
internal desorption layout, (c) 1-unit external desorption layout, (d) 2-unit external desorption layout. S1
and S5 are the influent (spent alkaline absorbent) and effluent (regenerated alkaline absorbent) of the
system, respectively, while S2, S3, and S4 represent different flow streams of the system. The dashed
line shows the overflow from acidifying solution circulation to catholyte circulation. MC = membrane con-
tactor.

5.2. Modelling theory background

A mathematical model has been developed to simulate the performance of the electrochem-
ical regeneration system for DAC under thermodynamic equilibria. The electrochemical cell
was modelled as a two-phase system (i.c., a liquid and a gas phase), where the liquid phase
included both ionic species (K*, H", HCO3", CO3*, SO4*, and OH") and non-charged species
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(H2COs and H20). All the species were in equilibrium according to the dissociation constants
of HoCOs, HCOs", and H20, and we assumed that electroneutrality was maintained in the
solution. Moreover, the liquid phase of the influent and the acidifying solution was always
in equilibrium with the gas phase based on the Henry’s law for CO2, while the catholyte was
considered a closed system where the total amount of dissolved carbon species remained
constant. The influent solution of the system was the spent alkaline absorbent from the ab-
sorption step that was assumed to be in equilibrium with atmosphere (400 ppm COz). In the
electrochemical cell, CO2 was desorbed into a gas phase with a COz partial pressure of 0.6
atm (partial vacuum on pure CO: gas).

The electrochemical cell consisted of three compartments: anode, acidifying, and cath-
ode compartments (Figure 5.2a). H> was oxidized at the anode, while H" was produced and
transported to the acidifying compartment. The faradaic efficiency of the hydrogen oxidation
reaction was assumed to be 1. In the acidifying compartment, the spent alkaline absorbent
was acidified by the H" coming from anode, and the cations in the solution (K™ and H")
migrate through the CEM to the cathode compartment. The total flux of cations (J;,;) was
determined by the applied current density (j,):

Jrot =% =i+ + i+ (5.1)

F

where F is the Faraday constant (96485 C mol™), J;+ and ]+ are the molar fluxes of
K* and H" over the CEM, respectively.

The transport of K" and H' can be expressed by the Nernst-Planck equation:

dc d

Jier = =Dy (S + cn 1 2 (5.2)
dc d

Ju+ = =Dy (FE 4 ey 2 (5.3)

where D+ is the diffusion coefficients of K* inside the cation exchange membrane, ¢+
is the concentration of K" at different positions inside the membrane, cy+,, is the average
concentration of K* in the membrane, while D+, ¢+, and cy+ ,, are the counterparts for H',
x is the position inside the membrane, and ¢ is the dimensionless electric potential, which
can be multiplied by RT /F to obtain the dimensional voltage.

In the internal desorption layout (Figure 5.2b), the influent (S1) mixed with the acidi-
fying circulation loop (COz2 depleted residual stream (S4)) before entering the cell. The mix-
ture (S2) was supplied to the acidifying compartment where the pH of the solution decreased,
which facilitated the desorption of CO2 gas. The outflow from the acidifying compartment
(S3) was directed into the membrane contactor where the CO: gas was separated from the
liquid phase. A part of the CO2 depleted residual stream (S4) overflowed to the catholyte
circulation loop (same flow rate with S1), while the rest of this stream (S4) was recirculated
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and mixed with the influent. In the cathode compartment, the catholyte received the cations
that migrated through the CEM from the acidifying compartment. As a result, the catholyte
had the same total K* concentration as the influent. Moreover, H2O was reduced to Hz and
OH at the cathode, and OH" regenerated the alkalinity of the solution, while H> could be
recirculated to anode. The catholyte was recirculated at the same rate as the acidifying solu-
tion, and the excess solution left the circulation loop as the effluent (S5) of the system (re-
generated alkaline absorbent). In this case, the corresponding mass balance of K' in the
streams was as follows:

Jx+ = % X (cx+ 1 — Cg+3) (5.4)

Cr+p X (Q1 + Q) = Cytq X Qq + C+ g XQu (5.5)
Citaq = Cgts (5.6)

Cx+s = Cg+1q (5.7

where Cy+ 1, Cx+ 5, Cx+ 3, Cx+ 4, and cg+ 5 are the K concentration of S1, S2, S3, S4,

and S5 respectively, A4 is the active membrane area, and Q, and Q, are the flow rates of S1

and S4 respectively. The ratio between Q, and Q, was defined as the recirculation ratio (4,.):

Q4

Ay = o (5.8)

In the 1-unit external desorption layout (Figure 5.2¢), after the mixing of the influent

(S1) with the outlet of the acidifying compartment (S4), the mixture (S2) first flowed through

a membrane contactor to remove the desorbed CO» gas, then the degassed solution (S3) par-

tially overflowed into the catholyte circulation loop and partially recirculated back in the

acidifying compartment. The excess catholyte (S5) left the system as regenerated alkaline

absorbent. As a results, while egs. 5.4, 5.5, and 5.7 were still valid for the mass balances of
K*, eq. 5.6 changed to the follow:

CK+,2 = CK+‘3 (5.9)

In the 2-unit external desorption layout (Figure 5.2d), the influent (S1) blended in the
acidifying circulation loop, and the mixture (S2) passed through the first membrane contactor
for the first-step CO2 desorption. The partially degassed solution (S3) flowed into the acidi-
fying compartment where CO> was desorbed for the second time. Then we assumed a second
membrane contactor was used to remove the desorbed CO: gas, and a part of the CO: de-
pleted residual stream overflowed to catholyte circulation loop while the rest (S4) remained
in the acidifying circulation loop and mixed with the influent. Therefore, eqgs. 5.5, 5.7, and
5.9 were applicable for the K™ mass balances in this case, whereas the molar flux of K* (eq.
5.4) should be replaced by:
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Jer =8 % (cxrq = cira) (5.10)

The total amount of CO2 desorbed was determined by the difference between the total
carbon concentrations in the inlet and the outlet of the acidifying circulation loop. Hence, the
CO2 production rate (J¢, ) for internal desorption and 2-unit external desorption layouts can
be calculated by eq. 5.11, while the CO:z production rate for 1-unit external desorption was
expressed by eq. 5.12.

Jeo, = % (cca—cca) (5.11)

Jeo, = % (cca = ccp) (5.12)

where c¢ 1, ¢¢ 3, and ¢ 4 are the total carbon concentration in S1, S3, and S4, respec-
tively.

The CO: bubbles formed inside the acidifying compartment contribute to the electrical
resistance of the cell. In the internal desorption layout, all the CO:2 evolution occurred inside
the acidifying compartment. In the 1-unit and 2-unit external desorption layout, CO2 evolu-
tion occurred first at the mixing point of the influent (S1) and the acidifying circulation loop
(S4), then more CO> bubbles were formed in the acidifying compartment when the solution
was further acidified. The amount of the bubbles formed was determined by the flow rate of
the stream flowing through the acidifying compartment and the total carbon concentration
difference in the compartment. To include the bubble effects on the electrical resistance of
the cell, the conductivity of the solution inside the acidifying compartment was corrected
using Bruggeman (eq. 5.13, for e = 0 — 0.12) and Maxwell (eq. 5.14, for € > 0.12) equa-

tions'”®;

o — (1 - ¢)lS (5.13)

Tq,0

Lo 122 (5.14)

0a,0 1+

N | m)

where g, ¢ is the conductivity of the acidifying solution without gas bubbles, g, is the
corrected conductivity considering the bubble effects, € is the gas void fraction. g, 4 is cal-
culated using OLI Studio: Stream Analyzer (ver. 10.0, OLI Systems, NJ, USA) based on the
composition of the acidifying solution. Here, we defined the gas void fraction (€) as the vol-
ume fraction of CO: gas in the stream flowing through the acidifying compartment:

V,
€=—1
Vg+Vl

(5.15)
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where I, and V; are the volume of CO2 gas bubbles and liquid stream, respectively. V;

is calculated based on the total carbon concentration difference in the inlet and outlet of the
acidifying compartment.

A similar approach has been taken to correct the conductivity for catholyte considering
the H> gas forming inside the cathode compartment. The egs. 5.13 — 5.15 were applied to
make the correction, where V; was calculated based on the assumption that each two elec-

trons transferred formed one Ho.

The energy consumption (EC) of the electrochemical system was calculated as the ratio
between the power input and the CO: production rate:

EC = Eeelle (5.16)

Jco,

where E,,;; is the cell voltage which is defined as the sum of the equilibrium potential
(E¢q), membrane potential (E,,), and ohmic losses (E,pmic)-

E.q is the potential drop originated the pH difference between the anode (pHgpoq.) and
cathode (pH4tnode) considering a potential drop of 59.2 mV for each pH unit:

Eeq = 0.0592 (pHcqtnoae — PHanode) (5.17)

where pH ;4. 1S the pH at the membrane electrode assembly which is assumed to be
0.27 based on a fully saturated Nafion membrane,” while pH_ 41040 €quals to the pH of the
effluent of the catholyte circulation loop (S5).

E,, is the potential drop over the CEM caused by the difference of the K* concentration
in the acidifying solution (cx+ ;) and catholyte (cx+ .):

RT |pKte (5.18)

Ck*,a
where R is the ideal gas constant, T is the temperature.
E o hmic 18 derived from the ohmic resistance of the acidifying solution and catholyte:

.o d d
Eonmic = Je =4+ =5) (5.19)

Oq Oc

where d, and d, are the thicknesses of the acidifying and cathode compartments, re-
spectively, and g, is the conductivity of the catholyte.

With a defined design of the electrochemical cell, the performance of the system is
determined by the concentration of K in the influent, influent flow rate, and the applied
current density. Therefore, we defined a control parameter “K* load ratio” (Lg+) to investi-
gate the behavior of the electrochemical cell:
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L+ = —24 (5.20)

Cx+1 Q1 F

where A4 is fixed at 0.01 m? in all the simulations, and ¢+, is fixed at 1 M.

5.3. Modelling results and discussion

5.3.1. Effects of recirculation ratio

We first investigated the effects of recirculation ratio on the performance of the 1-unit exter-
nal desorption layout with fixed current density of 200 A m™ and sulphate concentration of
0.1 M. The energy consumption of the electrochemical cell was reduced with a higher recir-
culation ratio (Figure 5.3a). The reduction of energy consumption was primarily attributed
to the difference in CO2 production rate at high L+ and internal resistance from gas bubbles

at low Lg+.
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Figure 5.3. Model predictions of process performance for 1-unit external desorption layout at different
recirculation ratio (5, 10, 20, 30, 40, and 50). Current density: 200 A m-, sulphate concentration: 0.1 M.
(a) Energy consumption of the electrochemical cell; (b) CO. production rate; (c) K+ transport number; (d)
CO; void fraction in the acidifying compartment.

In the acidifying compartment, K™ was replaced by H, so the CO; equilibria displaced
towards the formation of H>COs that could be desorbed as CO2 gas. The CO2 production rate
increased with higher L+ until all the carbon species in the solution were H.CO3, and further
increase of L+ limited the loading rate of total carbon in the influent, which led to a decline
of the CO: production rate (Figure 5.3b). The CO: production rate reached a higher maxi-
mum value with a higher recirculation ratio, which could be explained by the lower pH of
the mixed solution of the influent and the acidifying circulation (Figure S5.1). The difference
in CO2 production rate was also reflected by the change of K* transport number (Figure 5.3¢)
that was defined as the ratio of K* transport to the total cation (K™ and H") transport over the
CEM. When only K* was transported over the CEM to carry the current, all the H" migrated
into the acidifying compartment contributed to covert HCO3/CO3* to desorb CO: gas.
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However, when the concentration of H' in the acidifying compartment was high enough, H*
was also transported over the CEM to cathode compartment, which led to a decrease of K*
transport number. The transport of H was unwanted, as it did not favor the desorption of
CO:2 gas. Therefore, we observed the decline of CO2 production rate when K* transport num-
ber started to decrease. Moreover, with a faster circulation of the acidifying solution, the
formed COz gas bubbles were carried out of the cell by a larger flow of the solution. Hence,
as shown in Figure 5.3d, the CO: void fraction was lower with a higher recirculation ratio,
which resulted in a lower ohmic resistance in the electrochemical cell that further decreased
the energy consumption. Finally, the effects on both CO: production rate and the CO2 void
fraction became less significant with increased recirculation ratio. Overall, the energy con-
sumption dropped by 20% when the recirculation ratio increased from 5 to 10, while this
reduction was only 2% when the recirculation ratio increased from 40 to 50.

For 2-unit external desorption and internal desorption layouts, the recirculation ratio
only had an impact on the CO: void fraction (Figure S5.2a), as the CO2 production rate
remained constant with varying recirculation ratios (Figure S5.2b). Generally, the total
amount of CO2 production in the system is determined by the difference of total carbon in
the influent and in the overflow solution from acidifying circulation to catholyte circulation.
In the 2-unit external desorption and internal desorption layouts, the overflow solution had
the same composition as S4, while the overflow solution in the 1-unit external desorption
layout had the composition as S3. The discrepancy of K* concentration in the overflow solu-
tions defined the difference of the CO2 production rate in the different layouts. Moreover, in
the 1-unit external desorption layout, the CO2 gas evolved in the acidifying compartment was
retained in a closed system before mixing with the influent. After the mixing, due to the
increase of pH and K* concentration in the solution, part of the evolved CO: could redissolve
in the solution again. As a result, the COz production rate was lower in the 1-unit external
desorption layout comparing to the other two layouts, and the difference was minimized with
increasing recirculation ratio where the discrepancy of K" concentrations in the overflow
solution was decreased.

When no circulation of acidifying solution or catholyte was applied (recirculation ration
= 1), the energy consumption of the 1-unit external desorption layout was higher than 1 MJ
mol™! due to the extremely high CO: void fraction (>0.9) (Figure S5.3). Therefore, it is
crucial for such an electrochemical DAC regeneration system to have recirculation of solu-
tions in each compartment, and the energy consumption of the electrochemical cell decreases
with increasing recirculation ratio. However, a higher recirculation ratio with a fixed influent
flow rate means more pumping energy investment to recirculate the solution at a faster rate.!”
Hence, the tradeoff between the benefit on the cell energy consumption and the cost on pump-
ing energy needs to be further quantified based on the cell design and the pressure drop over

the cell.
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5.3.2. Effects of current density

Increased current density has two major effects on the electrochemical cell: higher CO2
production rate and higher energy consumption. The CO: production rate increased linearly
with current density under the same L+, as the amount of produced H* at the anode and the
total carbon amount in the influent increased proportionally. Moreover, the change of CO2
production rate over L+ remained the same trend with different current densities (Figure
S5.4). Therefore, according to eq. 5.16, the determining parameter for the energy consump-
tion was the cell voltage. As shown in Figure 5.4a, in the 1-unit external desorption layout,
the energy consumption increased with current density under the same Ly +. This increase
was dominated by the ohmic resistance in the cell where the gas bubble effects played a major
role, especially at high current density. For instance, when the COz void fraction reached
maximum at L+ = 0.73 with recirculation ratio of 10 (Figure 5.4b), the system reached its
minimum energy consumption at 200 A m2. Nevertheless, due to the more significant impact
of gas bubble effects at high current density, at 1000 A m?, the energy consumption at L+
= 0.73 was the highest within the L+ range studied. As demonstrated in the previous section,
the energy consumption and COz void fraction were reduced with higher recirculation ratio.
It was worth noticing that the CO: void fraction could be reduced to almost 0 with recircula-
tion ratio of 50, which implied that the effect of CO2 gas bubbles in the cell was negligible.
Finally, due to the effects of CO2 gas bubbles, the optimal L+ for achieving the lowest en-
ergy consumption changed with different current densities, which should be carefully con-
sidered when choosing the operational parameters in practice.
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Figure 5.4. Simulated results of system performance indicators with different current densities (200 —
1000 A m2) and recirculation ratio (10 for solid line and 50 for dashed line). The sulphate concentration
was fixed at 0.1 M. (a) Energy consumption of the electrochemical cell with 1-unit external desorption
layout; CO, void fraction in the acidifying compartment with (b) 1-unit external desorption layout, (c) inter-

nal desorption layout, and (d) 2-unit external desorption layout.

In the 1-unit external desorption layout, higher current density resulted in a lower pH
of the acidifying solution (S4) at a high L+ when all the carbon compounds in S4 were in
the form of H2COs (Figure S5.5). The lower pH of S4 led to a larger amount of external CO2
desorption after the mixing of influent and S4. As a result, less carbon remained in the solu-
tion after degassing (S3), which limited the amount of internal CO2 desorption and the CO2
void fraction in the acidifying compartment. In the internal desorption layout, as all the CO2
was desorbed inside the acidifying compartment, the CO» void fraction did not change with
current density (Figure 5.4c). The 2-unit external desorption layout showed a mixed CO2
void fraction behavior of the internal desorption and the 1-unit external desorption layouts
that resulted in the lowest CO:z void fraction among all the layouts (Figure 5.4d). At a low
L+, CO2 was only desorbed in the acidifying compartment, so the CO: void fraction showed
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the same behavior as in the internal desorption layout. At a high L+, the pH of the acidifying
solution (S4) was low enough that CO:z could also be desorbed after the mixture of the influ-
ent and S4 (Figure S5.5), then the CO: void fraction showed a similar trend as in the internal
desorption layout.

Overall, the CO> production rate was increased by increasing current density, which is
advantageous for large scale application to reduce the capital expenditures of these systems.
However, higher current density led to a higher energy consumption due to the ohmic losses
in the electrochemical cell. This increase of energy consumption with current density was
less significant at higher recirculation ratio, as the gas bubble effects in the cell could be
diminished. With external desorption layouts, the effects of CO: gas bubbles in the acidifying
compartment could be eliminated when all the CO. was desorbed externally.

5.3.3. Effects of sulphate concentration

The addition of background electrolytes (SO4*) in the absorbent provided additional conduc-
tivity to the solution, especially when most of other ions were removed in the acidifying
compartment at high L+. To investigate the effects of SO4* addition to the performance of
the system, we have conducted model simulations for different concentrations of SO4* addi-
tion with fixed K* concentration of 1 M under current density of 200 A m™ and recirculation
ratio of 10. As shown in Figure 5.5a, with increased concentration of SO4>* addition, the
lowest energy consumption of the electrochemical cell was achieved at a lower Ly+: L+ =
0.70 for 0.1 M SO4* addition, Lg+ = 0.55 for 0.2 M SO4* addition, L+ = 0.42 for 0.3 M
SO4% addition, and L+ = 0.20 for 0.4 M SO4> addition. This shift of the optimal L+ for
achieving the lowest energy consumption was primarily due to that the SO4* addition
changed the CO: production rate (Figure 5.5b). Since the influent K™ concentration was fixed
at 1 M, the addition of SO4+* reduced the concentration of HCO3/COs" that limited the amount
of total carbon feeding into the electrochemical system and decreased the buffer capacity of
the solution. As a result, on the one hand, we observed lower CO: production rate with higher
concentration of SO4* at high L+ due to the limitation of the total carbon feeding. On the
other hand, due to the lower buffer capacity of the influent with more SO4* addition, less
protons were required to lower the pH, which led to an earlier decrease of K™ transport num-
ber with increasing L+ (Figure 5.5¢). As explained previously, the CO2 production rate was
the highest when the K* transport number started to decrease from 1. Therefore, with more
SO4* addition, the peak of CO: production rate shifted towards a lower L+.

105



Chapter 5

(a) 600 (b) 16
01M
- —02M
=500 1 % 0.3M
s 512 4 0.4M
g g1
2400 - b
c T
2 e
£300 S 8
3 =
8 500 \ S
5 E
o 01 M 2 4
% 100 —02M 3
0.3 M
0.4 M
0 : r r - 0 - . . . .
0.1 0.3 05 0.7 0.9 1.1 0.1 0.3 05 0.7 0.9 1.1
Load ratio Load ratio
(c) 1.0 - (d) 0.8
0.8
0.6
£ 5
5 0.6 ©
g 8
’é_ 504
o
2 >
g 0.4 ON
+ (&]
X
01M 0.2 1 0.1 M
0.2 —02M —02M
03M 0.3M
04M 04M
0.0 . . . , 0.0 A : : . —
0.1 0.3 05 0.7 0.9 1.1 0.1 0.3 05 0.7 0.9 1.1
Load ratio Load ratio

Figure 5.5. Simulated results of system performance indicators for 1-unit external desorption layout with
different amount of sulphate addition (0.1 — 0.4 M). The current density was 200 A m2, while the recircu-
lation ratio was fixed at 10. (a) Energy consumption of the electrochemical cell; (b) CO. production rate;
(c) K+ transport number; (d) CO, void fraction in the acidifying compartment.

The lowest energy consumption also decreased with more SO+ addition (194 kJ mol™!
with 0.1 M SO4* and 128 kJ mol™! with 0.1 M SO4*), which was attributed to the change of
CO: void fraction in the acidifying compartment. In the 1-unit external desorption layout, as
the solution was acidified to a lower pH with more SO4> addition, more CO2 was desorbed
externally after mixing of the influent with the acidifying solution, which resulted in less
bubble formation in the cell. Moreover, as the peak of CO2 production rate was achieved at
lower L+ with more SO4> addition, the influent flow rate was higher under this condition.
While the highest CO2 production rate with different concentration of SO4* addition re-
mained similar, a higher flow rate of acidifying solution resulted in a lower CO: void fraction.
Therefore, the CO> void fraction was significantly reduced with increasing SO4* concentra-
tion (Figure 5.5d), which led to the reduction of energy consumption.
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As shown in Figure 5.6a, the minimum energy consumption of the system in all the
process layouts was reduced with the increase of SO4* concentration from 0.1 to 0.2 M. Same
as in the 1-unit external desorption layouts, this decrease of energy consumption was ascribed
to the changes of both CO» production rate and CO2 void fraction. The maximum CO2 pro-
duction rate for each layout was achieved at a lower L+ with a higher SO4* concentration
(Figure 5.6b). With 0.2 M SO4* addition, the 1-unit external desorption layout benefited
from lower pH of the acidifying solution that led to more desorption of CO2 externally. Thus,
we observed that the CO: production rate of 1-unit external desorption layout reached the
same level as the other two layouts at L+ > 0.80. Moreover, the low CO: void fraction for
external desorption layouts contributed to the lower energy consumption with 0.2 M SO4*
addition at high L + comparing to internal desorption layout (Figure S5.6).
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Figure 5.6. Simulated results of system performance indicators for different process layouts with different
amount of sulphate addition (solid line: 0.1 M, dashed line: 0.2 M). The current density was 200 A m-,
while the recirculation ratio was fixed at 10. (a) Energy consumption of the electrochemical cell; (b) CO»
production rate. The energy consumption of internal and 2-unit external desorption layouts overlap with
each other at sulphate concentration of 0.1 M, while the CO, production rate of these two layouts are
identical with each other for both sulphate concentrations. The energy consumption of 2-unit external
desorption layout at sulphate concentration of 0.2 M overlaps with internal desorption layout at L+ <0.68
and overlaps with 1-unit external desorption layout at Li+ > 0.86.

Generally, adding more SO4* resulted in a shift of the optimal L+ to a lower value and
reduced the lowest energy consumption for the electrochemical cell. Moreover, for external
desorption layouts, CO:2 void fraction could be eliminated under a low recirculation ratio and
a low current density. With a high concentration of SO4>" and a high L+, the function of the
electrochemical cell was to produce acid and base, while CO2 was desorbed by mixing the
produced acid with the spent alkaline absorbent. In this way, the operation of the system was
approaching the one described by Valluri and Kawatra.’! However, the addition of SO4*
reduced the alkalinity of the absorbent, and SO4* was not available for CO: capture. Thus,

the CO> capture capacity of the absorbent was reduced with more SO4>* addition, which
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required a larger volume of the absorbent and more pumping energy to maintain the CO2
capture rate. Therefore, the tradeoff between the absorption and the desorption steps needs
further evaluation before choosing an optimal concentration of SO4* addition for application.

5.3.4. General perspectives

The model simulation results shed a light on the effects of recirculation ratio, current density,
and SO4* concentration. The system achieved a low energy consumption when all these pa-
rameters together delivered a high COz production rate and a low gas void fraction in the cell.
Moreover, the process layouts also had a huge impact on the performance of the system. The
internal desorption layout was widely used in electrochemical CO: capture processes. 32117180
The advantage of this layout was that all the protons produced at anode were used for the
desorption of CO: gas at the optimal L, +. However, for large scale applications, the CO2
bubbles formed in the electrochemical cell increased largely the energy consumption due to
the additional resistance. To minimize the bubble effects, a higher circulation flow rates or a
higher concentration of SO4%" addition could be applied, but they required either more pump-
ing energy or loss of COz capture capacity of the absorbent.

The external desorption layouts had the potential to desorb all the CO2 outside the cell
so that the negative effects of CO2 bubbles were excluded. Nevertheless, the 1-unit external
desorption layout was limited by the low CO2 desorption efficiency as part of the desorbed
CO: in the acidifying compartment re-dissolved into the solution after the mixture with in-
fluent, although this limitation was eliminated when all the CO> was desorbed externally.
Moreover, the inflow of the acidifying compartment had a lower pH in the 1-unit external
desorption layout comparing to the other two layouts (Figure S5.7a), which led to a higher
concentration of HCOs™ and a lower concentration of CO3% in the solution. Consequently, as
the conversion from HCOs™ to CO; required only one H" while COs> requires two H', more
CO:2 could be desorbed in the acidifying compartment with 1-unit external desorption layout
at the same Ly+. Thus, the COz void fraction in the acidifying compartment was higher with
1-unit external desorption layout (Figure S5.7b), which led to a higher ohmic loss in the cell.
This higher energy consumption of the 1-unit external desorption layout comparing to the
internal desorption layout was confirmed by our experimental results under multiple current
densities (Figure S5.9). On the other hand, the 2-unit external desorption layout prevented
this re-dissolution of CO2 by adding one extra desorption unit. Therefore, the 2-unit external
desorption layout had the best performance in the widest range of operating conditions. With
2-unit external desorption layout, the lowest energy consumption of all the conditions theo-
retically investigated was achieved at 138 kJ mol! CO2 at Li+ = 0.6, current density of 200
A m, recirculation ratio of 50, and 0.2 M sulphate addition.

The developed model can perfectly describe the equilibrium conditions of the electro-
chemical system. However, it has its limitation on predicting the energy consumption of the
system due to an underestimation of potential drops at membrane and electrode surfaces. At
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the anode, the possible flooding of the gas diffusion electrode limited the transport of Ha to
the surface of the electrode, which led to an increasing concentration overpotential at higher

current density. '8!

At the cathode, the formation of Hz gas bubbles reduced the effective area
of the electrode and increased local current density, which increased the cathode overpoten-
tial.'32183 We observed an increasing discrepancy of energy consumption between the exper-
imental and the simulated results with higher current densities (Figure S5.9). Future research
should focus on integrating these boundary effects into the model to make better prediction

on the energy performance of the system.

5.4. Conclusions

In this work, we have performed a theoretical study on an electrochemical alkaline DAC
absorbent regeneration process. First, the modeling results provided insights into the effects
of recirculation ratio, current density, and SO4* concentration on the system. Increasing of
the recirculation ratio reduced the electrical energy consumption of the electrochemical cell
but resulted in higher pumping energy requirements. While the effects of the recirculation
ratio become less significant at higher values, the optimal recirculation ratio is achieved when

the tradeoff between the cell energy consumption and the cost on pumping energy is balanced.

The increase of current density promoted the CO2 production rates of the system, which
would be favorable for large-scale application. However, the energy consumption of the elec-
trochemical cell also increased at a higher current density. The SO4> addition as background
electrolyte reduced the energy consumption, and the optimal L+ to achieve the minimum
energy consumption shifted towards lower L+ value with higher SO4* concentration. Nev-
ertheless, the addition of SO4* reduced the CO: capture capacity of the absorbent, which
needs to be considered when choosing the optimal concentration for SO4>* addition. Moreo-
ver, we compared three process layouts to investigate the benefits of desorbing CO> exter-
nally of the electrochemical cell. The 2-unit external desorption layout combined the benefits
of both internal and 1-unit external desorption layouts, making it the most energy-efficient
option across a wide range of operating conditions. Among all the investigated conditions,
the lowest energy consumption achieved was 128 kJ mol™! COz, which makes this technology
a promising candidate for DAC absorbent regeneration. Finally, future studies should focus
on the quantification of the boundary conditions of the membrane and electrode surfaces to
have a better understanding on the practical energy performance of the system.
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Supporting Information

Effects of recirculation ratio

The simulated results for the pH of the mixed solution of the influent and the acidifying
circulation (S3) in 1-unit external desorption layout are plotted in Figure S5.1. The simula-
tion conditions are current density of 200 A m™, sulphate concentration of 0.1 M, and recir-
culation ratio varies from 5 to 50.
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Figure S5.1. Model predictions of the pH of S3 for 1-unit external desorption layout at different recircula-
tion ratio (5, 10, 20, 30, 40, and 50). Current density: 200 A m-2, sulphate concentration: 0.1 M. S3 is the
mixed solution of the influent and the acidifying circulation.

The simulated results for the CO:z void fraction in the acidifying compartment and CO»
production rate are depicted in Figure S5.2. The simulation conditions are current density of
200 A m?, sulphate concentration of 0.1 M, and recirculation ratio varies from 10 to 50.
Noticeably, the CO: production rate remained constant with varying recirculation ratios.
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Figure S5.2. Model predictions of process performance for 2-unit external desorption layout at different
recirculation ratio (10, 20, 30, 40, and 50). Current density: 200 A m-2, sulphate concentration: 0.1 M. (a)
CO, void fraction in the acidifying compartment; (b) CO. production rate. The CO, production rate lines
are overlapping with each other.

When the solution in the cell is not actively circulated, the recirculation ratio equals to
1. The simulated energy consumption of the cell at recirculation ratio of 1, current density of
200 A m?, and sulphate concentration of 0.1 M is shown in Figure S5.3.
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Figure S5.3. Model predictions of the energy consumption for 1-unit external desorption layout at recir-
culation ratio of 1 (no circulation), current density of 200 A m2, and sulphate concentration of 0.1 M.
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Effects of current density

The simulated results for the CO:2 production rate with varying current densities from 200 to
1000 A m? in 1-unit external desorption layout are plotted in Figure S5.4. The simulation
conditions are recirculation ratio of 10 and sulphate concentration of 0.1 M.
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Figure S5.4. Simulated results of the CO, production rate for 1-unit external desorption layout with differ-
ent current densities (200 — 1000 A m-2). Recirculation ratio: 10, sulphate concentration: 0.1 M.

The simulated results for the pH of the acidifying compartment effluent (S4) in 1-unit
external desorption layout are plotted in Figure S5.5. The simulation conditions are current
density of 200 — 1000 A m™, sulphate concentration of 0.1 M, and recirculation ratio of 10
(Figure S5.5a) and 50 (Figure S5.5b).
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Figure S5.5. Model predictions of the pH of S4 for 1-unit external desorption layout at different current
densities (200 — 1000 A m-2). Recirculation ratio: (a) 10, (b) 50, sulphate concentration: 0.1 M. S4 is the
effluent of the acidifying compartment.

Effects of sulphate concentration

The simulated results for the COz void fraction in the acidifying compartment of different
process layouts with 0.1 M or 0.2 M SO4> addition are plotted in Figure S5.6. The CO> void
fractions of the internal and 2-unit external desorption layouts are identical at sulphate con-
centration of 0.1 M.
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Figure S5.6. Simulated results of the CO, void fraction in the acidifying compartment for different process
layouts with different amount of sulphate addition (solid line: 0.1 M, dashed line: 0.2 M). The current
density was 200 A m-2, while the recirculation ratio was fixed at 10. The CO, void fraction of the internal
and 2-unit external desorption layouts overlap with each other at sulphate concentration of 0.1 M.

General perspectives

The simulated results for the pH of the acidifying compartment inlet and the CO: void frac-
tion in the acidifying compartment in different process layouts are plotted in Figure S5.7.
The current density was 200 A m?, the sulphate concentration was 0.1 M, and the recircula-
tion ratio was fixed at 10. The simulation results for internal and 2-unit external desorption
layouts were identical for both pH and CO: void fraction.
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Figure S5.7. Simulated results of (a) the pH of the acidifying compartment inlet (S2 for internal desorption
layout, S3 for external desorption layouts) and (b) CO; void fraction in the acidifying compartment for
different process layouts. The current density was 200 A m-2, the sulphate concentration was 0.1 M, and
the recirculation ratio was fixed at 10. The results for internal and 2-unit external desorption layouts (grey
line and blue line) are identical for both pH and CO, void fraction.

We have designed experiments to compare the performance of the system with either
internal or 1-unit external desorption layout. The schematic drawing of the experimental
setup is shown in Figure S5.8. The materials used in the setup is the same as the ones de-
scribed in our previous work (Shu et al, Optimization of an electrochemical direct air capture
process with decreased CO2 desorption pressure and addition of background electrolyte, un-
der review). To be noted, in the experiments, the circulation flow rate of both the acidifying
solution and the catholyte circulation were kept constant at 100 mL min™'. Thus, the recircu-
lation ratio in the experiments was a variable solely dependent on the influent flow rate that
was determined by applied current density and Ly+.
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Figure S5.8. Schematic representation of the electrochemical process for the regeneration of alkaline
DAC absorbent. Influent: spent alkaline absorbent from the absorber. Effluent: regenerated absorbent to
send to the absorber. MEA = membrane electrode assembly, CEM = cation exchange membrane. The
influent mixes with the acidifying solution circulation at either highlighted location for internal desorption

or 1-unit external desorption layout.

We have performed the experiments with current densities ranging from 200 to 1000 A
m™, while the L+ remained constant at 0.8 and the sulphate concentration was 0.1 M. The
experimental results and the corresponding model simulation results are shown in Figure

S5.9.
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Figure S5.9. Experimental (solid symbols) and simulated (hollow symbols) results with internal and 1-unit
external desorption layouts with fixed Li+ = 0.8 under current density ranging from 200 to 1000 A m-2.
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Chapter 6

In this thesis, we explored a direct air capture (DAC) process that combined wet scrubbing
or solid-sorbent adsorption with a Hz-recycling electrochemical system (HRES) for the re-
generation of the sorbents. The focus of this study is on the performance of HRES regenera-
tion system and the integration with the solid-sorbent adsorption step. We demonstrated the
proof of concept of the electrochemical system in Chapter 2, the results proved the feasibility
of using it for regenerating spent alkaline absorbents from DAC wet scrubbing process. In
Chapter 3, we investigated the CO2 adsorption using electrochemically regenerated anion
exchange resins (AERs). The HRES was integrated with an adsorption column packed with
AERs, and the produced alkaline solution from the electrochemical cell regenerated the res-
ins and increased the CO2 capture capacity of the resins. As the performance and reliability
of the process have been demonstrated, the following chapters focused on the optimization
of the electrochemical system aiming to reduce the energy consumption. In Chapter 4, we
achieved a reduced energy consumption by decreasing the CO2 desorption pressure and add-
ing background electrolyte (i.e., phosphate or sulphate). In Chapter 5, we used theoretical
simulation to investigate the performance of the electrochemical system and indicated the
optimal operating conditions and process layout.

In this chapter, we will compare the developed technology with other carbon capture
processes and discuss the application potential of the technology. Moreover, we identify the
limitations of the technology and propose future research directions. Finally, we give some
concluding remarks to put the developed technology into a broader context of closing global
carbon cycle.

6.1. Comparison of carbon capture technologies

6.1.1. Direct air capture versus trees

One of the biggest doubts from general public on development of DAC technologies is the
necessity of the investment while simple and straightforward solutions (e.g., planting more
trees) are already available. Indeed, afforestation and reforestation are very important miti-
gation options for climate change. They can also bring additional benefits including enhanced
biodiversity and improved soil carbon and nutrient cycles. However, there are risks associ-
ated with afforestation and reforestation, such as lower groundwater levels and competition
with food production for land use.>*37 In contrast, DAC technologies have the advantages of
high capture efficiency and long-term storage reliability.

According to European Environment Agency (EEA), a mature tree can capture 22
kgCO2 per annum.'3* Comparing with the commercial DAC plant Orca that has a carbon
capture capacity of 4 ktCO: per annum,'® to achieve the same amount of carbon removal
from atmosphere, approximately 182000 trees need to be planted. So many mature trees
would occupy more than 1 km? (10° m?) of land. In comparison, the land use of the Orca
plant is only about 1700 m?. Hence, the DAC technology is more than 500 times more
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efficient than planting trees. Moreover, the electrochemical process developed in this thesis
can further reduce the land use of the DAC process, as the land use of heat exchange modules
can be saved due to the room temperature operation. Furthermore, if the electrochemical
process is considered to be fully powered by solar energy, the land occupation of the solar
panels is estimated to be less than 5% of the trees. To achieve the climate goals of 1.5°C,
DAC is expected to remove CO2 from the atmosphere in the scale of several GtCO> per an-
num, which would translate to millions km? of land full of trees. Therefore, it is not realistic
to only rely on the CO2 removal capacities of trees to mitigate climate change, and DAC
works as an efficient complementary approach to reach climate goals. Finally, trees can only
store CO:z over their lifetime (on average 100 years), so the permanent underground storage
of CO2 through DAC is a more reliable long-term CO: reduction solution.

6.1.2. pH-swing-based technologies

As the source of CO» capture and the applied current density vary significantly in each study,
it is hard to directly compare the performance of the electrochemical system developed in
this thesis with other existing technologies. The energy consumptions of this work and other
existing electrochemical carbon capture technologies are listed in Table 6.1. In this discus-
sion, we narrow down our focus on the pH-swing-based electrochemical carbon capture tech-
nologies, including technologies using bipolar membrane electrodialysis (BPMED) and pro-
ton-coupled electron transfer (PCET) molecules. We will discuss the effects of the source of
CO: capture and current density on the electrochemical systems and compare the perfor-
mance of the systems in terms of energy consumption and reliability.
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Table 6.1. Overview of the energy consumptions of this work and other existing electrochemical carbon
capture technologies.

Minimum energy consump-  Current den-
Capture method CO2 source 9y P

tion (kJ mol* CO2) sity (A m2)
Synthetic flue gas
MCDI55 40 0.2
(15% COz2)
BPMED#® KHCO3 100 50
K2COs 200 50
Synthetic flue gas
BPMED5! 52 180
(16% COz2)
Synthetic flue gas
EMARS? 30 40
(15% COz2)
pH swing with Synthetic flue gas 61 200
PCET molecules?®3 (15% CO2)
This work Air (400 ppm CO3) 247 150

Source of CO, capture

The COz partial pressure in the source of the carbon capture determines the molar ratio of
CO3?/HCOs in the feed solution of the electrochemical cell. When an alkaline absorbent is
used for COz capture from a flue gas containing 15% COz, the carbon species in the spent
solution is mostly HCOs™ based on COz equilibria. For DAC with 400 ppm of CO:z in the air,
the spent alkaline solution would have a CO32/HCOs3 molar ratio of about 3:2 at equilibrium.
It requires two-proton transfer (equivalent to two-electron transfer) to convert one CO3* to
H2CO:s and further desorb as COz gas, while the desorption of CO2 from HCOs™ only requires
one-proton transfer. Therefore, the theoretical minimum energy consumption for a pH-
swing-based technology is around 27% lower for capturing from flue gas than for DAC.

The other gases in the capture source also have effects on the performance of the system.
Based on our study, some of the impurities in flue gas might be beneficial for the operation
of inorganic pH-swing processes (e.g., HRES and BPMED) instead of just causing negative
effects. For instance, the dissolution of impurities, such as SOx and NOx, could add back-
ground anions in the (spent) absorbent. As demonstrated in Chapter 4 and 5, the addition of
background electrolytes reduced the energy consumption of the electrochemical system,
which provided a positive side of the impurities from flue gas. However, as also discussed in
previous chapters, a high concentration of background electrolytes reduced the capture ca-
pacity of the absorbent, which made the capture process less favorable. Moreover, it is not
clear if the dissolved impurities would appear in the desorbed gas stream CO». Hence, further
studies with such impurities are required to investigate the impact on the carbon capture pro-
cesses. Moreover, the reduced form of the PCET molecules is significantly reactive with
oxygen from the air, which restricts the application of the pH swing process with PCET
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molecules in DAC. Finally, to the best of our knowledge, this work is the first study on DAC
electrochemical system tested with real ambient air, which makes it one step further towards
the practical application of the technology in large-scale.

Current density

A high current density is desired for the large-scale application of an electrochemical carbon
capture system to reduce the capital expenditure (CAPEX) and the footprint of the system.
However, a higher current density generally leads to a higher energy consumption in an elec-
trochemical system, mainly due to the electrical resistance in the cell (e.g., resistance of the
bulk solutions, boundary layers, and gas bubbles) and the non-ideal behaviors of the mem-
branes and electrodes. All the above-mentioned technologies have a high energy consump-
tion under high current densities, which limits their applications.

Specifically for electrochemical carbon capture technologies, one of the challenges for
achieving lower energy consumption is to minimize the CO2 gas formation inside the cell.
When the spent absorbent is acidified inside the cell, COz gas is formed that adds additional
electrical resistance and reduces effective areas of membranes and electrodes. Different
methods have been proposed for reducing the gas formation inside the cell, including high-
pressure operation of BPMED ¢! and external desorption layouts we proposed in Chapter 5.
Nevertheless, one operating parameter, the flow velocity inside the electrochemical cell com-
partments, is often overlooked. In Chapter 5, we demonstrated that it is essential to circulate
the solution in each compartment to increase the flow velocity and reduce the negative effects
from gas bubbles. When the circulation of solution is fast enough, the effects of the gas bub-
bles can be eliminated. On the other hand, a higher flow velocity leads to a higher pressure
drop over the cell, which results in an increase of pumping energy. Therefore, it is crucial for
future techno-economic studies on electrochemical carbon capture technologies to take the
circulation of solutions into account to determine the optimal operating conditions for the
system.

Reliability

One of the advantages of the HRES comparing to BPMED is that there is no net production
of Oz and Ha. The H» production at the cathode of the HRES is consumed at the anode. In
BPMED, the electrode reactions produce O: at the anode and H» at the cathode. Although
both gases are valuable products, the handling of the flammable and explosive gases would
introduce extra risks to the DAC plant. Moreover, the HRES establishes the pH swing based
on an inorganic solution, which is safer and stabler than the organic solution like PCET mol-
ecules that might degrade and produce carcinogenic compounds. Finally, the HRES uses in-
dustry-proved components that guarantee its stability in long-term operation. The membrane
electrode assembly (MEA) and ion exchange membranes used in the cell are widely used in
proton-exchange membrane fuel cells and electrolyzers, which has been operated stable at
high current density (> 5 kA m) and high temperature (around 80°C).58
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6.1.3. lon-exchange-resin-based technologies

While amine-functionalized ion exchange resins (AERs) are eligible adsorbents for DAC,
the electrochemical regeneration of the AERs showed several advantages over the thermal
swing and moisture swing processes, including the resin stability and COz capture capacity.

In a thermal swing process with AERs, COz is captured by the resins under room tem-
perature, and the regeneration of the resins is performed by heating up the resins to around
105°C.'""L12 I practice, air needs to be evacuated before heating up the resins, as the oxida-
tive degradation of the functional groups on the resins occurs at temperatures higher than
60°C.!'3 Even without Oz, Parvazinia et al. reported 5% degradation of the resins after 275
adsorption-desorption cycles.''?> On the other hand, the chemical regeneration of the resins
using the alkaline solution produced by the electrochemical cell, due to the room temperature
operation, showed great stability with no apparent degradation of the resins over 150 adsorp-
tion-desorption cycles.

In a moisture swing process, CO2 can be adsorbed by dry resins and desorbed when the
resins are wet. The CO; capture capacity of the resins was reported to be 0.86 mmol g dry
resins for DAC, and this capacity decreases with increasing humidity of the air.!'%!8¢ In com-
parison, when the resins are regenerated with an electrochemical system, the highest CO2
capture capacity achieved in the experiments was 1.76 mmol g dry resins for DAC, with
part of the capacity provided by the residual alkaline solution on the resin surface after the
regeneration step. The electrochemically regenerated resins also showed a relatively high
capacity with a humid air, as the capacity decreased only 22% with the relative humidity of
the air source increased from 33 to 84%.

6.2. Challenges and perspectives on future research

6.2.1. CO: leakage

In Chapter 2 and 4, the experimental results and the simulated results showed a discrepancy
in CO:z production rate, which was likely due to the leakage of CO2 from the system. The
leakage of CO2 could occur externally or internally of the cell. Externally, the desorbed CO»
gas could leak from the membrane contactor, tubing, or connectors when the setup was not
entirely gas tight. Internally, when the removal of CO2 gas by the membrane contactor was
incomplete, CO2 could be carried by the overflow solution from the acidifying compartment
to the cathode compartment. Moreover, the neutral carbon species (H2CO3") can permeate
through the ion exchange membranes driven by a concentration gradient. Hence, the H2CO3"
in the acidifying compartment can diffuse through the MEA or the CEM and leak to the
anode or cathode compartment, respectively.

The external leakage of CO2 would be mainly affected by the residence time of the
solution in the electrochemical system, as the chance for the external leakage is bigger with
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a longer residence time. Furthermore, the internal leakage would be affected by the removal
efficiency of the membrane contactor and the production rate of CO>. The removal efficiency
of the membrane contactor was determined by the driving force of CO2 desorption from lig-
uid phase to gas phase (i.e., COz partial pressure difference between the liquid and gas side
of the membrane contactor). A higher production rate of CO2 led to the increase of CO»
concentration (partial pressure) in the acidifying solution, which facilitates the desorption of
CO: in the membrane contactor but also the leakage of CO> through the membranes to other
compartments. We took the experiments with decreased COz desorption pressure in Chapter
4 as an example to plot the CO2 leakage ratio ((simulated CO> production rate — experimental
CO: production rate) / simulated CO2 production rate) of these experiments in Figure 6.1.
The results of Condition 1 and 2 showed a higher COz leakage ratio with higher CO2 desorp-
tion pressure, probably due to the insufficient removal efficiency at the membrane contactor.
The slight difference in residence time of these two conditions due to different Lg+ did not
show a clear impact on the leakage of CO». The residence time of the solution in Condition
3 was 25% shorter than in Condition 1 because of the increase of current density, which
resulted in lower CO> leakage ratios in Condition 3. In Condition 3, due to the high CO2
production rate and short residence time, the impact of the CO» desorption pressure became
less significant.
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Figure 6.1. CO, leakage ratio of the decrease CO, desorption pressure experiments in Chapter 4. Con-
dition 1: j. = 150 A m2, Lg+ = 0.8, 0.1 M phosphate buffer; condition 2: j. = 150 A m2, Ly+ =0.9, 0.1 M
phosphate buffer; condition 3: j. = 200 A m2, Lx+ = 0.8, 0.1M phosphate buffer. j. is the applied current
density, L+ is the load ratio of K+.

Finally, for large-scale application of the HRES, the external leakage should be avoided

by a gas-tight design. The internal leakage can be minimized by improving the CO2 removal
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efficiency of the degassing unit and developing more selective ion exchange membranes to
prevent the transport of non-charged CO: species from transporting through the membrane.

6.2.2. Modelling of the electrochemical system

In Chapter 2 to 5, we developed and improved a mathematical model to simulate the perfor-
mance of the HRES. Although the model was validated by the experimental results on pre-
dicting the equilibrium conditions in the system (i.e., pH, conductivity, and solution compo-
sitions), it is still challenging to predict the energy consumption of the system. Other than the
CO: leakage issue as stated in the previous section, the current model does not include the
boundary conditions on the surface of the electrodes and membranes, which leads to an un-
derestimation of the cell voltage and energy consumption.

A membrane electrode assembly (MEA) containing a gas diffusion electrode (GDE)
and a cation exchange membrane (CEM) was used at the anode side of the electrochemical
cell (Figure 6.2). Although the GDE had a layer of hydrophobic coating, the flooding of the
electrode would still happen due to the non-ideal performance of the coating.'®! The flooding
of the GDE limited the transport of H> to the catalytic layer of the electrode where it can be
oxidized. As a result, due to the limited access of Ha at the electrode surface, the concentra-
tion overpotential at the anode increased. Moreover, on the other side of the MEA, the H"
and HCOs™ were both transported towards the surface of the CEM under the electrical field.
The low local pH led to the formation of H2COs and evolution of CO2 gas. The formation of
electroneutral species decreased the conductivity on the surface of the CEM, which caused a
large potential loss. In Chapter 4, we demonstrated the benefits of adding background elec-
trolytes to the acidifying solution that provided extra conductivity at the membrane surface.
However, due to the extremely low local pH at the surface of the CEM, the evolution of CO2
gas was not avoidable, which increased the potential drop in the cell by adding extra re-
sistance and reducing effective membrane area.
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Figure 6.2. Boundary effects on the surfaces of the gas diffusion electrode (GDE) and the cation ex-
change membrane (CEM). MEA: membrane electrode assembly.

Electrode flooding has been studied extensively in fuel cell and CO: reduction applica-
tions, and improvements have been proposed regarding the modification of the material and
structural properties of the MEA. %7188 Further studies are required to investigate the appli-
cation of these improvement methods in an HRES cell. Furthermore, the CO2 formation phe-
nomenon at the membrane surface needs more quantification methods (e.g., measuring local
pH to quantify the amount of CO> gas formed) to better understand the behavior and include
in the model.

6.2.3. Effects of background electrolytes

In Chapter 3, we have combined the electrochemical system with an adsorption step using
amine-functionalized AERs, where the AERs were used as the CO: sorbent and the alkaline

solution produced by the electrochemical cell was used to regenerate the COz-saturated AERs.

We showed the stability of the resins in 150 adsorption-desorption cycles with no measurable
degradation. Moreover, in Chapter 4 and 5, we have demonstrated both experimentally and
theoretically the positive impact of sulphate (background electrolyte) addition in the absor-
bent on the energy performance of the electrochemical cell. However, the effects of the sul-
phate addition on the performance of the adsorption step remains unclear. Therefore, we ex-
perimentally studied the difference in carbon capture capacity of AERs using alkaline solu-
tion with or without addition of sulphate as background electrolyte. We have first performed
17 adsorption-desorption cycles while the resins were regenerated with 1 M KOH solution.
The average amount of CO2 adsorption in these 17 cycles, 0.72 mmol CO: g! dry resins, was
considered as the maximum adsorption amount under the operating condition. Then another
34 adsorption-desorption cycles were performed with the resins regenerated by 0.8 M KOH
mixed with 0.1 M K2SO4. The proportional change of the CO2 adsorption amount has been
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plotted in Figure 6.3, and it showed a 30% decrease with 0.1 M SO4> addition in the regen-
eration solution.
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Figure 6.3. Proportional change of CO, adsorption amount in repeated adsorption-desorption cycles. The
adsorption steps were performed with ambient air, while the resins were regenerated with either 1 M KOH
or 0.8 M KOH mixed with 0.1 M K-SO,. The average amount of CO; adsorption in the 17 cycles with pure
KOH regeneration was counted as 100%, then the proportional CO, adsorption amount of each cycle was
calculated accordingly.

The amount of CO: that can be captured by the resins is primarily determined by the
available sites of OH on the surface of the resins. With a complete regeneration using pure
KOH, all the resins can be regenerated to OH™ form that have the maximum capacity for CO2
capture. The addition of SO4> in the regeneration solution has changed the equilibrium dur-
ing regeneration. The quaternary amine groups on the surface of the resins have higher affin-
ity towards divalent ions.'®® As a result, using the mixture of 0.8 M KOH and 0.1 M K2SO4
as the regeneration solution, the SO4* ions occupied more than 20% of the quaternary amine
groups after regeneration, while less than 80% of the functional groups can be regenerated to
OH form. Moreover, the selectivity of SO4> was also higher than CO3*, so the exchange of
SO4* ions with CO3” ions during the adsorption step was not favored. Furthermore, with a
fixed composition of the regeneration solution, the ions in the solution and the ions on the
resins reached the same equilibrium state in every cycle. Therefore, we observed the stable
adsorption behavior in 34 cycles showing that the SO4* ions did not accumulate in the resins.
Finally, due to the reduced CO: adsorption amount when regenerated with SO4>" added solu-
tion, the process required more operational cycles or larger quantity of resins to achieve the
same desired amount of CO:2 capture. This extra cost in the adsorption step needs to be
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assessed together with the benefit on energy consumption of the electrochemical cell to de-
termine the optimal concentration of SO4> addition.

6.3. Towards a sustainable carbon cycle

The carbon cycle describes the flow of carbon atoms among various carbon reservoirs on
Earth, including the atmosphere, land, oceans, and living organisms. The balance of the
global carbon cycle plays a crucial role in regulating the Earth climate, making Earth a livable
planet for human beings. However, human activities, such as the burning of fossil fuels and
deforestation, have significantly perturbed the carbon cycle.!*® These activities have rapidly
released the carbon from fossil fuels and biomass into the atmosphere, resulting in a sharp
increase of the atmospheric CO2 concentration. The increase of CO2 concentration in the
atmosphere has led to a warming planet and other climate changes. To mitigate the risks of
the climate change, the Intergovernmental Panel on Climate Change (IPCC) has set the goal
of reaching net-zero emissions, which is also the way to move towards a sustainable carbon
cycle.

The work of this thesis will contribute to the sustainable carbon cycle in two aspects:
reducing atmospheric CO2 concentration and providing a net-negative source of carbon. The
developed electrochemical DAC technology can capture CO: from the atmosphere, and it is
crucial for counterbalancing hard-to-eliminate emissions. The electrochemical process can
be fully powered by renewable energy, which leads to a carbon-net-negative production of
high-purity CO2 gas. While the captured CO:2 can be permanently stored underground to
reach the climate goals, it also provides a sustainable source of carbon for CO2 conversion to

fuels'?»1°2) chemicals'®*'**, and production of microalgae'*>!%. Therefore, with support of
renewable energy, electrochemical DAC and the utilization of the captured CO2 will create

a closed sustainable carbon cycle.

Closing the carbon cycle will require a coordinated effort from individuals, businesses,
and governments. By taking actions to reduce our carbon emissions and increase carbon re-
moval, we can help to mitigate the impacts of climate change and create a more sustainable
future.
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Human activities, such as the burning of fossil fuels and deforestation, have increased the
concentration of greenhouse gases (GHGs) in the atmosphere, contributing to global climate
change. The resulting increase in the global average surface temperature by approximately
1.1°C since the late 19th century is damaging the living conditions on Earth, including trig-
gering more frequent wildfires and causing longer periods of drought. The Paris Agreement,
an international treaty on climate change, aims to limit global warming in this century to well
below 2°C and preferably to 1.5°C. However, the current climate actions are inadequate to
achieve the targets without immediate and deep emissions reductions across all sectors. It is
crucial to implement sustainable strategies to reduce the atmospheric concentration of GHGs
and mitigate the impacts of climate change. Strategies, including the deployment of electri-
fication and development of renewable energy, will reduce the emissions of GHGs and pro-
vide a wide access to renewable electricity. Moreover, technologies that can remove atmos-
pheric COz, the main climate change driver, are essential to achieve the net-zero emission
goals. Therefore, in this thesis, I designed and developed an electrochemical direct air capture
(DAC) system, aiming to reduce the atmospheric CO2 concentration and produce high-purity
CO: gas for further sequestration.

Conventional technologies based on alkaline absorbents have been demonstrated on a
full scale for DAC. However, the regeneration of the spent alkaline absorbents requires a
high temperature and is highly energy-demanding. In Chapter 2, a Ha-recycling electro-
chemical system (HRES) was experimentally demonstrated for simultaneous absorbent re-
generation and COz desorption. With H> oxidation and evolution reactions, a pH gradient
was established in two adjacent compartments of the electrochemical cell. CO2 was desorbed
from the spent absorbent at a low pH, while the alkaline absorbent was regenerated at a high
pH. The lowest experimental energy consumption was achieved at 374 kJ mol' CO: with a
current density of 50 A m, and the desorbed CO: gas had a purity higher than 95%. More-
over, up to 59% of the COz capture capacity of the absorbent could be regenerated under the
operating conditions investigated in this chapter. Finally, a mathematical model was devel-
oped to describe the performance of the system, and the simulation results showed a mini-
mum energy consumption of 164 kJ mol™! might be achieved.

In Chapter 3, the HRES was integrated with a CO> adsorption in a packed bed of
amine-functionalized anion exchange resins (AERs). Due to the reaction between CO2 and
the quaternary amine groups on the resins, the AERs can capture CO: directly from the at-
mosphere. In the integrated system, the resin bed was regenerated by the alkaline solution
produced in the cathode compartment of the HRES, while the spent regeneration solution
was acidified in the acidifying compartment to desorb high-purity CO: gas (>95%). A small
amount of the alkaline solution remained on the surface of the AERs after the regeneration
step, which was found to be providing additional CO2 capture capacity to the resins. After
the electrochemical regeneration, the CO2 capture capacity measured was up to 1.76 mmol
gl dry resins. Moreover, no apparent degradation of the resins was observed after 150
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adsorption-desorption cycles. Furthermore, the impact of the relative humidity of the air
source on the performance of the adsorption step was also investigated. With an increase of
relative humidity from 33% to 84%, the water loss of the process decreased by 63% while
CO: capture capacity decreased by 22%. The energy consumption of the HRES in this study
was 537 33 kJ mol! at 200 A m™, and the increase of the energy consumption comparing
to the previous chapter was attributed to the internal resistance of the cell and the increasing
electrode overpotentials at higher current densities.

As the performance and reliability of the process have been demonstrated, the following
chapters focused on the optimization of the electrochemical system aiming to reduce the en-
ergy consumption. In Chapter 4, two optimization strategies were investigated both experi-
mentally and theoretically, including decreasing the CO2 desorption pressure and adding
background electrolyte. A partial vacuum was applied to the degassing unit to increase the
driving force for the desorption of CO: and facilitate the removal of COz gas bubbles from
the electrochemical cell. When the CO» partial pressure for the desorbed CO2 was reduced
from 0.9 to 0.3 atm, the energy consumption of the electrochemical cell decreased by at least
12%. Moreover, phosphate and sulphate were added in the alkaline absorbent as background
electrolyte to provide additional conductivity in the cell. The reduced ohmic losses in the
bulk solutions and the boundary layers of the membranes have reduced the energy consump-
tion of the cell. However, the CO:2 production rate was limited by either the low total carbon
feeding rate or the high acidifying solution pH at higher concentrations of phosphate. Hence,
the optimal concentration for phosphate addition was 0.1 M. Furthermore, 0.1 M of sulphate
addition provided a lower energy consumption than 0.1 M of phosphate addition, as sulphate
had a higher molar conductivity than phosphate, and the lower pKa of sulphate helped main-
tain the high conductivity also on the surface of the membrane. Overall, the lowest energy
consumption was achieved experimentally at 247 kJ mol"! CO: with CO: partial pressure of
0.3 atm and 0.1 M of sulphate addition under current density of 150 A m. The model simu-
lation results on the equilibrium conditions of the system matched with the observations in
the experiments, but the energy consumption of the system was underestimated by the model.

One of the reasons for the underestimation of the model prediction was that the bubble
resistance was not included in the previously developed model. Thus, in Chapter 5, the
model was improved by including bubble resistance parameter and used to investigate the
effects of various process layouts and operating conditions on the performance of electro-
chemical regeneration process. According to the simulation results, the circulation of solution
in each compartment is crucial to reduce the gas bubble resistance. The energy consumption
decreased by 20% with the recirculation ratio increased from 5 to 10. Nevertheless, as the
gas bubble resistance was reduced with increasing recirculation ratio, the benefits from faster
circulation became less significant. Therefore, the optimal recirculation ratio required to bal-
ance the tradeoff between the reduction of bubble resistance and the investment in pumping
energy. Moreover, in the previous chapter, phosphate addition of more than 0.1 M did not
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benefit the energy consumption of the system. However, the model developed in this chapter
showed that the increasing concentration of SO4* as background electrolyte decreased the
energy consumption due to the lower pKa of sulphate than phosphate. Furthermore, a lower
current density was also demonstrated to be favorable for reducing the energy consumption,
although the COz production rate was limited at a low current density which would increase
the capital expenditure (CAPEX) and the footprint of the system. Finally, three process lay-
outs, including one internal desorption layout and two external desorption layouts, were sim-
ulated to investigate the effects on CO2 gas bubble formation. The 2-unit external desorption
layout, having a high COz desorption efficiency and a low amount of gas bubbles in the cell,
was shown to be the most energy efficient option. Among all the investigated conditions in
this chapter, the lowest energy consumption achieved was 128 kJ mol! COz, which made
this technology a promising candidate for DAC absorbent electrochemical regeneration.

Chapter 6 compared the DAC process developed in this thesis with existing technolo-
gies and concepts. The DAC process showed clear advantage to planting trees in terms of
less land use and more secured long-term storage. While comparing with other pH-swing-
based electrochemical technologies, the effects of the source of CO: capture and the current
density on the performance of the system have been discussed. Moreover, the challenges
during the development of the technology, including CO: leakage issues, modeling of the
electrochemical system, and the limitations of the absorption/adsorption step, have been ad-
dressed, and possible research directions regarding these challenges have been proposed.
Lastly, the vision towards a sustainable carbon cycle is shared.
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