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Chapter 1: Introduction to membrane
fractionation systems

Introduction

The development towards more sustainable production methods will lead to a more
efficient use of renewable natural resources and agrotechnological products. This is
not only important for the production of foods products, but also for the development
of new biotechnological production routes for specialty and bulk chemicals.

Many applications demand the availability of pure components or a specific fraction
of the feedstock, such as functional proteins from milk or enzymes produced by solid-
state fermentation. Since the desired components are often part of heterogeneous
mixtures, separation technology has gained more attention. Purification can often be
achieved by separation based on a difference in physical properties, as is illustrated
in table 1.

Because many feed streams in the food industry consist of suspended micro
particles in a liquid (e.g. milk) or a liquid (water) is used as a processing aid (e.g.
wheat processing), we focus on separation of these individual phases. This is in
contrast to molecular separation, where components are mixed on a molecular scale,
and different methods are required for fractionation.

Table 1: Principles for separation and examples of separation processes [1].

Principle Processes
Phase separation Density Centrifugation, sedimentation, flotation
Size Sieving, filtration, microfiltration, ultrafiltration

Surface properties
Surface tension

shear induced fractionation
Flotation, interfacial partitioning
Coalescers

Molecular separation

Surface adsorption
Complexation
Solubility

Volatility

Membranes (solubility
and diffusivity)

Chromatography, adsorption

lon exchange, reversible chemical complexation
Extraction, crystallization

Distillation, drying

Nandfiltration, reverse osmosis, dialysis,
electrodialysis, gas separation, pervaporation.




For suspended micro particles (0.1 - 10 ym), fractionation by centrifugation is hardly
possible, because their sedimentation velocity is too low and would therefore require
very high centrifugation velocities and high energy input. If the particles in the
mentioned size range have approximately the same charge, separation with an
electric field is not effective. For many systems, therefore, separation on size is the
method of choice, which can be realized by microfiltration. Further, microfiltration is
suitable for large scale production processes, because it is relatively easy to scale up
by parallelization of identical membrane modules (linear scale up).

Membranes

Microfiltration membranes are available in different varieties and can be
characterized by their morphology (structure, thickness) and pore geometry (size,
size distribution), which are both affected by the production method [2]. Morphology
can be symmetric (homogeneous) or asymmetric. Asymmetric membranes consist of
a support layer with large pore size, which is covered with a thin skin layer with small
pores. This results in a membrane with small pore size, while maintaining high
permeability and sufficient mechanical strength. High permeability is advantageous,
because the membrane can be operated at low transmembrane pressures. This
reduces the suction force acting on deposited particles on a pore and promotes the
release of such deposits.

The pores can be circular and straight (cylindrical pores), or form a connected
sponge-like network (tortuous path). Tortuous path membranes have no unique pore
size, but their pore size has a broad distribution, e.g. between 0.1 to 10 times their
nominal size, which makes them less suitable for fractionation purposes. Recently
developed membranes, such as metal membranes and microsieves can have
cylindrical pores with a well-defined pore shape and more uniform pore size
(deviation few %), and show high potential for fractionation purposes.

Microfiltration membranes are made from different materials, such as polymers,
ceramics, glass, metal and silicon, and are manufactured with different techniques:
phase-inversion (e.g. diffusion induced phase separation from vapor or liquid, or
thermally induced phase separation), track-etching, sintering (ceramic membranes),
spinodal decomposition (glass membranes), electro-deposition (metal membranes),
and photolithographic etching (microsieves), but this list is not exhaustive [2].
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In this research, we worked with conventional polymer membranes and microsieves
(fig. 1). The polymer membranes are produced by phase inversion and have a
tortuous structure with a broad pore size distribution. Phase-inversion membranes
are produced on commercial scale by different manufacturers and are relatively
inexpensive.

Figure 1: SEM photos of different membranes. Conventional polymer membrane (left), silicon
microsieve (middle), and polymer microsieve (right).

Microsieves are a novel type of membrane, which are manufactured from silicon
wafers with photolithographic techniques developed in the semi-conductor industry
[3, 4]. Because of their extremely thin active top layer, their relatively large porosity,
and their open support structure, the fluxes can be two or three orders of magnitude
larger than conventional membranes, even when using very low transmembrane
pressures.

Furthermore, these membranes have a flat silicon-nitride surface that is expected to
have minimal particle adsorption and a uniform pore size. These unique features
make microsieves interesting for membrane fractionation purposes. However,
because microsieve technology is relatively new, silicon microsieves are costly.
Microsieves are expected to become more price attractive when they can be mass
produced. The newest development in this field is the polymer microsieve that
combines properties of the silicon based microsieve (uniform pore size) with the use
of conventional polymer membranes (production by immersion precipitation) [5]. This
will also contribute to the attractiveness of microsieves.



Fractionation

In most current applications of microfiltration, it is sufficient to retain all particles from
the liquid. The purpose of fractionation of particle suspensions is however the
separation of smaller and larger particles. This is more complex, since the retention
of large particles should be combined with transmission of smaller particles through
the membrane (fig. 2).

/‘/‘9/‘

— .Q O Retentate

o volminn e

Membrane .l.l o ® AP
o

Feed

o Permeate

Figure 2: Schematic representation of membrane fractionation in cross flow.

Particle retention is based on size exclusion of the particles from the pores in the
membrane. It can be carried out in dead end and in cross flow mode. In dead end, all
the liquid is pushed through the membrane. The particles accumulate on the
membrane surface and form a cake layer. Initially, the membrane determines particle
retention, but as the pores in the cake layer are usually smaller than the membrane
pores, the cake layer will determine the retention of small particles soon afterwards.
In addition, the growing cake layer also increases the flow resistance. It is clear that
this situation is not desired. Therefore, cross flow filtration of the feed suspension
tangentially over the membrane is often applied. The cross flow mode induces
backtransport of particles from the membrane surface into the bulk of the feed.
Depending on the filtration regime (critical or sub-critical) [6], particles are taken up
by the cross flow again [7] or they may remain close to the membrane.
Besides the retention of larger particles, fractionation implies the transmission of
smaller particles through the membrane. However, even when the membrane pore
size allows the passage of the smaller particles through the membrane, they may still
be retained by a number of effects:
1) Large particles that are retained by the membrane can plug or block a pore,
thus preventing passage of liquid and/or smaller particles (complete blocking
mechanism). A tangential flow of the feed over the membrane will exert a
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tangential force on the large particle, and when this force is sufficiently large,
the particle will be taken up by the feed stream. However, if the particle is too
firmly attached to (or sucked on) the pore, it cannot be removed.

2) When large particles do not block individual pores, but are still retained, they
continue to accumulate on the membrane surface: a cake layer is formed. A
cake layer of larger particles on the membrane will have smaller internal pores
than the membrane, thus preventing the passage of smaller particles through
the cake layer, and through the membrane.

3) Even when the larger particles have no influence, the smaller particles that
ought to pass the membrane may cause plugging. Plugging of membrane
pores can occur by the formation of a bridge of smaller particles.

4) Besides bridging, the small particles can adsorb to the pore walls inside the
pores. This will reduce the effective pores size and may thus cause retention
of particles that are smaller than the original pore size.

All these effects have to be prevented for the realization of an effective and efficient
fractionation process. Effects 1 and 2 have been well described for membrane
filtration (for both dead end and cross flow filtration), while 3 and 4 were mainly
investigated for suspension flow through porous media in dead end mode. The
occurrence of these combined effects depends strongly on the feed composition
(relative particle sizes and concentrations), the membrane properties (surface
properties and interactions with feed liquid and particles) and the process conditions
(e.g. the flow velocity through the membrane and concentration [8, 9]). However,
discussion of the combination of retention and transmission processes is still
relatively scarce in literature and the interactions between particles of different sizes
during membrane fractionation are largely unknown. Therefore, fractionation of
particle suspensions clearly needs more investigation.

Aim of the research

The aim of the research reported in this thesis was to obtain more insight in
microfiltration processes for the fractionation of micro-sized particles (0.1 - 10 ym)
with small size differences. Given their potential especially for fractionation purposes,
special attention was paid to microsieves as an alternative for conventional polymer
and ceramic membranes.

The effects of microsieve design and process conditions (transmembrane pressure,
cross flow velocity) on particle deposition need to be investigated in depth for the
successful application of microsieves. The influence of flow dynamics was



investigated on pore/particle scale and on the scale of a microsieve pore field with
Computational Fluid Dynamics (CFD). These CFD simulations were performed with
the lattice Boltzmann (LB) method. Besides computer simulations, experimental
validation was performed. The effects of process conditions and feed composition on
fractionation were studied for polymer membranes and microsieves.

Outline of the thesis

A schematic outline of this thesis is depicted in figure 3. Chapter 2 describes different
fractionation stages for milk that are currently known from literature. In this review,
there is special attention to fouling and fouling control. Further, new membrane
technologies and the value of computer simulations are touched upon.

In chapter 3, the effects of pore size, pore geometry, and inter-pore distance are
evaluated with LB simulations. These effects were captured in a general criterion for
critical flux, which relates the microsieve pore design to the choice of process
conditions. Depending on the membrane process (filtration or fractionation) and the
filtration regime, different pore designs are recommended. This work is especially
relevant for the design of microsieves, since current micro-machining technology
allows the preparation of microsieves with pores of almost any shape.

In chapter 4, the design of a microsieve is evaluated on the scale of the complete
membrane or module, again with LB simulations. It was found that the design, and
more specifically the design of the support structure, is important for flux
maximization. The effect of the support structure on the flow was also demonstrated
experimentally.

Chapter 5 describes experiments on the transmission of mono-disperse latex
particles through polymer microsieves and conventional polymer membranes, and
the fractionation of bi- and tri-disperse latex suspensions. The feed composition and
process conditions (the transmembrane pressure and cross flow velocity) are related
to particle transmission and fractionation processes.

In chapter 6, a new method for 2D suspension flow is introduced in LB. Suspended
particles are treated as a continuous density field and the mass transfer is described
with a convection-diffusion model. Concentration polarization and cake layer
formation could be described accurately, and further, the model is used to evaluate
the effect of turbulence promoters and corrugated membranes.

Chapter 7 describes a 3D discrete particle simulation method that ultimately is to be
used for microfiltration. Because the particles are smaller than the grid cells on which
the fluid flow is solved, this approach is called a sub-grid particle method.
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The thesis is concluded in chapter 8 with a discussion of some practical implications
for membrane fractionation on industrial scale, and an outlook is given on the use of
computer simulations for the design and further understanding of fractionation
processes.

Chapter 2

Chapter 6 Chapter 5
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Figure 3: Schematic outline of this thesis: Chapter 1 introduction; Chapter 2 review about
membrane fractionation of milk; Chapter 3 pore geometry and pore field design; Chapter 4
microsieve design and pore-blocking; Chapter 5 transmission and fractionation of particle
suspensions; Chapter 6 model for suspension flow and concentration polarization; Chapter 7
discrete particle model with sub-grid particles.
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Chapter 2: Membrane fractionation of milk,
state of the art and challenges’

Abstract

Separation of milk into well-defined fractions will lead to a more optimal use of milk
components (milk fat, casein, serum proteins) and their functional properties. In
principle, membrane separation technology is well capable of large-scale
fractionation of milk. Membrane processes for the isolation of serum proteins from
whey, and the reduction of bacteria and spores in skimmed milk have already been
adopted by the dairy industry. Other separation steps, such as the separation and/or
fractionation of cream and the concentration of casein micelles, could become
feasible in the future.

In this paper, we give an overview of the current use of membranes in the
fractionation of milk and discuss recent developments in membrane technology.
Besides these different separation steps, we focus on the problem of fouling, which is
considered the limiting factor in milk filtration. Different strategies to avoid and to
decrease fouling are discussed, as well as their suitability in a fractionation process
for milk.

Further, new developments on computer modeling are discussed. Both analytical
models and Computational Fluid Dynamics (CFD) provide insight in the mechanisms
of fouling and can be used to evaluate different methods to control fouling and to
optimize process parameters. For the rational design of a milk fractionation process,
it is essential that research in various fields, such as new membranes, module
design, fouling control and modeling be carried out as part of an integrated approach
toward a radical new process.

Introduction

Milk is a constituent of many foods and food products. The functionality of the various
components in milk could be utilized more effectively if they were available
separately. Fractionated milk components enable a more constant quality of

! This chapter is published as: G. Brans, C.G.P.H. Schroén, R.G.M. van der Sman, R.M. Boom, Journal of
Membrane Science 243 (2004) 263.



consumer products (for example cheese) and the development of new products,
such as edible coatings and bio-active peptides. Therefore, milk fractionation will lead
to a more efficient and diverse use of milk. Further, working with concentrated
streams may reduce the transport of water significantly, having both economical and
environmental advantages.

Membrane separation technology seems a logical choice for the fractionation of milk,
because many milk components can be separated on size (fig 1.). Membranes are
already well established in the processing of whey and are gaining popularity in other
dairy applications [1]. However, full membrane fractionation of milk is hardly
described in literature; most papers focus on a single stage, such as the separation
and fractionation of fat globules for cream, the reduction of bacteria and spores in
skim milk, the concentration of casein micelles as pretreatment in cheese
manufacturing, and the purification of serum proteins for physico-chemical or
nutritional purposes.

Somatic cells
10 pm
Fat globules
1 pm Bacteria and spores
— MF
100 nm Casein micelles
Casein sub-micelles
10 nm
Serum proteins UK
1 nm Lactose
Salts NF

0.1nm Water RO

Figure 1: Components in milk: size indication and membrane processes. MF=microfiltration,
UF= ultrafiltration, NF=nanofiltration, RO=reverse osmosis.

Milk is a complex feed for membrane based fractionation, because of the broad
particle size distribution (1 nm - 20 um), high concentration of dispersed components
(13 w/w %), and natural variation. Current membrane processes for milk have a
rather low capacity due to strong flux decline by fouling and processes are energy
demanding because of the high cross-flow velocity that is required to control fouling.
Additionally, methods to control fouling have increased the complexity in equipment
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2. Membrane fractionation of milk, state of the art and challenges

and operation. In literature, various strategies have been described to reduce fouling.
The most relevant methods are discussed later in this paper.

Besides fouling, selectivity is an important issue for membrane fractionation of milk. A
number of factors is important in achieving a good combination of retention and
transmission of components in the feed. The first is uniformity in membrane pore
size. Due to poly-disperse pores, components that should be retained pass the
membrane through the larger pores. Smaller pores cause retention of components
that should be transmitted. Using traditional polymer membranes, milk fractions could
not be obtained in the desired purity, probably because of the wide pore size
distribution.

Secondly, it is important that the process conditions are similar over the whole
membrane area. This has led to the development of the Uniform Transmembrane
Pressure (UTP) concept, and Isoflux and Gradient Porosity (GP) membranes [2]. The
introduction of ceramic membranes and the use of the UTP concept enabled the
commercial application of membranes for the reduction of bacteria and spores. The
UTP concept maintains a constant transmembrane pressure over the length of the
module by applying a cross-flow at the permeate side [2]. Isoflux and GP membranes
have a spatial change in the membrane resistance to assure uniform process
conditions.

Thirdly, fouling affects selectivity. Depth fouling leads to smaller effective pores and
to different retention characteristics. Cake layer formation leads to a different
retention behavior, as the cake retains small particles that should pass the
membrane.

There is an ongoing search for new types of membranes with better properties, and
for improved process conditions. The development of membranes with narrow pore
size distribution, such as asymmetric ceramic membranes, track etched membranes
[3], silicon microsieves [4] and metal microfilters [5] in combination with optimized
process conditions, could lead to full fractionation of milk on production scale.

In this paper, we review different membrane processes that are reported for (partial)
fractionation of milk (section ). In section Il, we discuss different strategies to control
fouling and touch briefly upon the use of computer models for process design. In both
sections we will focus on large-scale applicability. The paper is concluded with some
statements on new developments that are useful or are even required to make
fractionation of milk feasible.
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Membrane processes for fractionation of milk

Milk can be considered as an emulsion of fat globules in an aqueous phase. The
aqueous phase consists of suspended and dissolved components, such as casein
micelles, serum proteins, lactose and salts. Besides the major components fat,
casein and lactose, milk contains valuable minor components that can be interesting
for specific isolation. A typical composition of milk is given in table 1. The composition
of milk varies per cow (race, age, stadium of lactation) and depends on the season,
climate and feed [6].

Table 1: Average composition of cow milk: concentration and size distribution [6].

Concentration in whole milk (g/l) Size range and average
(at weight average)
Water 87.1
Fat globules 4.0 0.1-15 um, average 3.4 um
Casein
(in micelles) 26 20-300 nm, average 110 nm
Serum proteins 0.7 3-6 nm
a lactalbumin 0.12 14 kKD
B lactoglobulin 0.32 18 kD
BSA 0.04 66 kD
proteose-pepton 0.08 4-40 kD
immunoglobulins 0.08 150-900 kD
lactoferrin 0.01 86 kD
transferrin 0.01 76 kD
others 0.04
Lactose 4.6 0.35 kD
Mineral substances 0.7
Organic acids 0.17
Other 0.15

Given the relatively high concentrations and broad particle size distribution, milk is a
challenging product for membrane fractionation. Many components are known to
cause fouling and therefore, we discuss strategies to control fouling in section II.
Because full fractionation of milk with membranes is not known from literature, we
focus on single stages that were reported. More specifically, we consider the
separation and/or fractionation of fat globules, the reduction of bacteria and spores in
skim milk, the concentration of casein micelles, and the purification of serum proteins
from cheese whey. In the next section, we will give an overview of the stages that are

12



2. Membrane fractionation of milk, state of the art and challenges

already available and which ones need further development for a full fractionation
process of milk.

a) Separation and fractionation of milk fat from whole milk

Although separation of fat with membranes is technically possible [7], the industry
generally uses centrifugation instead. Cream resulting from centrifugation contains
about 40 % fat. Possible advantages of membrane separation are a reduction in
energy consumption and less damage to shear sensitive components, such as the fat
globule membranes, when relatively low cross flow velocities are used. This can
result in enhanced stability of cream and improved sensory properties of consumer
products.

The diameter of the fat globules in raw milk is between 0.1 and 15 um, with an
average around 3.4 um. Milk fat consists of triacyl glycerols and is mainly present in
the form of dispersed fat globules. The fatty acid composition is diverse regarding
chain length and degree of saturation. This composition gives milk fat its specific
flavor and mouth feel. The fat globules are surrounded by a thin membrane, which
resembles a cell membrane. At room temperature, the fat is mostly solid. To avoid
clumping of milk fat globules, the separation of fat globules usually takes place
around 50°C.

Goudedranche and co-workers described the fractionation of milk fat globules with a
2 um ceramic membrane [8]. They did not report the size distribution of the fat
globules in the permeate and the retentate. The two milk fat fractions were evaluated
on their effect on texture and sensory properties of different consumer products
against the reference cream. Small fat globules gave products with finer texture,
which were appreciated more by the taste panel compared to products with large fat
globules and the reference cream [8].

The acceptance of membrane separation of milk fat in the future depends on the
extra commercial value of the products and the economics of the membrane process.
From a technical point of view, the process can be optimized with respect to
membrane choice and process parameters.

b) Removal of bacteria and spores from skim milk (cold pasteurization)

Microfiltration (MF) can reduce the amount of bacteria and spores without affecting
the taste of the milk (as in UHT) and provides longer shelf life than pasteurization.
Decimal reduction factors for MF are higher than for bactofugation, which is the
reduction of bacteria and spores by centrifugation [9]. Besides the production of
consumption milk with extended shelf life, this method can be used as pretreatment

13



of skim milk for the production of raw milk cheeses [10] and the reduction of spores in
acid cheese milk. The size distribution of bacteria in milk is 0.4-2.0 yum and therewith
partly overlapping with the fat globules.

Saboya and Maubois described the use of ceramic membranes with pore size 1.4 um
operated at a uniform transmembrane pressure of 50 kPa and a cross-flow velocity of
7.2 m/s. The flux was around 1.4:10* m/s and the decimal reduction factor of
bacteria and spores was above 3.5 [2]. Guerra and co-workers could achieve the
same flux at lower cross-flow velocities (0.5-1 m/s) with a reversed asymmetric
membrane with pore size 0.87 um and an optimized backpulsing system [11]. In their
experiments, the frequency of backpulsing was between 0.2 and 1 s and the
duration of the pulse was 0.022 s. Bacteria and spores were reduced by a decimal
factor between 4 and 5 with 100 % transmission of casein micelles and a flux of
1.4-10"* m/s. A commercial process for the reduction of bacteria and spores with
membranes is available under the name Bactocatch and several hundreds of these
systems are operational for the production of consumption milk [1]. It is operated at
high cross-flow velocities, typically 6 to 8 m/s and uses ceramic membranes [12].

A recent development is the microsieve, which is made with micro-machining
technology. Microsieves have a narrow pore size distribution and a smooth inert
silicon nitride surface. Further, their hydrodynamic resistance is very low, allowing
extremely low transmembrane pressures. Transmembrane pressure can be two
orders of magnitude lower compared to conventional membranes. This lowers the
suction force on deposits and reduces the tendency to foul significantly. Using laser
interference lithography, it is possible to produce pore sizes as small as 0.1 um [4].
Van Rijn and Kromkamp [13] described the use of microsieves to reduce the amount
of bacteria in milk. Bacterial reduction by a decimal factor of 6.6 could be reached by
filtering simulated milk ultra filtrate (‘"SMUF’), inoculated with Bacillus subtilis over a
0.5 um microsieve in dead-end filtration [13]. With microsieves, a high reduction of
bacteria can be achieved at low transmembrane pressure, since these membranes
have very high permeabilities. Hence, the use of microsieves seems very promising.
In the reduction of bacteria and spores, both fouling control (related to capacity) and
selectivity are important. Fouling mechanisms are complete pore blocking by bacteria
and spores, partial pore blocking by bridging of casein micelles, adsorption to the
membrane surface of serum proteins and in-pore fouling by serum proteins.
Selectivity is important, because bacteria and spores must be retained as much as
possible, while other milk components should pass the membrane.

14
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c) Concentration of casein micelles from skim milk

Concentrated casein micelles can be recombined with cream for the production of
cheese. Other applications include standardization of milk and production of dried
native casein for food applications. The permeate of the casein concentration
process is a better starting material for the purification of serum proteins than cheese
whey.

Whole milk contains 2.6 % w/w casein, but the volume fraction of the micelles can be
as much as 10 % of the milk. Besides casein, the micelles consist of calcium,
phosphate and water. The voluminosity of the casein micelles is 4.0 ml/g. On the

outside, they have a ‘hairy’ k-casein surface. These ‘hairs’ (glycomacropeptide)
cause steric hindrance and prevent aggregation of the casein micelles in milk. The
diameter of the micelles is between 20 and 300 nm with an average of about 110 nm
[6].

The native casein micelles can be concentrated from skim milk by ceramic
membranes with pore sizes between 0.05 and 0.2 um. To minimize fouling, relatively
high cross-flow velocities are used, often in combination with the UTP concept.

At a cross-flow velocity of 6.9 m/s, Pouliot and co-workers could achieve a flux of
2.5:10° m/s during concentration to a factor 3. They operated a 0.22 um Ceraflo
membrane at a transmembrane pressure of 190 kPa [14]. This is comparable with
the results of Vadi and Rizvi who found a flux of 1.9-10° m/s for a concentration
factor 2, using a 0.2 um Membralox ceramic membrane with a transmembrane
pressure of 193 kPa and a cross-flow velocity of 7.2 m/s. At concentration factor 10,
the flux was still 1.3:10° m/s [15]. Punidadas and Rizvi reached a somewhat higher
flux of 3.1-10"° m/s for concentration factor 2, at a cross-flow velocity of 5.4 m/s. They
used a 0.05 um asymmetric Ceramem membrane and a transmembrane pressure of
138 kPa [16].

Despite the use of different membranes with different pore sizes and transmembrane
pressures, similar fluxes have been reported. This might indicate that experiments
were in the pressure independent flux regime and the flux was equal to the critical
flux. The critical flux theory is discussed in the section on fouling. Higher fluxes can
be obtained by changing the hydrodynamics in the module. Krstic and co-workers
describe the use of turbulence promoters in 0.05, 0.1 and 0.2 um Membralox ceramic
membranes. By inserting a Kenics static mixer in the membrane tubes, they reached
flux improvements up to 500 % at transient Reynolds numbers. Besides increasing
the flux, the insert improved cleaning. The flux increased from 1.7:10° to 9.7-10° m/s
at a cross-flow velocity of 0.45 m/s for the 0.1 um membrane at a transmembrane
pressure of 34 kPa (concentration factor 1). With a transmembrane pressure of 65
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kPa, and cross-flow velocity of 12.5 m/s, a flux of 2.5:10 m/s was reached, which is
a considerable improvement compared to the studies presented previously [17].

To get membrane-based concentration of casein widely accepted in industry, the
performance needs to improve. Papadatos and co-workers published an economic
study on the feasibility of MF in cheese making for Northern America [18]. Based on
prices in the period 1998-2000, they found higher net revenues for both Cheddar and
mozzarella cheeses produced by MF in 30 out of the 36 months. There was no
difference in revenues between twofold and threefold concentration of casein.

In the concentration of casein micelles, fouling control is more important than
selectivity, as compared to the process for the reduction of bacteria and spores.
Selectivity is less important, because some whey protein will always be present in the
concentrated casein stream and casein that passes the membrane will end up in
whey protein concentrate. This affects the economics of the process, because
recovery of serum proteins from cheese whey becomes more complicated while the
cheese yields decrease. Sometimes, traditional ultrafiltration (UF) is used as
pretreatment for cheese. An advantage of UF is the cheaper equipment: a polymer
membrane is used instead of a ceramic membrane, and no UTP provisions are
required. However, the fact that more whey proteins end up in the cheese
manufacturing process is disadvantageous.

d) Recovery of serum proteins from cheese whey

In industry, serum proteins are generally concentrated from whey. Therefore, they
are often called whey proteins. There may be small differences in protein
composition between cheese whey and permeate of membrane-based casein
concentration. For example, glycomacropeptide is present in whey, because it is
released from k-casein during cheese production, but it is hardly found in the milk
serum.

Whey is a nutritious protein source, but application in food or feed products without
demineralization is limited. Nowadays, whey is concentrated by evaporation or
reverse osmosis (RO) and demineralized by electrodialysis or ionexchange resins
[19]. An alternative to reduce the amount of salts and to concentrate proteins in one
step is nanofiltration (NF). Van der Horst and co-workers [20] give a detailed
description of the NF process. NF reduces energy consumption, but only leads to
partial demineralization. The concentrated serum proteins can be spray dried and
used in food or feed applications. Depending on the protein content, these products
are called whey protein concentrate (WPC, 35-80 % protein) or whey protein isolate
(WPI, 80-95 % protein).
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2. Membrane fractionation of milk, state of the art and challenges

Often polymer UF membranes are used, but ceramic membranes are gaining more
attention, because of better resistance against cleaning and disinfection. Doyen and
co-workers [21] carried out a comparative study on whey treatment with polymer
(PSF/PVP), ceramic (ZrOz) and organo-mineral (ZrO,/PSf) membranes. The
molecular weight cut-off values were between 25 and 50 kD. Although the
permeability of the membranes was different, the plateau fluxes were comparable,
which means experiments were in the pressure independent flux regime. At a cross-
flow velocity of 6 m/s, fluxes between 5.6:10° and 6.8:10° m/s were reached,
depending on the concentration factor. Therefore, they concluded that fouling is the
limiting factor in whey protein concentration and not the permeability of the
membrane.

Besides whey protein concentration, it is attractive to isolate the individual serum
proteins. Milk serum proteins consist of: a lactalbumin and j lactoglobulin, bovine
serum albumin (BSA), immunoglobulins, lactoferrin, transferrin, traces of enzymes
and some minor proteins and peptides (table 1). The B lactoglobulin has interesting
physico-chemical properties and can be used in emulsification, foaming and gelling
[22]. Lactoferrin and o lactalbumin have pharmaceutical applications [1, 23], and
lactoferrin can be used in infant formulas and as a preservative for meat. In addition,
there is an increasing interest in bioactive hydrolysates from serum proteins [24].
Reported isolation methods are based on the thermal aggregation of o lactalbumin
[25], ion exchange chromatography, precipitation, UF or a combination of these
methods [26-30]. Using precipitation and UF, Gesan-Guiziou and co-workers
reported a purity of 52-83 % for a lactalbumin and 85-94 % for B lactoglobulin
respectively [28]. Konrad and co-workers compared different purification methods for
B lactoglobulin and obtained purities between 82.5 and 94.1 % [30]. It is also possible
to make use of the specific properties of the protein to enhance the selectivity of the
UF process. Adjustment of pH and addition of salt influence the electrostatic and
steric interactions between different proteins, and between proteins and the
membrane [22, 31].

In the production of WPC or WPI with membranes, fouling control is crucial, because
all proteins are retained, and cake formation and gelling take place easily. In the
isolation of serum proteins, selectivity is very important, because the purity
determines the commercial value of the products, especially for pharmaceutical
applications. The higher value allows the use of more expensive modules, types of
membrane and methods to control fouling, to obtain a maximum selectivity of the
fractionation process. However, alternative technologies could also offer an
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economically feasible purification. Therefore, the choice of purification method
depends on the application and needs to be studied for each individual application.

It is clear that membranes can be used successfully in several fractionation stages of
milk. However, in the current situation, most steps need further development. The
separation and fractionation of fat globules with membranes is competitive to
centrifugation. Advantages of fat fractionation must be compared on added value
with centrifuged cream. The process must be optimized and capacity must be
increased by better fouling control and smart choice of the type of membrane and
processing conditions.

For the reduction of bacteria and spores in skim milk, the capacity needs to be
increased to reduce costs, but the resulting product is superior in quality (longer
shelf-life with good taste) compared to UHT and pasteurized milk. Therefore, the
process seems feasible in western countries with the current membrane technology.
In the concentration of casein micelles, the capacity must also be increased and the
added value of the clean permeate as starting material for the purification of serum
proteins (‘ideal whey’, [32]) must be taken into account. In the purification of serum
proteins, selectivity is most important and should be increased to obtain purer
products or the same purity in fewer steps. The one factor that is limiting in all stages
of milk fractionation is fouling. We discuss this aspect in the next section and will also
evaluate the possibilities to reduce fouling in milk fractionation.

Methods to decrease fouling and to increase membrane
performance

Fouling is the limiting factor in all applications of membrane filtration of milk [33]. The
amount of deposits on the membrane must be minimized, because the flux
decreases and the selectivity of the separation is affected. Several studies reported
on the structure of membrane fouling by milk [34, 35]. Different fouling mechanisms
can take place: adsorption, pore blocking, cake layer formation, and depth fouling.
Concentration polarization is strictly speaking not fouling, but also decreases the flux
and can affect selectivity.

Short-time reversible fouling takes place on a small time scale (seconds, [11]) and
can be avoided or removed by the right choice of process conditions, such as high
cross-flow velocity or backpulsing. Pore blocking and cake formation are typically
considered short-time reversible fouling. Long-time reversible fouling causes a slow
flux decrease in time (hours) and can be removed by stopping the production
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2. Membrane fractionation of milk, state of the art and challenges

process and applying a cleaning procedure. Irreversible fouling causes flux decline
and cannot be removed by cleaning. Since cleaning is an intrinsic part of safe food
manufacturing, and therefore has to be applied regularly, we consider cleaning a
mandatory requirement. In this paper we will only consider methods to limit short-
time reversible fouling, from now on called ‘fouling’. Occurrence of irreversible, non-
cleanable fouling decreases membrane performance and determines membrane
lifetime.

According to the critical flux theory [36, 37], three regimes can be distinguished for
membrane filtration. Each regime has a different flux dependency on the
transmembrane pressure (fig. 2, 3). In regime |, the transmembrane pressure is
below the critical pressure and there is cake free filtration.

I 1l
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Figure 2: Critical flux regimes: flux dependency on transmembrane pressure. |: Sub-critical
operation without flux-dependent fouling, flux is linear with transmembrane pressure. II:
Transmembrane pressure is above the critical pressure and flux is described by gel filtration
model or backtransport model. lll: Transmembrane pressure is far above critical pressure and
flux decreases in time.

Two forms of critical flux exist; called the hard form and the weak form. For the hard
form, the flux / pressure relation is linear and equal to the clean water flux. For the
weak form, the flux / pressure relationship is still linear, but lower than for clean water
flux. Filtration in this regime is also known as sub-critical flux operation and is
advised to obtain optimal selectivity. Because of the low value of the flux, the
capacity is low and a large membrane area is needed. However, higher cross-flow
velocity can increase the capacity. In regime Il, the transmembrane pressure is
above the critical pressure and flux is equal to the limiting flux, which can be
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described by the gel filtration model or back-transport models [38], as the transport of
materials towards the membrane is in equilibrium with the back transport towards the
cross-flow. Hence, a higher cross-flow velocity is advantageous and could even shift
the process to regime |.

I
11
a) b)
M e, RNealial

Figure 3: Graphical representation of fouling in different flux regimes. I: Sub-critical operation
without fouling, for example by mixing in turbulent flow regime. Il: Filtration with a dynamic
cake layer, described by backtransport models, such as the shear induced diffusion model.
Deposited particles tumble over each other and can be taken up by the cross-flow again. Ill:
Time dependent flux with severe cake formation on small time-scale (a). Backpulsing could be
a remedy (b).

Further, the flux is independent of the transmembrane pressure and the pore size of
the membrane. However, the ratio between membrane thickness and
transmembrane pressure could influence the start of cake formation (pore blocking).
Membranes with high permeability in combination with a low transmembrane
pressure decrease the suction force on deposits towards the membrane and allow an
easier back transport.
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2. Membrane fractionation of milk, state of the art and challenges

When cake formation is minimal, regime Il leads to optimal capacity and is chosen for
expensive membranes to minimize the membrane area. However, selectivity is not
optimal, because of the cake layer formation. This is also true for regime Ill, where
transmembrane pressure is clearly above the critical pressure and results in a time
dependent flux, mostly attributed to cake compaction. For longtime stable operation
in regime lll, it is necessary to remove fouling after short intervals. MF processes for
reduction of bacteria and spores, and concentration of casein micelles are operated
just above the critical pressure in the lower part of regime Il.

Concentration of whey protein takes place in regime Il, to have optimum capacity.
The isolation of whey proteins is restricted to regime |, for optimal selectivity.
Although operated in regime |, some milk components will still cause some fouling
due to adsorption, and therewith influence the flux and selectivity more or less.
Therefore, adsorption to the membrane surface or in the membrane (depth fouling)
still causes flux decline on large time-scale. To minimize particle adsorption, thin
membranes with smooth surfaces that have minimal interaction with the feed are
recommended.

In the reduction of bacteria and spores, and the concentration of casein micelles with
ceramic membranes (regime Il), fouling is controlled by the use of a high cross-flow
velocity in combination with the uniform low transmembrane pressure (UTP) concept.
Basically, the high cross-flow velocity results in a relatively large pressure drop over
the cross-flow channel, which causes a decreasing transmembrane pressure over
the length of the tube. Therefore, the transmembrane pressure is compensated by a
cross-flow at the permeate side [2]. A disadvantage of the UTP concept is the high
energy demand as a result of the cross-flow at both sides of the membrane. In spite
of that, the UTP is currently the most popular strategy against fouling during the
filtration of skim milk to retain bacteria and the concentration of casein micelles.
Alternatively, lIsoflux and Gradient Porosity membranes can be used. These
membranes have a decreasing membrane resistance over length of the tube, which
has the same effect as UTP, without the need to control pressure in different sections
at the permeate side.

Different strategies to suppress fouling are available in literature. Most methods are
discussed in the review of Wakeman and Williams [39]. However, they do not
consider the suitability of these methods in specific applications. The method of
choice for fouling control must be technically and economically feasible, scalable to
production size, and well suited for cleaning in place. In this section both methods to
control fouling (table 2) and their applicability in the fractionation of milk are
discussed.
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Table 2: Summery of methods to enhance membrane performance, principle and possible

disadvantages.

Method Working principle Possible disadvantage References

High cross-flow Enhance backtransport High power

velocity with UTP | by turbulent flow and low | consumption, high 2,14,15, 16

concept transmembrane pressure | investment and

operating costs

Turbulence Enhance backtransport Difficult cleaning

promoters by micro-turbulences (hygiene), increased 17,43
close to the membrane power consumption

Backpulsing Remove cake by Up scaling, difficult to

(-washing, reversing the control pressure in large 11, 44, 45

-flushing) transmembrane pressure | systems

Pulsating cross- Create velocity Up scaling, difficult to

flow fluctuations in the feed to | control pressure waves 46, 47
promote back transport in large systems

Air slugs Increase shear and Difficult to control bubble
mixing close to the size, foaming, 48, 49
membrane denaturation

Scouring particles | Increase shear and Wear of membrane and
mixing close to the pumps, denaturation 50
membrane

Acoustic/ultrasonic | Promote back transport of | Power consumption and

waves, sonication | deposits by vibrations heating, damage to 51, 52
and cavitations sensitive compounds

Vibrating modules | Increase shear close to Up scaling, expensive 40
the membrane equipment

Rotating disk Increase shear close to Up scaling, aseptic seals 41,42
the membrane

Electric fields Introduce electric Electrolysis, gas
forcefield to keep charged | production, heating, 54, 55
particles from the denaturation and power
membrane consumption

Vibrating modules, such as VSEP [40], and rotating disk modules [41, 42] can be
used to prevent particle deposition. Both methods increase the shear rate close to
the membrane surface, by either vibrating the membrane or by placing a rotating disk
just above the membrane surface. Vibrating membrane equipment is difficult to scale
up and expensive. However, some production installations are in use to obtain high
concentration factors for bacteria and spores in skim milk. Rotating disks or stirrers
could be difficult to implement, because aseptic sealings or bearings are needed
between the shaft and the module. A notable feature is that the applied shear is
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2. Membrane fractionation of milk, state of the art and challenges

independent of the cross-flow velocity. Therefore, a low cross-flow velocity can be
applied, avoiding a decreasing transmembrane pressure along the membrane and
UTP provisions.

Other means of increasing the shear close to the membrane surface are spacers,
turbulence promoters, and inserts that create flow instabilities, such as Dean vortices
or micro-turbulences [43]. Krstic and co-workers reported high flux improvements in
the concentration of casein with a static mixer insert [17]. A possible disadvantage of
inserts is cleaning problems, because dead-areas will also be created. Therefore, it is
not the method of choice to optimize the flux behavior in the filtration of milk.

Besides modification of the module, different procedures have been developed to
remove fouling by non-stationary flow fields (regime Ill). Backpulsing and comparable
techniques, such as backwashing, backflushing and backshocking [44, 45] are
effective means to remove fouling. In these procedures, the transmembrane pressure
is temporarily inverted and part of the permeate flows back into the cross-flow
channel. Deposits on the membrane are lifted and taken up by the cross-flow.
Backpulsing needs to be well controlled in large systems. The effectiveness of the
pulse depends on the frequency, the duration and the pressure profile, and is highly
dependent on the feed composition. Fast reacting valves are available to generate
pulses with frequencies indicated by Guerra and co-workers (0.2-1.0 s). They
reported good results for the reduction of bacteria in skim milk with the combination
of UTP concept and backpulsing. As a result, the cross-flow velocity could be
reduced significantly [11].

Further, pulsating or reversed feed flows [46, 47] can be used to control fouling by
rapid velocity changes in the cross-flow channel. Pulsating cross-flow is difficult to
scale up, because pressure waves are damped in large systems and become less
effective over distance.

Other methods to reduce the effect of fouling include air slugs [48, 49], scouring
particles [50] and the use of acoustic or ultrasonic waves and sonication [51, 52]. Air
slugs and scouring particles improve mixing close to the membrane surface,
therewith promoting the up-take of deposits. Air slugs and scouring particles are
difficult to control in large membrane systems. The introduction of air could also
cause unwanted foaming of milk in the module and denaturation of protein. Scouring
particles must be retained and reused (need for cleaning) and cause extra wear in
the pumps and damage to the membrane. Therefore, these options do not seem
preferable for fractionation of milk.

In the case of acoustic waves and sonication, the energy of the waves is transformed
to kinetic energy of the particles. This causes vibrations and cavitations, which
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promote the back-transport of deposits into the cross-flow channel. However,
ultrasonic and acoustic waves are unfavorable for milk, because the cavitations could
cause denaturation of proteins [53]. The membrane rapidly damps ultrasonic waves
and standing waves are formed due to the specific module design. Scale-up of
ultrasonic assisted membrane filtration is difficult and may prove too expensive for
large-scale milk treatment.

Further, constant or pulsed electric fields are reported to enhance membrane
filtration [54, 55]. The electric field is used to prevent migration of charged
components towards the membrane surface. Electrode reactions may lead to
undesired contamination of the milk, such as metal ions and oxidized components.
The electric charge of proteins can be influenced by pH. Although pH adjustment of
milk is undesirable, this method could be used in the purification of serum proteins
from whey.

Models

To choose the appropriate method of fouling control, an experimental approach is
often taken. On the other hand, many realistic models for ultrafiltration and
microfiltration are available in literature that could be helpful [56-63]. These models
can be characterized as macroscopic and are often experimentally validated with
model suspensions of clay, latex, silica or yeast cells. They can be used to estimate
cake layer formation and concentration polarization as it is affected by the module
geometry, feed composition (concentration and particle size), cross-flow velocity and
transmembrane pressure. Belfort and co-workers [38], and Bowen and Jenner [64]
have written valuable reviews on ultrafiltration and microfiltration models. The
application of these models is hampered by the fact that practical systems are
usually multi-component systems and the transport of particles through the
membrane (transmission) is not taken into account. Different particle sizes interact
and cause a more complex fouling pattern than the current models can describe. It is
clear that knowledge on these aspects is still lacking.

Because of the broad particle size distribution and fouling characteristics of milk
components, the filtration of model suspensions is difficult to translate to the filtration
of milk. Samuelsson and co-workers compared the concentration of casein from skim
milk with models for different back-transport mechanisms. They found that the shear-
induced diffusion model could describe the experiments best [65].

Especially for more complex multi-component systems, Computational Fluid
Dynamics (CFD) can provide a better understanding of module performance. CFD
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can be used to study fluid flow in complex geometries and to test the influence of
process parameters. Single phase CFD is often used to find the optimum
configuration of inserts and spacers to decrease particle deposition in membrane
modules by micro-turbulences [66, 67]. A new development in CFD is a diffusion-
convection approach, in which the dynamic behavior of dissolved components and
cake layer formation is taken into account explicitly [68, 69]. Dufreche and co-
workers presented a model for particle deposition on a membrane. They studied the
change in effective permeability during cake growth [70].

A promising method for suspension flow is the Lattice Boltzmann method, in which
the interactions between the fluid and the suspended particles are fully resolved [71,
72]. Casein micelles and fat globules can be approximated as hard spheres [73].
Although current computing power restricts this technique to small-scale simulations,
these simulations do give insight into the fundamentals of suspension behavior
during MF, such as shear-induced diffusion even for multi-component systems [74].
Fundamental parameters from small-scale simulations can be incorporated in
coarser simulations that will provide useful information about the module design and
operating conditions in its turn. Although computer models become increasingly
powerful, experiments will always be necessary for the fine-tuning of large membrane
systems and to study effects that are not included in models. However, the amount of
experiments can be reduced considerably, because a realistic ‘operating window’ can
be defined a-priori, based on the modeling results.

Conclusion

Fractionation of milk has clear technological and economical advantages, and could
become a key development for the dairy industry. Membrane technology is a realistic
option for fractionation on production scale. Some separation steps are already in
use, while others need further development.

In general, the capacity of membrane processes needs to increase. Therefore,
appropriate fouling control is also important regarding the economics of the process.
Although flux enhancement has got a lot of attention in terms of understanding and
practical improvements (with inserts, backpulsing), achievement of a high selectivity
(full retention of large components and full transmission of small ones) deserves
more attention. High selectivity is not only dependent on the membrane, but is just as
much dependent on the process conditions and interactions between the
components in the feed. New types of membranes with narrow pore-size distribution
are currently becoming available.
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To enhance capacity and selectivity, both analytical models and CFD are helpful
tools that give more fundamental insight in module design, process parameters, and
selectivity. It is important that the specific properties of the feed (in this case milk) are
considered, and that the complexity of the system is taken into account explicitly. The
process needs to be simple and reliable, and absolutely food safe.

In this paper, we show that fractionation of milk with membranes is feasible from a
technological point of view. In the near future, we expect that process conditions and
methods to control fouling will be optimized for existing membranes. Eventually, more
drastic changes will take place, such as new types of membranes and
unconventional module and/or process designs. The role of computer modeling will
become more pronounced. An integrated approach of these disciplines is expected
to bring fractionation of milk within reach, even on commercial scale.
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Chapter 3: Optimization of the pore geometry
and membrane design for micro-machined
membranes’

Abstract

For micro-machined membranes, it is possible to choose pore size, pore geometry
and membrane porosity, within certain limits. Different pore geometries (circular,
square, slit shaped and triangular pores), particle size to pore size ratios, pore edges
and membrane porosities were evaluated with Ilattice Boltzmann computer
simulations and torque balance considerations for various modes of operation. We
focused on hydrodynamic interactions and assumed uncharged neutral surfaces of
the particle and the pore. However, the model can easily be extended with additional
relations for such interactions in practical systems with defined properties.

It was concluded that pore geometry can have a large effect on the flux (up to 60%).
Further, the effect of shielding could be quantified. Above a surface coverage of 0.05,
the particles effectively shield each other from the flow field, therewith necessitating
either a higher cross flow velocity or a lower transmembrane pressure for particle
removal.

Based on the simulations, an extended criterion for the critical flux was developed,
which includes the effects of pore geometry, particle to pore size ratio and membrane
porosity. Different optimal membrane choices follow for processes aimed at retention
of all particles, and for processes aimed at fractionation of particles into different
fractions.

Introduction

New types of microfiltration membranes, such as silicon or silicon nitride microsieves
[11 and metal microfilters [2] have become available. These are made by
photolithographic treatment of a silicon wafer and subsequent etching, or
electrochemical metal deposition on a skeleton in an electrolysis bath, respectively.

! This chapter is accepted for publication in Journal of Membrane Science: G. Brans, R.G.M. van der Sman,
C.G.P.H. Schroén, A. van der Padt, R.M. Boom, Optimization of the membrane and pore design for micro-
machined membranes.



Compared to conventional ceramic and polymer membranes, these membranes
have exemplary properties, such as a smooth and flat surface, a very low membrane
resistance and narrow pore size distribution. The porosity and pore shape can be

chosen almost freely, and therewith these membranes open areas for membrane
filtration that have not been possible before. The pores are usually placed in a
regular pattern and the porosity can be much higher compared to conventional
membranes, up to 0.8 for rectangular shapes [3], fig. 1. By realizing separations that
were not possible before, these membranes could truly create a revolution in
microfiltration.

Figure 1: Microsieve with slit shaped pores. Courtesy Aquamarijn Micro Filtration BV.

Although the membranes themselves have almost ideal properties, common
membrane filtration phenomena, such as concentration polarization, pore blocking,
and cake formation still affect membrane performance [4]. In fact, due to the very
high permeabilities of these membranes, these phenomena will be even more
important than with conventional membranes. Depending on the degree of “fouling”,
three filtration regimes can be identified [5]:

[) In the sub-critical flux regime, the membrane surface is still free of particles. Due to
the removal of fluid at the membrane, concentration polarization takes place, as in
any filtration regime. In this regime, the back-transport of particles away from the
membrane can easily keep up with the convective transport of particles towards the
membrane. Thus, concentration polarization hardly influences the flux (linear relation
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3. Optimization of the pore geometry and membrane design for micro-machined membranes

between transmembrane pressure and flux), because permanent particle deposition
or layer formation is absent.

II) At higher fluxes than the critical flux, an equilibrium is reached between the
particle transport towards the membrane and the back-transport, after the formation
of a steady (cake) layer on the membrane. Steady state fluxes are reached with
either Brownian diffusion, shear induced diffusion or inertial lift as the relevant back-
transport mechanism, depending on the size of the retained component. [6].

[II) At even higher fluxes or particle concentrations, the transport of particles towards
the membrane is larger than the back-transport. This leads to a continuously growing
cake layer with a continuous flux decline. Regime Ill can only be applied when the
cake layer is removed periodically, for example by pulsed cross flow or backpulsing.
Otherwise, the cross flow channel will become blocked.

The type of filtration regime is determined by the hydrodynamic conditions in the
system and is influenced by the membrane resistance, the transmembrane pressure,
cross flow velocity, module geometry and the feed composition. In literature, the
transition from regime | to Il is often referred to as the critical flux or critical pressure,
whereas the transition from regime Il to Ill is called the limiting flux or limiting
pressure [5].

In the sub-critical flux regime (1), particles may deposit on a pore, but will be released
again. Kuiper et al. developed a model for the release of a single deposited particle
from a circular pore in regime | [7]. For the actual design and optimization of micro-
machined membranes, the effect of different pore shapes and membrane porosities
should be investigated together with hydrodynamic effects for multiple particle
situations. Computational Fluid Dynamics (CFD) have been applied successfully in
membrane technology for the optimization of inserts and spacers in membrane
channels [8, 9], and in the investigation of concentration polarization and cake
formation [10, 11]. However, CFD has not often been used to study the process of
particle deposition and pore blocking on the scale of individual pores. This scale,
however, is now of utmost important, due to the availability of micro-machined
membranes.

In this paper, we used a lattice Boltzmann CFD model to find optimal pore shape and
porosity of microsieves. After validation of the model with analytical solutions for
orifice flow and the drag force on a stationary sphere, we considered the permeability
of different pore geometries and evaluated the forces acting on a deposited particle
for the different pore geometries in cross flow. Focus was on the transition of filtration
regime | to Il to obtain the maximum flux, in the absence of particle deposition.
Furthermore, the effect of membrane porosity and sharpness of the pore edge on the
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drag force was studied on neutral surfaces with no charge interactions between the
particle and the pore.

Finally, the simulation results are compiled into an overall criterion for the critical flux.
The practical relevance and the consequences for membrane design are discussed
for filtration processes aiming at concentration or fractionation of particle suspensions
in the different filtration regimes.

Theory

a) Single particle release model

Kuiper et al. developed a model that predicts the required cross flow velocity to
release a spherical particle from a membrane with circular pores [7]. The model
provides guidelines for the module design and operating conditions for the transition
from filtration regime | to Il. The model is based on a torque balance over the particle
under laminar flow conditions and gives a first impression of the effects that play a
role. For particles with size in the order of 1 um, the pressure suction force and the
particle drag force are dominant, while lift forces can be neglected.

Velocity profile

Fdrag

—T——— Membrane

Pivot position

Fpressure
Figure 2: Forces acting on a deposited particle, after Kuiper et al. [7].

The pressure force and the drag force were calculated with analytical equations.
These forces were converted to torques by multiplying with the distance between the
point of impact of the force and the pivot position. The particle will be released from
the pore if the torque of the particle drag force exceeds the torque of the pressure
force towards the pivot position. In that situation, the particle will roll out of the pore
and will be taken up by the flow field again (fig. 2).

Hence, the torque caused by the drag force must be larger than the torque of the
pressure force to avoid pore blockage. When combined with the assumption of fully
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3. Optimization of the pore geometry and membrane design for micro-machined membranes

developed Poiseuille flow in the cross flow channel, the following particle release
criterion was obtained for a flat membrane [7]:

d

chan mem P

3
LI 7.@(1} 0
/

With APj.e: the transmembrane pressure at the inlet, AP:nan the pressure drop over
the cross flow channel and the average transmembrane pressure defined as APjyet —
0.5APchan. henan is the height of the cross flow channel, In.m the length of the
membrane, d the particle diameter and d, the pore diameter. The model is only valid
for circular pores, low particle concentration, low membrane porosity, and assumes
that the particle does not penetrate into the pore. It is further assumed that a circular
pore is completely blocked by a spherical particle and there is no interaction between
particles on neighboring pores.

Hence the model cannot be used when one of these criteria is not met. Since the
current micro-machined membranes have options beyond these criteria, extension of
the model towards broader applicability is required.

b) Lattice Boltzmann CFD model

Lattice Boltzmann is a relatively new modeling technique that has been successful in
the simulation of fluid flow in complicated geometries, such as porous media and
suspension flow [12, 13]. It has been proven that the lattice Boltzmann equation is
equivalent to a discretized version of the Navier-Stokes equation [14].

For a detailed description of the lattice Boltzmann method we refer to the books of
Wolf-Gladrow [14] and Succi [15]; we will outline the method only briefly. In the lattice
Boltzmann approach, imaginary fluid parcels move on a regular lattice by subsequent
collision and propagation steps.

During a collision, parcels exchange impulse, and change their velocities and
directions. The parcels have the tendency to relax towards an equilibrium distribution.
In the collision step, a new equilibrium distribution fi¢q is calculated from the
hydrodynamic moments of the actual local distribution f. The collision operator w,

also known as the inverse of the time relaxation parameter t, is correlated to the
viscosity. In the propagation step, the fluid parcels are propagated into the direction
of their corresponding velocity c (fig. 3).

The collision and propagation steps are described by:
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in which t and x are the discretized time and place, c=Ax/At is the velocity. Viscosity
is defined as:

vl (i _ o.sjAt 3]

(4]

with v the kinematic viscosity and cs the (numerical) speed of sound, chosen as c/A/3.
The equilibrium distribution function is as follows:
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in which p is the density of the fluid, c; is the velocity in direction i and u is the fluid
velocity. For a model with three dimensions and 19 velocities (D3Q19), the weight
factors w; are defined as w;=1/3 for i=0, w=1/18 for i=1,..,6 and w=1/36 for i=7,..,18.
The set of 19 velocities has been proven to be sufficient for simulating fluid flow
phenomena with high accuracy in 3D [14].

Figure 3: Lattice Boltzmann D3Q19 scheme [15]. The arrows with numbers 1-18 indicate the
velocities c; in the lattice Boltzmann model; 0 is the rest parcel, of which the velocity equals
zero.

Simulations were performed in a three-dimensional cubic lattice with dimensions (L)
100x100x100 and a gridsize Ax of 0.1 ym. For problems where the effect of the
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periodic walls was supposed to be absent, the dimensions of the lattice were
enlarged. In all cases, the dimensions proved large enough. To check if the
resolution was sufficient, the effect of grid refinement was evaluated, but this did not
affect the results. The membrane was placed in the middle of the lattice. The flow
was driven by pressure periodic boundary conditions [16], and in the other
dimensions regular periodic boundaries were applied. In cross flow simulations,
boundary conditions for velocity and pressure were used according to Zou and He
[17]. No-slip boundary conditions were applied for rigid walls and the particle [18].
The force acting on the particle was calculated numerically by the summation of local
forces over all the solid-fluid boundaries of the particle. The force on a boundary
node can be calculated from the local distribution 7; [19]:

Ax?
At

F,(r+0.5¢,At,t +0.5A8) = 2(f, (r,t) — fo(r + ¢, AL, 1)), [5]

where F; is the force acting on the solid-fluid boundary r of the lattice node n in
direction /; f; is the distribution in the opposite direction of i. The total force on the
object, Fy, is calculated by summation of the forces over the total amount of boundary
nodes m.

c) Benchmark studies
The lattice Boltzmann code was benchmarked with analytical solutions for orifice flow

and the drag force coefficient of a stationary sphere. If the thickness /, of the orifice
plate is smaller than the orifice diameter d,, the flow through the orifice is described
by Sampson’s equation [3]:

3

d
Q=_1-AP if lo< %d) [6]
"

and for flow through a short channel with thickness I, as [3]:

0= AP if o> 2d, 7]
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where Q is the volumetric flow rate, AP is the pressure difference, n is the viscosity of
the fluid.

In the orifice benchmark simulations, the maximal porosity considered was 0.03.
Thus, equations 6 and 7 can be used directly (correction for porosity ~ 0.1%) [1].
Simulations of orifice flow were compared with the analytical solutions for orifices
with negligible length and short channels with lengths of three times the orifice
diameter. The volumetric flow rate was determined for various diameters with a
pressure difference of 3.33 kPa.

Another benchmark was performed by simulating the drag force on a stationary
sphere. The drag force coefficient C4 (Nm™'s) of a periodic packing of spheres was

compared with the asymptotic expression by Hasimoto [20]. This formula accounts
for the periodic boundaries in all dimensions.

Fd:Cdﬁ:CdL_Qz [8]

with

6zn 1 2.837 419 , 274 .
= — — + Vad —_ 7
c, r L L L

[9]

F4 is the drag force exerted on a sphere with radius r, and L is the length of the
periodic cubic unit cell in which the sphere has been placed. Again, the volumetric
flow rate was determined for various particle diameters with a constant pressure
difference of 3.33 kPa. The drag force F4 was calculated with equation 5.

d) Simulations

After the benchmarks were successfully concluded, we evaluated various aspects of
the design of micro-machined membranes, namely the pore geometry, the particle
size to pore size ratio, the sharpness of the pore edge and the membrane surface
coverage.

The different pore geometries in this study were circular, square, slit shaped (/=2dp,
I=3d,), and equilaterally triangular, as shown in figure 4. The characteristic pore size
dp was 1.0 ym (based on size for particle transmission), and the membrane thickness
was also 1.0 um.

40



3. Optimization of the pore geometry and membrane design for micro-machined membranes

<> <>
d, 1=2d, or 3d,

Figure 4: Topview of square, slit (I=2d,), triangular and circular pore geometry.

To compare the same membrane porosity for all pore geometries, the permeability
per open membrane area k’ (m) of each pore geometry was calculated as:

APA

P

=12 [10]

where Q is the volumetric flow rate, AP the pressure difference, n the viscosity of the
fluid, and A, is the open pore area. This corrected permeability can be interpreted as
the permeability of a hypothetical membrane normalized to a porosity of 1, and the
indicated pore geometry.

We considered pore blocking by one deposited particle, placed exactly on the pore.
The height of the particle h above the membrane was calculated with Pythagoras’
theorem (fig. 5). For slits with perpendicular orientation, the particle was placed half

way the largest dimension.
— ~
—
- )

h
5 | P
<> [~ 7T
d
P 1=2d, d,

Figure 5: Position of a particle on a pore. The height of the particle above the membrane (h)
was calculated with Pythagoras’ theorem. For slits oriented parallel to the cross flow, the
particle was located at the end of the slit; for perpendicular slits the particle was located in the
middle.

For slits oriented in the cross flow direction, the particle was placed at the end of the

slit (fig. 5), because the cross flow will transport the particle towards this position. We
studied aspect ratios of particle diameter to pore size of 1.2, 1.6, 2.0 and 3.0
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respectively, based on the particle size that would just fit inside the pore. The
transmembrane pressure was 3.33 kPa and the cross flow velocity 0.16 ms™. The
forces exerted on the particle by the cross flow and the transmembrane pressure
were calculated as described in the section discussing the theoretical background of
the lattice Boltzmann model (eq. 5).

To study the effect of a deposited particle that partially penetrates the pore,
simulations were performed for the drag force on the particle as a function of the
three-dimenional shape of the pore opening; with a perfectly circular pore, with a
wedge shaped pore and with a pore with rounded edges (fig. 6). Further, the
influence of the membrane porosity and surface coverage was studied by decreasing
the size of a periodic box, in which a particle had been placed on a circular pore with
constant cross flow velocity.

<>

<>
d, &

3d, 54,

Figure 6: Rounded pore throats: geometry of circular pores. Left: throat with constant angle
(wedge), Right: parabolic throat.

Results

a) Benchmarks with analytical solutions

Both the analytical results and the simulation results for orifice flow and flow through
a short channel are depicted in figure 7. Results are in good agreement with the
analytical solution. Small deviations were expected due to the fact that a circular
orifice cannot be exactly defined on the square lattice (for small orifices ~ 4%). The
orifice is constructed by discretization of grid cells, which results in a stair case
geometry. For larger diameters of the orifice and the short channels investigated
here, the deviations from the analytical solution become around 0.1%.

Another benchmark was the simulation of the drag force coefficient on a spherical
particle placed in a uniform flow field with periodic boundaries. The drag force
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coefficient was calculated for different particle sizes and compared with the Hasimoto
expression (fig. 8). Overall, there is a good agreement between our model and the
expression, although there were some small deviations. This can be explained again
by the discretization of the sphere, similar to the orifice benchmark. The relative
deviations were 4% for the smallest particle diameter, and 1% for the largest particle
diameter. This is in agreement with Ladd, who showed that the lattice Boltzmann
method describes this case accurately [21].

12
8
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g 47
O L T T
5 10 15 20 25

orifice diameter (*10”7 m)

Figure 7: Flow simulations of orifices (diamonds) and short channels with length three times
the diameter, (triangles) and the analytical solutions (lines).

Cq (108 Nms)

0 ) ) ) )
5 10 15 20 25

particle diameter (*107 m)

Figure 8: Simulation results (squares) and the analytical solution of Hasimoto [20] (line) of the
drag force coefficient on a periodic array of spheres.
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b) Different pore geometries and influence of pore blocking

Subsequently, the effects of different pore geometries (circular, square, slit shaped
and triangular) were investigated. We evaluated the membrane permeability in open
(unblocked) situation and the torque balance of a deposited particle in case of pore
blocking.

The permeabilities of the different pore geometries per open membrane area are
depicted in figure 9.
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Figure 9: Permeability of different pore geometries in open condition, corrected for the open
pore area (k’). Slits and triangular pores were evaluated in different orientations: slits parallel
(parl) and perpendicular (perp) to the cross flow direction, triangular pores pointing towards
the inlet of the feed and the outlet (exit). The nominal pore size was 1.0 ym, cross flow velocity
0.16 ms™ and transmembrane pressure 3.33 kPa.

Compared to circular pores, slits with dimension /=3d, have almost a double
permeability per area, meaning almost twice the flux at the same membrane porosity
and transmembrane pressure. The orientation of the slits did not influence the
permeability; the same is true for the triangular pores. This was expected, because
for open pores the cross flow does not affect the pressure profile around the pore.
From a permeability point of view, long slit shaped pores are thus preferred.

The simulations for blocked pores are most relevant in the sub-critical flux regime (l);
particles that deposit on the pores by chance can be removed by the force of the
cross flow. The influence of the transmembrane pressure on the particle is twofold:
first, there is a direct pressure difference over the particle and second, there is a flow
around the particle towards the permeate side, when the particle does not completely
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block the pore. This results in an additional drag force. To combine the two effects,
we may use as a relevant parameter the total (pressure and drag) force exerted by
the transmembrane pressure and transmembrane flow on the particle. To compare
different pore geometries, we define a pore shape force factor S as the force exerted
on the particle, divided by the force that the particle would experience on a circular
pore of the same size (dp).

In figure 10, the pore shape force factor is depicted for different pore geometries as
function of the aspect ratio between the particle and the pore (d/d,). The orientation
of the triangular and slit shaped pores toward the feed flow field is important.
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1.0 1.5 2.0 2.5 3.0
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Figure 10: Pore shape force factor S for different pore geometries and particle diameter to pore
size ratios of 1.2, 1.6, 2.0 and 3.0. S is normalized to the pressure force of a particle on round
pore (2.0*10'9 N). Process parameters similar to figure 9.

The drag force exerted on a particle positioned on a triangular pore pointing to the
inlet of the feed is larger than for pores pointing to the feed outlet. This can be
explained by the different local pressures around the corners of the triangular pore,
depending on the orientation towards the cross flow. Therewith S is also influenced.

A similar phenomenon was found for slit-shaped pores. A slit orientation parallel to
the cross flow direction is beneficial because of the resulting position of the particle.
For slit-shaped pores oriented perpendicular to the cross flow direction, it was
assumed that particles would deposit in the middle of the pore. The velocity of the
fluid through the pore is highest there and the flow field converges near the ends of
the slit, leading to a force directed towards the center of the slit. For slit pores parallel
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to the cross flow direction, the particle is placed at the end of the slit. We assumed
the particle to be deposited there, because of the drag force. In this position, the
pressure force is lower, because most of the fluid flows along one side of the particle.
Particles in the middle of a slit oriented perpendicularly to the cross flow direction had
fluid flowing on both sides of the particle, therewith causing a higher pressure force
on the particle, and a higher S.

The shape force factor S for a particle deposited on the square and triangular pore
were very similar to those found for circular pores; however for slit shaped pores S
increased much faster with increasing d/d, (fig. 10). This is caused by the larger pore
area that is covered by the particle. For slit shaped pores, the sphere covers the
pores better with increasing particle size, therewith effectively increasing the force on
the particle. For triangular and square pores, this area does not vary too much with
increasing particle diameter, because most of the pore is already covered by the
particle at the lowest aspect ratio of 1.2.

For the smallest particles, the pressure force with a triangular pore pointing to the
feed outlet was larger compared to that with circular pores (S = 1.5). The torque of
the pressure force on a deposited particle with these triangular pores, however, is
33% lower compared to circular pores, because of the different location of the pivot
point yielding only half the arm length compared to other pore geometries (eq. 14).
Further, the membrane permeability was 20% larger in open situation (fig. 9). Thus
when these effects are combined, the critical flux with triangular pores pointing
towards the feed outlet could be 60% higher than with circular pores (assuming a
negligible amount of pores is actually blocked). In practice, this can be accomplished
by changing the pore geometry and increasing the transmembrane pressure, while
the membrane porosity and cross flow velocity are kept constant.

Since the simulations were performed in the creeping flow regime, the drag force and
the pressure force scale linearly with the cross flow velocity and the transmembrane
pressure. The current results can be used for any combination of cross flow velocity
and transmembrane pressure by linear scaling, provided that particle size, pore size
and membrane porosity do not change. Based on this, we can find the conditions that
correspond to the criterion for critical flux, where the torque of the drag force exceeds
the torque of the pressure force and particles are released (table 1).

c) Pore edge design

The previous simulations were carried out with pores having sharp (90°) edges. In
that case, particles do not deposit too deeply into the pores and the calculated drag
force exerted by the cross flow was relatively independent on the pore geometry. In
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practice however, any pore will be at least somewhat rounded, and it may be that
production, cleaning and membrane usage cause further smoothing of the pore
edges. Thus, particles deposit deeper into the membrane and are less exposed to
the cross flow than the simulations of the ideal situation, therewith effectively
reducing both the drag force and the arm length.

Table 1: Required cross flow velocity for particle release of 1.2 ym particles from various pore
geometries with nominal pore size 1.0 ym at transmembrane pressure of 3.33 kPa, assuming
linear relation with simulations (cross flow velocity 0.16 ms™).

Geometry" Foressure Farag Moressure Marag Required
(10 N) (10° N) (10™° Nm) (107° Nm) cross flow
(ms™)
circular 1.94 1.40 0.97 0.90 0.172
square 2.42 1.41 1.21 0.91 0.214
slit I=2d 3.56 1.46 1.78 0.94 0.303
perpendicular
slit I=2d parallel 3.07 1.45 1.54 0.93 0.263
slit I=3d 3.83 1.47 1.92 0.95 0.323
perpendicular
slit I=3d parallel 3.1 1.40 1.56 0.90 0.276
triangle inlet 2.44 1.41 1.22 0.91 0.215
triangle outlet 2.81 1.41 7.03 0.91 0.124

Y Slits and triangular pores were evaluated in different orientations: slits parallel and perpendicular to
the cross flow direction, triangular pores pointing towards the feed inlet and the retentate outlet.

The effect that small particles penetrate the pore was investigated with circular pores
with sharp edge, a wedge-shaped pore, and a pore with rounded edges. The latter
was assumed to have a parabolic profile (fig. 6). The pressure force on the particle
was for both rounded pores identical to a regular circular pore with sharp edges (i.e.
S=1).

The wedge shaped pore yielded a drag force on the deposited particle that was
significantly lower than that of a sharp edged pore (fig. 11). For the wedge shaped
pore, the drag force on a particle varied from 21% for d/d, = 1.2 to 71% for d/d, = 3.0
compared to the particle on the sharp pore. The effect of the rounded pore was
slightly smaller than the wedge shaped pore, because the flow field can better
develop in the pore mouth. The smaller drag force for these geometries was
expected, since especially particles with small aspect ratio penetrated relatively deep
into the pore. These simulation show that sharp pore edges are essential. Smoother
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pore geometries, as present in polymer and ceramic membranes, require either a
higher cross flow velocity or lower transmembrane pressure for a clean membrane
surface. A similar effect is expected for deformable particles. Because they penetrate
deeper in the pore, they become less exposed to the cross flow and experience a
lower drag force.

1.0 - |
Z 0.8 -
% °
L 06 -
[+*]
o
& [ |
> 0.4 1
5 - A Wedge shaped pore
0.2 - ° O Rounded pore
| Q M Sharp edged pore
0 0 Q ) ) ) )
1.0 1.5 2.0 25 3.0
d/d, (-)

Figure 11: Rounded pore edges: comparison of drag force in cross flow direction on particle
with circular pore for different ratios of particle diameter to pore size. Pore geometries of fig. 6

and pore size was 1 pm. The cross flow velocity was 0.16 ms” and transmembrane pressure
3.33 kPa.

d) Membrane porosity and surface coverage

Especially for micro-machined membranes with high porosity, it can be expected that
the flow field around a particle is influenced by the presence of other pores, and of
deposited particles nearby. The former is an effect of the overall porosity of the
membrane; the latter is due to disturbance of the cross flow field around particles.
The fraction of pores on the membrane surface that is blocked by particles is an
important parameter here. This surface coverage 6 was defined as the cross
sectional area of spherical particles divided by the membrane area:

[11]
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3. Optimization of the pore geometry and membrane design for micro-machined membranes

with A, the total open pore area and € the membrane porosity. For circular pores, this
becomes:

0-42) o

The effect of the surface coverage 6 was studied with the lattice Boltzmann model by
decreasing the size of a periodic box, in which a particle was placed on a circular
pore. This simulates a decrease of the interpore (interparticle) distance and hence an
increase of the porosity €. In this system we applied complete blocking of pores in
square arrangement with a constant cross flow velocity.

The drag force on the particle starts to decrease when the surface coverage
becomes higher than 0.05 (fig. 12), which implies that once a particle has deposited,
the downstream pores are more likely to become blocked too, due to the shielding
effect. At the maximum surface coverage of 0.78 for squarely arranged pores, the
drag force exerted by the cross flow was only 25% of the drag force at coverage
0.02. For particles on hexagonal arranged pores (surface coverage 0.93), the relative
drag force was 24%, which was very similar to that of squarely arranged pores.
Consequently, the cross flow velocity should be four times higher to create the same
torque of drag to remove the particle from the membrane.

0.8

0.6 -

0.4 -

rel. drag force (-)

0.2 -

0 T T T T T T T
0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8

surface coverage (-)

Figure 12: Influence of surface coverage on drag force in the cross flow direction for 1.6 ym
particle on circular pore in square arrangement according to the simulations and according to
the correlation f;(6) given by equation 16 (line).

49



Thus a hysteresis effect can be expected: when the transmembrane pressure is
slowly increased, the first particle will deposit at the critical transmembrane pressure
related to & = 0. Since the critical transmembrane pressure for deposition at higher 8
is smaller, this will trigger fast deposition of other particles, due to the surface
coverage effect, and the complete membrane surface will become blocked suddenly
(@ high). Resuspension of particles will only take place at a transmembrane pressure
that is lower than the original pressure at which the first particle deposited (related to
6 = 0). Evidently, instead of a lower transmembrane pressure, one may also read a
higher cross flow velocity.

For circular pores, the pressure force is not affected by the surface coverage,
because pores are completely blocked. For partially blocked pores, there is still a
remaining flux through the pores, which contributes to the pressure force. At higher
surface coverage, the flux and the pressure force could be affected and was checked
in simulations. Simulations with slit pores (perpendicular, /=3d) and surface coverage
of 0.25 gave almost identical pressure force compared to surface coverage of 0.02,
and thus we may assume that the effect of surface coverage on the pressure force
could be neglected.

The simulations show that surface coverage and membrane porosity do affect
particle release. Therefore, these factors must be considered in the design of micro-
machined membranes and the choice of process conditions. In the following section,
we will quantify these effects and incorporate them into an extended torque balance
model.

e) Criterion for critical flux

Based on simulations presented in this article and the model of Kuiper et al. an
extended criterion can be defined for the critical flux with 90° pore edges. Starting
from the torque balance:

M., >M [13]

drag pressure

For the torque caused by the drag force we first consider the Stokes drag force (Fs)
on a spherical particle close to a wall (Fs=1.7-3-1Tnv.d, with 1.7 the wall correction)
and multiply with the height of the point of impact. This height is above the center of
the particle and equals 0.685 times the particle diameter [7]. The torque of the
pressure force is calculated by multiplying the pressure force with the arm, given in
most pore geometries by half the diameter of the pore size (2 d,) [7]. The effects of
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surface coverage and the particle to pore size ratio on the drag force are included in
the torque balance.

M, >M

drag pressure
d
M 4 = F e -arm = M, (single particle on wall)- £,(0)- £, (j’} —
Mpressure = Fpressure -arm = area - APinlet -arm
[14]
J cd ;S AP,,, +d triangular pores pointing to the exit
35w d* £,0) 1, (ﬂ >
% ﬂd; S AP, %d for all other pore geometries

S is the pore shape force factor for the pressure force and v, the local fluid velocity in
the membrane module at the height of the centre of the particle. APt is the
transmembrane pressure at the inlet of the cross flow channel, where the particles
experience the largest pressure force.

rel. torque (-)
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Figure 13: Influence of the particle height above the pore, as determined by d,/d (fig. 5), on the
torque exerted by the cross flow towards the pivot position (1.6 pm particle on circular pore)
according to the simulations (symbols) and according to the correlation f,(d,/d) given by
equation 15 (line).

f1(6) is the drag correction factor as function of the surface coverage with spherical
particles in square arrangement and f(d,/d) is the torque correction for the height of
the particle above the pore (determined by d,/d). We assume that functions f;(6) and
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f2(dy/d) act independently. Please note that for triangular pores pointing towards the
exit of the feed flow, the arm length is a quarter of the particle diameter, because of a
different location of the pivot position.

For circular pores, the pore shape force factor S is defined to be 1 and is
independent of the particle diameter to pore size ratio. For the other pore geometries,
S depends also on the particle diameter to pore size ratio (fig. 9). The functions f;(6)
and f,(d,/d) were determined by least squares fitting of the simulation results (fig. 12
and 13) and can be expressed as:

14+a,0
1+a,0+a,0’

d"—lbd”2 16
f27_+07 []

with fit parameters ap=4.506, a;=3.571 a,=23.778 and by=-0.949.
Further, it is common to use wall shear stress instead of local velocity, which in the

£(0) = [15]

laminar flow regime is defined for the cross flow velocity relevant for the particle v.=
Y2d 14/ n . Together with some rearrangement this leads to:

inlet

r, (4 9
B (dj f,(e)f{ dJ > 0.0714 [17]

Note that the wall shear stress is determined by the flow profile through the feed
channel. Therefore, the module geometry affects the wall shear stress via the cross
flow velocity and the height of the cross flow channel.

The dimensionless term 1. /APy is related to an Euler number describing the
transported energy compared to the dissipated energy Eu=pu?/AP and tw=0.5 pu*f
with f the friction factor [22]. In our case, the energy transport and dissipation are not
defined in the same direction, but perpendicular. The ratio of wall shear stress to the
flux or transmembrane pressure has indeed been recognized as an important factor
in experimental research [23]. For the present work, one might define an effective
Euler number as tw/SAPiye: Which is the determining dimensionless number for the
system.
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3. Optimization of the pore geometry and membrane design for micro-machined membranes

The criterion can be simplified for two special situations. The first situation applies to
the filtration of large particles (compared to the pore size) with a low porosity
membrane and circular pores.

For this process, S equals 1 and because pores are much smaller than the particle
diameter (d/dp, large) and porosity is low (surface coverage < 0.05), f1(¢) and f>(d,/d)
are both unity. Thus, the particle release criterion can be simplified to:

3
Tu (iJ > 0.0714 [18]
AP

inlet P

The second situation is the filtration of a suspension with a highly porous membrane,
where the smallest particle diameter in the feed is close to the pore size, for example
10% larger in case of particle fractionation. Therefore f;1(6=1) is 0.25 and fx(dy/d=0.9)
is 0.48. This can be considered the worst-case scenario for the critical flux:

Tw 5045 [19]

inlet

This worst-case scenario can be used for membrane module design and selection of
appropriate process conditions. In a rectangular membrane channel, the wall shear
can be calculated from the average cross flow velocity (assuming Poiseuille flow)
<v>: tw= 6<v> n/ Acpan, With hcpan the channel height. The average cross flow velocity
can be calculated with <v>= APepan hehan?/(12 Imem N), Where APgpan is the pressure
drop over the cross flow channel and /e the length of the membrane. In realistic
membrane processes APcpan/APinet can be 1 at maximum. With an average
transmembrane pressure in the channel equal to 0.5APjet (APinet — 0.5APchan).
Substitution in equation 19 yields:

L, 0225 [20]
Si

mem

This implies that the channel height needs to be at least 0.225 times the membrane
length. The effect of the criterion on the module design and appropriate process
conditions is more elaborated in figure 14 for circular and triangular pores. The
extended criterion tells us that depending on the channel dimension, a minimum
pressure gradient over the cross flow channel should be applied. For very thin
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channels, for example hcpanl 2lmem = 0.001, this pressure gradient is very large, even
when the pore size is much smaller than the particle diameter.

10

///_ 4 - ~ . .
11— 0.001 - /
AP, / = o
—dhan -] =" il
AP, . 0.01 / ~
0.1 / — ="
0.1 s
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1
/ hchan
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0.0001 |
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Figure 14: Transition from regime | to Il for different module designs with h¢,.,/2l,,. between
0.001 and 1.0 and membrane porosity € = 0.5. Above the curves, pore blocking will not occur, of
circular pores (solid lines) and triangular pores pointing towards the feed exit (dashed lines).
For triangular pores, the pore shape force factors S were taken from fig. 10 (S was only
available when d,/ d > 0.33).

This is not realistic because the pressure drop over the cross flow channel would
easily exceed the transmembrane pressure, causing permeate back flow at the end
of the module. For wider channels, such as hcpan/ 2/lmem = 0.1, one can see that as
long as the pore size is small compared to the particle diameter, the pressure
gradient that has to be applied over the feed channel is not too high.

For fractionation of particles close to the membrane pore size (d/d, < 1.1), this
implies that the use of the Uniform Transmembrane Pressure (UTP) concept is
essential to overcome unpractical module designs. With UTP, the permeate is
recycled along the backside of the membrane to maintain a uniform transmembrane
pressure over the length of the membrane [24]. Otherwise, the process will end up in
filtration regime Il or Ill, were periodic removal of the cake is required for a stable
fractionation process.
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Discussion

a) Optimal membrane and process design
Based on the simulation results presented earlier, recommendations can be given for

application of micro-machined membranes (table 2). The optimal membrane design
and choice of process parameters depend on the filtration goal (retention of all
particles or fractionation of a poly-disperse particle suspension) and the filtration

regime.

Table 2: Recommendations for membrane design, depending on the aim of the filtration and

the filtration regime.

Filtration (retention/concentration) | Fractionation
high flux, low energy consumption high selectivity (full retention and
full transmission)
Regime | Pore shape | Triangular Triangular
Pore size d/d,=3to 5 Depends on required product size
Porosity low to average porosity low porosity (coverage < 0.05)
Regime Il  Pore shape | Not circular " 2
Pore size d/d,=3to 5
Porosity average
Regime Il Pore blocking by one particle®
Pore shape | Slit shaped3> Circular
Pore size d/d, > 1 Depends on required product size
Porosity high porosity high porosity

" The membrane design is not so important, because the cake layer predominantly determines the
filtration behavior. However, complete pore blocking may not occur.

2 This process is not applicable. When a steady cake has developed, small particles will be captured
in the cake (selectivity is lost). When the cake is removed periodically, it resembles fractionation in
regime ll.

® Selected because of the possibility of highest porosity and lowest membrane permeability. (The
particle release criterion is not valid in regime 1ll.)

4 Only possible with periodic removal of the cake.

For retention, the objective is maximum flux, while for fractionation it can be either
maximum flux or maximum selectivity.

1) Retention of all particles: For retention of particles in regime |, a relatively
small pore size (d/d, = 3 to 5) is needed, next to high surface porosity. Our
simulations indicate that triangular pores pointing to the feed outlet are
optimal. A pore size that is clearly smaller than the smallest particle size
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enables a high enough drag force on particles, because particles cannot
penetrate into the pore. The combination of cross flow velocity and
transmembrane pressure must be such that the backtransport of particles to
the cross flow channel is sufficient to keep the membrane clean (single
particle release criterion, eq. 17). In regime |l, a steady cake layer is
developed, which determines the flux. The membrane properties are less
important, albeit it is still recommended to use a high aspect ratio to prevent
particles getting stuck in the membrane pores. For retention in regime Il
(limiting flux regime), a high porosity and small pore size are recommended
(d/d, = 3 to 5). A high porosity avoids local focusing of the flow around a pore,
which could effectively increase the resistance of the first blocking layer. As in
the previous case, the problem of particles getting stuck into the pores is
reduced at high d/d,. The pore geometry is not so important. Filtration may
continue until the flux has become too low due to the cake formation, and then
the cake layer needs to be removed by for example a backpulsing technique.
Fractionation: We assume here that the optimization criterion is optimal
selectivity (i.e. high retention of large particles and high transmission of small
particles), and not necessarily achieving highest flux. In fractionation
processes, the pore size is determined by the required selectivity. Large
particles must be rejected, while smaller particles must be able to pass the
membrane. Therefore, regime Il and lll are not suitable, because the cake
layer will determine the selectivity, instead of the membrane. For fractionation
in the sub-critical flux regime, the cross flow velocity and transmembrane
pressure must correspond with the membrane pore size, such that rejected
particles are removed from the pore (eq. 17) and transported back to the cross
flow channel, while small particles can still pass the membrane. As shown by
the simulations, triangular pores with the side towards the inlet of the feed may
be a good choice. However, fractionation in regime | can be instable, when
particles with diameters close to the pore size are present (d/d, close to 1).
These particles then become embedded in the pore (f(dy/d) low) and very
high cross flow velocities are required to remove them. Gradually more pores
will become blocked, leading to a decreasing flux.

Fractionation in regime Ill as such is not possible, unless the cake is removed
periodically. One might consider two options here. When a pore geometry is chosen
such that a particle cannot completely block the pore (such as slit shaped or
triangular pores), blockage will still allow the permeation of fluid through the pore.
However, the available space will probably be too small to allow transmission of

56



3. Optimization of the pore geometry and membrane design for micro-machined membranes

small particles. These small particles are therefore retained (for the greater part), and
the permeate will contain hardly any of the smaller particles. Alternatively, one might
consider using membranes with circular pores that can be blocked completely
without affecting other pores. The flux is reduced more quickly, but the permeate that
is obtained will have a high concentration of small particles. Combining this with a
frequent backpulsing strategy to periodically lift off the particles and allow further
permeation will then result in optimal transmission of the small particles and retention
of the large particles, at a reasonable flux level.

Besides an optimal design from hydrodynamic point of view, micro-machined
membranes must meet additional requirements, such as sufficient mechanical
strength [3]. The manufacturing of robust micro-machined membranes with exact
pore geometry, high porosity and a thin active layer is still a challenge. However,
given the fast developments in this area we do expect that progress will be made
here.

b) Influence of particle-pore interactions
In this paper, the critical flux criterion was developed from a hydrodynamic point of

view, while neutral interaction between the particle and the pore was assumed.
However, in reality always additional interactions will be present, such as
electrostatic (Van der Waals) or double layer interactions. Depending on the system
and distance between the particle and the pore, these interactions have an attractive
or repulsive nature.

When the properties of the system (membrane, particle, medium) are defined, the
interaction between the particle and the pore can be quantified with the DLVO theory
[25]. The resulting force can be added to the pressure force on the right hand side of
equation 14. Bowen and Sharif showed that electrostatic forces can indeed play a
crucial role in the filtration of 0.1 pm particles [26]. Though hydrodynamic forces
become more significant for larger particles, surface properties could be an important
aspect in the design of micro-machined membranes for microfiltration purposes as
well [27].

Conclusion

CFD simulations were used to evaluate the influence of pore geometry and process
conditions on deposition or release of particles. The simulations indicated that
triangular pores pointing towards the outlet of the feed result in an optimal balance
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between the torque of drag, the torque of pressure force, and the permeability of the
pore. Further, sharp (90°) pore edges enhance particle release, while wear and
particle deformation (both causing a deeper penetration of the particle into the pore)
have a negative influence.

An extended particle release criterion was presented for membranes with uniform
straight pores, various pore geometries, and membrane surface coverage. This
criterion yields a critical value for the wall shear stress (and thus the required cross
flow velocity) for a given transmembrane pressure. It also shows that the smallest
particles in the suspension are determining the critical flux. Especially for particle
fractionation, this implies a strict membrane and module design.

Although the model was developed for hydrodynamic interactions under neutral
conditions, the model can be extended with a DLVO term to include interactions
between the particle and the pore for practical systems.

Based on our findings, recommendations on membrane and process design were
given for processes aimed at retention of all particles, and processes aimed at
fractionation of particles into different fractions.
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Nomenclature

A, open pore area [m?]

C Lattice Boltzmann velocity [ms™]
Ci Lattice Boltzmann velocity in direction i [ms™]
Cs Lattice Boltzmann speed of sound [ms™]
Cq drag force coefficient [Nm™'s]
d particle diameter [m]

dp characteristic pore size or diameter [m]

Eu Euler number [-]

Fq particle drag force [N]
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friction factor
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equilibrium of direction i

density of direction opposite of i
Stokes drag force

height of particle above the membrane
height of cross flow channel
permeability per open pore area

slit length

membrane length

orifice thickness / small channel length
periodic box size

torque

pressure drop

pressure drop over cross flow channel
transmembrane pressure at inlet

flow rate

particle radius

pore shape force factor

discretized time

integration time step

fluid velocity

local fluid velocity

average cross flow velocity

Lattice Boltzmann weight factor for direction i

discretized position
grid size

membrane porosity

viscosity

membrane surface coverage
kinematic viscosity

density

wall shear stress

Lattice Boltzmann collision operator
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Chapter 4: Evaluation of microsieve membrane
design’

Abstract

In principle, microsieve membranes have high fluxes, due to their extremely low flow
resistance and their uniform pore size. However, it was found experimentally, that the
design of the support structure, even though its flow resistance is negligible, had
great effect on the flux and the evolution of pore blocking. This finding was quantified
using Computational Fluid Dynamics (CFD) simulations of the flow through the
microsieve.

From the CFD calculations, we could conclude that the design of a microsieve should
necessarily encompass the design of the top layer and the support structure
together. The first design of the microsieve only had 30% of the maximum possible
flux. It was shown that the channel height between the pore field and the support
structure should be at least 150 um for optimal use of the microsieve.

Introduction

Microsieves (fig. 1) are special microfiltration membranes manufactured with
photolithographic techniques developed in the semi-conductor industry [1]. Currently,
microsieves are mostly used for analytical purposes; large-scale applications, such
as the clarification of beer and filtration of milk are under investigation [2, 3]. Due to
their extremely thin active top layer, their relatively large porosity, and their open
support structure the fluxes can be two or three orders of magnitude larger than for
conventional membranes, even when using very low transmembrane pressures.
Because of the large fluxes through the membrane, the outlet of the microsieve
should be constructed in such a way that it accommodates these high fluxes.
Besides this, also accumulation of particles on the membrane will take place faster
than for regular membranes and this has to be taken into account for optimal use of
the microsieve. Thus, it is important to quantify these effects, which are inherent to
any microfiltration process, but not always as important as for microsieves.

! This chapter is accepted for publication in Journal of Membrane Science: G. Brans, J. Kromkamp, N. Pek, J.
Gielen, J. Heck, C.J.M. van Rijn, R.G.M. van der Sman, C.G.P.H. Schroén, R.M. Boom, Evaluation of
microsieve membrane design.
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Figure 1: SEM photo of a microsieve (Courtesy of Aquamarijn Micro Filtration BV).

Kuiper et al. [4] studied the blocking of individual pores in a microsieve by a particle
in the feed. They were able to relate the occurrence of pore blocking to the force
balance on the particle, resulting from the suction force by the transmembrane
pressure, and the drag force exerted by the crossflow over the membrane. The pore
blocking behavior of microsieves on a larger scale is, however, not yet clear, also
because the study of Kuiper et al. ‘only’ included a force balance for one pore without
considering effects of the design of the microsieve as such i.e. multiple pores, and
surface interaction.

In this paper, we therefore focus on the design of the microsieve and relate this to the
flux and deposition of particles from the feed onto the membrane. The flux was
related to the exact microsieve design, consisting of the top layer and support
structure. This was done with simulation of the fluid flow through the support
structure of the microsieve with lattice Boltzmann CFD simulations. These results
were used to explain particle deposition during filtration of latex solutions, and
ultimately, come to guidelines for a better design of the microsieve.

Pore blocking model

The flux decrease during the filtration of particle suspensions with microsieves was
compared to a theoretical pore-blocking model, in which it is assumed that all open
pores contribute equally to the total flux. We used a slightly modified version of the
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4. Evaluation of microsieve membrane design

model of Ho and Zydney [5]. The flux through a membrane Jmemprane (Ms™) with n
pores per area (m™) can be expressed as the sum of the flow rates through the open
and blocked pores:

Jmemhrane =a-n- Qopen + (l - Cl)' n- leocked [1 ]

with a (-) the fraction of open pores. Qopen (m®s™) is the average flux per open pore
and Quockes (M>s™") is the average flow rate per (partially) blocked pore. In principle,
Qopen Can be calculated for microsieves with round pores of diameter D according:

0, = AP/([lfgi” + 2 jfc (e)] 2]

and for slits with dimensions length | and width D [1]:

B 12hn  32n
anen - AP/(( ID3 + 7Z'ID2 ij (‘9)) [3]

where AP (Pa) is the transmembrane pressure, h (m) the membrane thickness and n
(Pas) is the viscosity of the fluid. f;(¢) and fs(¢) are correction factors for the
cooperative effect of neighboring pores, for circular pores and slit pores respectively.
Their values are taken from literature [1]. This correction becomes significant above a
membrane porosity € of 0.2, as is the case for the microsieves used in this study.
When the particle diameter is smaller than the distance between the pores, circular
pores can be completely blocked by spherical particles and Qpocked Can thus be
assumed equal to zero, this is the case for design A of the microsieve. When the
particle diameter is larger than the distance between the pores or the pores have a
different geometry, filtration continues after the formation of the first layer and a
thicker cake can develop. This was the case for design B of the microsieve.

For dead-end filtration, the flux during the formation of the first layer of particles can
be described with:

dJmembrane _ —C Jmembrane (.] —J ) [4]
- b open blocked JMplock

dt n
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Where C, (m'3) is the bulk particle concentration in number per volume, and npjock (-)
the number of pores that is blocked by one single particle. Jopen, Jbiock @Nd Npjock Were
calculated from the flux curve against the number of particles on the microsieve.

Materials and methods

Different microsieve designs were used in this research. Microsieve A has round
pores with a diameter of 1.2 ym; the porosity of the pore fields is 0.49, and in total,
the sieve has 8+*10° pores. Microsieve B has an improved design with negligible
resistance of the support structure (channel height > 350 um). Because of limited
freedom in microsieve design, the microsieve has slit-shaped pores of 0.8 x 2.5 ym
and pore field porosity 0.4. The size of the microsieve samples was 1 cm?, and they
were provided by the D-force project.

The flow through microsieves was analyzed with CFD computer simulations, in which
the channel height was varied between 35 and 350 um (in practice it is possible to
increase the channel height over 350 um and still have a mechanically stable
microsieve). The CFD simulations were performed with the lattice Boltzmann (LB)
method [6], which has been successfully applied for fluid flow in complex geometries,
porous media, and suspensions [7].

Because the height of the channel between the support structure and the membrane
top layer is much smaller than the width of the pore field in the third dimension, this
can be considered a 2D problem. A 2D LB model with 9 discrete velocities (D2Q9)
was used to determine the influence of the sieve support structure.

No-slip boundary conditions were used for rigid walls. At the inlet and outlet, pressure
and velocity boundary conditions were used according to Zou and He [8]. A fully
developed parabolic velocity profile was defined at the inlet of the cross flow channel,
and fixed pressures at the retentate outlet and permeate outlet. The membrane pore
field was implemented as a continuous layer with a hydraulic resistance. This
resistance was calculated from equation 2 and the membrane porosity [9].

White sulfate latex particles with diameters of 1.6 and 9.6 uym were obtained from
Interfacial Dynamics Corporation (Portland, Oregon). Feed solutions were prepared
by diluting the 8% stock solution with MilliQ water from a Millipore Academic filter unit
(Billerica, Massachusetts). Before use, microsieves were hydrophilized by ozon
plasma treatment (Harrick PDC-32G plasma cleaner, Ossining, New York; used at its
highest level for 2 minutes). Microsieves were, either glued into a polysulfone holder
(GE-Bayer TSE 399C, Japan), or melted into the holder by microwave heating.
Subsequently, the holder was placed into the module. The filtration experiments were
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4. Evaluation of microsieve membrane design

carried out in dead-end mode. The transmembrane pressure (+ 0.1 kPa) was set by a
static water column and recorded by pressure sensors (Keller Druckmesstechnik,
Winterthur, Switserland). The amount of permeate was registered on a balance
(Sartorius 4200, Gottingen, Germany) that was connected to a computer. After
usage, the system was cleaned for at least 1 h with 1% Ultrasil 11 solution (Ecolab,
St. Paul, Minnesota) at slightly elevated temperature (around 40°C) and rinsed with
MilliQ water.

For the analysis of particle deposition, a 3D lattice Boltzmann model with 19
velocities (D3Q19) was used to simulate the resistance of the first and second layer
of particles. The position of the particles was determined by assuming hexagonal
close packing. For a more extensive description of the LB models and its validation,
the reader is referred to Brans and coworkers [10].

Results and discussion

a) Microsieve design

The flow through a type A microsieve was studied with the 2D LB CFD model.
Simulation results are depicted in figure 2 and 3. We found that the support structure
has a large influence on the flow through the microsieve.

At a transmembrane pressure of 4.0 kPa, the presence of the support structure limits
the capacity to about 30 % of the clean water flux that could be achieved with a sieve
without support structure (calculated from the velocity profile, figure 3).

Although the flow resistance of the support structure itself is negligible, the
configuration of the membrane layer together with the support structure has a large
influence on the flow pattern and the total resistance. Most of the flux permeates
through the middle of the pore field. The channel between the support structure and

the membrane layer is 35 pym, and a small pressure difference arises to drive the
water from the edges of the pore fields towards the middle. Hence, the
transmembrane pressure at the edges of the pore field is lower than in the middle of
the pore field. This is directly reflected in the local flux as can be seen in figure 3.
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Figure 2: 2D lattice Boltzmann simulation of flow through a type A microsieve; grid dimensions
700260 and grid size 5 ym. A is the support structure and B the membrane top layer (length
2500 pm, depth 60 pm). The permeate outlet width D was 140 pm between the support structure
just underneath the membrane and 1000 um at the bottom. In the simulations, the channel
height C was varied between 35 (as is shown in the figure for design A) and 350 pm. Additional
information on e.g. the pore size can be found in the materials and methods section. Arrows
indicate flow direction and local fluid velocity; transmembrane pressure was 4.0 kPa.
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Figure 3: Flux through the membrane layer as a function of the horizontal position (derived
from fig. 2). The flux is a direct function of the local pressure difference across the membrane.

A solution to this is to increase the channel height between the support structure and
membrane layer. The effect thereof is investigated with lattice Boltzmann simulations.
In table 1, the calculated relative flux is shown for microsieves with different channel
heights. The main conclusion is that the channels have to be as high as 150
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4. Evaluation of microsieve membrane design

micrometer to reach fluxes above 90 % of the flux of a support layer-free microsieve,
therewith stressing the importance of this design parameter.

Table 1: The effect of changing the channel height between the support structure and the
membrane top layer (sieve design A has a channel height of 35 pym). The relative flux was
calculated from a simulation of a sieve without support structure.

Channel height (um) Relative flux (-)
35 0.30
60 0.63
150 0.92
350 0.99

b) Filtration of latex particle suspensions: design A with channel height 35 ym

From the simulations, it is clear that microsieve design influences the flux largely,
now we investigate how this influences particles deposition during filtration. Latex
particles of diameter 1.6 um were filtered with type A microsieves in dead-end mode.

JIJg []

Number of particles (*10°)

Figure 4: Normalized flux during dead-end filtration of 1.6 pym particle suspensions with type A
microsieves). The latex concentrations were 1.6 mg I" (diamonds) and 0.82 mg I" (triangles);
the transmembrane pressure was 4.0 kPa. Further, the results of the regular pore blocking
model (solid line) and a model that includes the effect of support structure (squares) are

shown.
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The normalized flux is shown for two concentrations (0.82 and 1.6 mg I'1) in figure 4
as function of the number of particles retained by the microsieve, together with the
prediction of the regular pore-blocking model. The two suspension concentrations
gave almost identical curves for the relative flux against the number of particles. As
can be seen, the experimental curves do not agree with the pore-blocking model. In
the initial stage, the flux decreased faster than the model prediction, while at the end
the flux decreased slower. This indicates that fluxes are not the same for each pore,
as was expected from the simulations on the channel height.

During the latex filtration experiments, it was observed that particles preferably
deposited in the middle of the pore field. This is in agreement with our simulation
results, which also indicated that most of the flux goes through the centre of the
microsieve, and therefore will have a higher chance to be blocked. Simulations of a
type A microsieve that gradually becomes blocked, starting in the middle of the
membrane field with the pores that carry most of the flux (based on experimental
observations), show a similar behavior as the experimental fluxes (fig. 4), although
the experimental fluxes seem to decrease slightly faster than the flux simulations.
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Figure 5: Normalized flux curves during dead-end filtration of 9.6 ym particle suspensions with
type A (diamonds) and B (triangles) microsieves at a latex concentration of 17 mg I". The
transmembrane pressure was 4.0 kPa.
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4. Evaluation of microsieve membrane design

Filtration of 9.6 ym latex particles with type A microsieves leads to incomplete pore
blocking, since one particle covers multiple pores. Thus multiple particle layers are
formed. The build-up of multilayer started in the middle of the pore fields even before
the whole pore field was covered with a monolayer of particles. The flux curve
showed a gradual flux decrease (fig. 5), because of the factors mentioned earlier.
Because of the multiple layers, the flux behavior could not be analyzed with the
simple pore-blocking model.

c) Filtration of latex particle suspensions: design B with channel height > 350 ym

A new microsieve design with negligible resistance of the support structure was
tested together with the old design. Flux curves for 9.6 ym latex particles at
concentration 17 mg I are shown in figure 5. Only for microsieve B, the flux against
the number of particles gave a straight line with different slopes for the first two layers
of 9.6 um particles. The slopes were determined with linear regression and the
reliabilities were estimated (fig. 6). After 4.1*10° particles, the slope of the flux curve
seems to change, which corresponds to the completion of the first layer.
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Figure 6: Flux decrease during filtration of 9.6 ym particles with type B microsieve: the
formation of the first and second particle layers. Latex concentration was 17 mg I" and
transmembrane pressure 4.0 kPa. The slope of the first layer was —15.1*1 0° % 0.59*10° ms™
particle™ (95% conf. int.). The slope of the second layer, was —9.08*10° £ 3.69*10° ms™ particle™
(95% conf. int.).
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One particle covers approximately 22 pores, based on the porosity of the pore fields
and surface coverage of 0.5 by a closely packed 2D monolayer of spheres. The
parameters of the pore-blocking model, Jopen and Jpiockea, Were calculated for the first
blocking layer and were 0.026 ms” and 0.019 ms™’ respectively. After 8.1*10°
particles, in principle the second layer was completed. Jpocked2, the average flux
through one pore with two particle layers was equal to 0.016 ms'. For the
subsequent layers, the difference in the slope was less pronounced. The straight
lines in the initial phase are in agreement with the pore-blocking model of Ho and
Zydney [5]. They could only distinguish the first deposition layer on a track-etched
membrane and assumed random cake formation afterwards.

Further, the resistances of the first and second layer of particles on the membrane
were determined (table 2). Notice that these resistances must be interpreted as the
additional resistance in combination with the membrane (first layer), and additional
resistance in combination with the membrane and the first layer (second layer). The
first blocking layer caused the largest flux decline, 73 % of the original flux.

Table 2: Experimentally determined resistances and computer simulations of dead end
filtration of 9.6 ym latex particles with microsieve design B at transmembrane pressure 4.0
kPa. The membrane resistance according to eq. 3 was 7.8*1 0’ m”, with fs(g) 0.93.

Experiment Simulation
Resistance first layer m™ 3.7%10" " 3.6*10" "
Resistance second layer [m™] 2.2%10" 2 2.9%10" ?
Jopen [Ms "] 0.026 0.045
Joiocked [MS”'] 0.019 0.030
Jbiockedz [MS™] 0.016 0.023

Y note that resistance must be interpreted as additional resistance to the membrane resistance.
2 note that resistance must be interpreted as additional resistance to the membrane and first particle
layer.

Numerical simulation of the first layer on the membrane with the 3D lattice Boltzmann
model gave a resistance of 3.6*10° m™, which is in agreement with the experimental
data (3.7*10® m™'; some experimental and numerical data are shown in more detail in
table 2). The experimental resistance of the second layer was 2.2*10° m™, while
numerical simulation gave a resistance of 2.9*10® m™, which is still in relative good
agreement. The resistance of the first layer is higher than the second layer, due to
the specific configuration of the particles near the pores. Dufreche and coworkers
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4. Evaluation of microsieve membrane design

also reported a higher resistance for particles on a perforated plate, than for particles
slightly further away from the plate [11].

To round off, the importance of a correct design of the total membrane became
eminently clear from the particle filtration experiments and the computer simulations.
Both, the top layer and support layer should be considered together in the design in
order to make best use of microsieves. We expect that the microsieve design can be
further optimized, for example, pore field design and porosity are still to be
investigated in detail.

Conclusion

The support structure of the sieve has a large influence on flux and particle
deposition, as shown by computer simulations and particle filtration. For microsieve
design A, only 30 % of the sieve area was used effectively during filtration. CFD
simulations showed that the height of the channel between the pore field and the
support structure had a large effect on the flow resistance, and caused non-uniform
flow through the pore field, which limits the application of the current design of the
microsieve.
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Chapter 5: Transmission and fractionation of
micro-sized particle suspensions’

Abstract

In processes aimed at the fractionation of a multi-component feed stream,
transmission of small particles through the membrane is just as important as
retention of larger particles. In this paper, we describe the mechanisms of
transmission of mono-disperse latex particles through a polymer membrane. The
effects of process parameters, such as transmembrane pressure, cross flow velocity
and feed concentration were investigated. In dead end filtration mode, we found that,
depending on the transmembrane pressure, four particle transmission regimes could
be distinguished.

Particle deposition on polymer membranes and polymer microsieves was
investigated in-line with Confocal Scanning Laser Microscopy (CSLM). It was
observed that with the polymer membrane random depth fouling took place, while the
microsieve exhibited in-pore fouling.

In addition, bi- and tri-disperse particle suspensions were fractionated with cross flow
membrane filtration. Based on the phenomena observed, it is concluded that the
design of a fractionation process starts with defining a stable transmission regime for
small particles, and subsequently choosing process conditions for minimal deposition
of the larger particles.

Introduction

The separation of micro-sized particle suspensions is an important topic in the
chemical, food, and pharmaceutical industry. Product purity and particle size
distribution are important factors determining the functionality and the economic
value of these products.

As a rule of thumb, membranes are capable of separating particles that differ in size
by a factor of ten. Particles are transmitted through a membrane with a nominal pore
size of three to five times the particle size. For the retention of large particles,

" This chapter is in preparation for publication: G. Brans, A. van Dinther, B. Odum, C.G.P.H. Schroén, R.M.
Boom, Transmission and fractionation of micro-sized particle suspensions.



particles must be at least twice as large as the nominal pore size. In these numbers,
the effects of particle size distribution and membrane pore size distribution are taken
into account.

For efficient use of natural feed steams, components need to be separated more
precisely and into various well-defined fractions. Such a fractionation system can
consist of e.g. multiple membrane stages, which should combine high retention of the
larger species with high transmission of the smaller species through the membrane.
Because the components often differ only slightly in size and they may be rather
poly-disperse, these separations are not trivial.

As an example, in the membrane pasteurization of skim milk, the smallest bacteria
can be 0.7 uym, while these have to be separated from casein micelles as large as 0.5
pm [1]. For these types of separations, membranes with narrow pore size
distributions such as track-etched membranes [2], microsieves [3] or metal
microfilters [4] are of essence.

Ramachandran and Fogler investigated particle transmission during dead end
filtration with track-etched Nuclepore filters that have uniform pores [5]. Various
phenomena were found to play a role. Low flow velocities caused particle adsorption
to the pore walls (in-pore fouling), while higher flow velocities resulted in better
particle transmission. When the flow velocity was increased further, the pores
blocked because of bridging. All these aspects need to be understood for the
successful design of fractionation processes.

Besides the effects of in-pore fouling and bridging, a cake layer may build up on the
membrane, therewith further reducing productivity and selectivity. Cake formation
usually starts with deposition of large particles, which results in flux decline and
reduced transmission of small particles, as the cake retains them. Although cake
formation can be reduced to some extent by charge interactions, as described by
Iritani et al. [6], mostly this is not an option and cake formation should be prevented
completely for fractionation purposes.

In this paper, we first report the transmission behavior of particles through a polymer
membrane in dead end and in cross-flow mode. Ideally, the particles should be
transmitted completely for fractionation. However, we also studied the location of
particles that block the membrane under different process conditions. Deposition of
particles on top of the membrane is generally reversible. Particles deposited inside
pores however, cannot be removed. Particle transmission was investigated with
mono-disperse latex particles using polymer membranes and polymer microsieves,
and was visualized with Confocal Scanning Laser Microscopy (CSLM) for both types
of membrane. Based on the knowledge gained for mono-disperse suspensions,
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5. Transmission and fractionation of micro-sized particle susensions

fractionation experiments were performed with bi- and tri-disperse suspensions.
From this, general rules were derived for fractionation processes.

Theory

The transmission of particles through the membrane T is defined as:

rT=-" [1]

Where Cr is the concentration in the feed and C, the permeate concentration.
Transmission is related to the retention R via T=1-R.

The flux curves were analyzed with a standard blocking model and pore blocking
model [7]. The standard blocking model assumes that deposition takes place on the
pore walls, causing the pore diameter to decrease, while the number of active pores
per unit area remains the same. This model gives for the flux J through the
membrane:

AP
= 2]
n-Ry(1+kt)
With AP the transmembrane pressure, n the viscosity and Ry the initial membrane
resistance. k; is a constant, related to deposition rate, and t the time.

For the pore-blocking model, it is assumed that the number of active pores
decreases proportionally with the cumulative permeate volume due to pore blocking
while the pore diameter remains constant. The flux through the membrane is
described by:

AP

J=—"
77 'Roekzt

[3]

with k, a constant, related to the blocking rate.

77



Materials and methods

a) Conventional membrane experiments

Transmission and fractionation experiments were performed with 0.2 um cellulose
acetate membranes (Sartorius 11107-293, Goettingen, Germany). The pore size
distribution of the membrane was determined with coulter porometry, which yielded
an average pore size of 0.33 um. In the fractionation of the tri-disperse suspension
also a 3.0 uym cellulose acetate-nitrate polymer membrane (Millipore SSWP304F0
Billerica, Massachusetts) was used. The membranes were pre-conditioned and
cleaned by recirculating 0.1% Ultracil 11 (Henkel) in demineralized water for 30
minutes. After that, the membranes were rinsed twice with milli-Q water for 20
minutes.

The membranes were placed in a flat plate module with a channel height of 1 mm. In
the dead end experiments, a static water column supplied the transmembrane
pressure. In the cross flow experiments, a 5003U Watson & Marlow gear pump
(Cornwall, England) or a TS011 Heukelom gear pump (Achterveld, the Netherlands)
was used, and a valve in the retentate tubing controlled the transmembrane
pressure. The flux was measured by a balance (Sartorius CP4202S, Goettingen,
Germany) and the transmembrane pressure was recorded with electronic sensors
(Keller Druckmesstechnik, Winterthur, Switserland). A computer logged all data.
Surfactant free polystyrene latex was obtained in various sizes from Interfacial
Dynamics Corporation (Portland, Oregon); the 0.1 um particles were synthesized in
our lab using the method of Goodwin et al. [8]. The size of the latex particles was
verified with light diffraction (Malvern Mastersizer 2000, Malvern England). The initial
concentration of the latex suspensions was determined from the dry weight (80°C, 24
h); the concentration of the latex particles was measured with a Spectronic 20
Genesys spectrophotometer (Spectronic Instruments, USA) at 550 nm, using a
calibration curve. Latex suspensions were diluted with milli-Q water to the desired
concentration.

Dead end transmission experiments were carried out with 0.1% 0.1 ym particles at
transmembrane pressures between 0.9 and 5.0 kPa. In cross flow experiments, 0.5
to 0.9% of 0.1 ym particles were filtered at a transmembrane pressure of 3.0 kPa.
For fractionation of bi-disperse suspensions, 0.1 ym particles were separated from
larger co-particles with diameters between 0.3 and 1.4 uym, in dead end and cross
flow. The transmembrane pressure was 0.7 kPa and the particle concentration
0.041% (0.082% in total). The tri-disperse suspension consisted of 0.1, 1.0, and 10
pm latex particles in equal volume fractions (1:1:1 w/w, concentration 0.041% each),
and was fractionated with two membranes of 0.2 ym and 3.0 ym at transmembrane
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5. Transmission and fractionation of micro-sized particle susensions

pressures of 2.0 kPa and 0.7 kPa, respectively. Most particle filtration experiments
were repeated and showed good reproducibility.

b) CSLM experiments

For the Confocal Scanning Laser Microscopy (CSLM) experiments we used 3.0 um
cellulose acetate-nitrate polymer membranes (Millipore SSWP304F0 Billerica,
Massachusetts) and 5.0 um polymer PES microsieves that were kindly provided by
Membrane Technology Group, University of Twente (Enschede, the Netherlands).
Polymer microsieves are a novel type of membranes that are produced by polymer
casting in a silicon mold consisting of pillars [9]. The resulting membrane has very
uniform pores in a regular pattern (fig. 1). Because of its pore size distribution, the

3.0 ym regular polymer membrane was expected to have similar retention
characteristics for larger particles as the 5.0 um polymer microsieve.

The membranes were glued in a 1 cm? polysulfone holder with silicone glue (GE-
Bayer TSE 399C, Japan). Steel netting supported both the polymer membranes and
microsieves to withstand the transmembrane pressure. The holders were placed into
a different flat plate module (specially made for CSLM) with a microscopy glass
above the membrane and a channel height of 0.2 mm. The cross flow was driven by
a gear pump; flux and transmembrane pressure were logged by a personal
computer.

Figure 1: SEM photo of a polymer microsieve (Membrane Technology Group, University of
Twente) [9].
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Friesland Foods (Deventer, the Netherlands) kindly let us use their CSLM facilities
(Leica TCS SP2, Heidelberg, Germany). Images were made with a lens of
magnification 20 and working distance of 3.2 mm. Images of the membrane surface
were taken (for each particle size separately) and combined into an overlay with the
Leica CSLM software. The acquisition time per image was about 1 s and images
were made once per minute. Fluorescent latex particles were obtained from
Molecular Probes Europe BV (Leiden, the Netherlands). We used F8834 9.7 um red
FluoSpheres polystyrene microspheres (ex/em 580/605) and F8852 1.0 um yellow-
green FluoSpheres sulfate microspheres (ex/em 505/515). In transmission
experiments, 5.3.107 % 1.0 uym yellow-green particles were filtered with increasing
transmembrane pressure in steps of 0.5 kPa; in fractionation experiments 5.3.107 %
1.0 um particles and 2.3.10° % 9.7 pym red particles with transmembrane pressure of
0.55 kPa.

Results and Discussion

a) Effect of pressure on transmission of mono-disperse particles in dead end
To study the influence of transmembrane pressure on the transmission, 0.1 um
particle suspensions (0.1%) were filtered through the 0.2 pm cellulose acetate
membrane in dead end mode with pressures between 0.9 and 5.0 kPa. In figure 2a,
transmission is shown for various transmembrane pressures. Particle transmission
can be divided in four regimes, depending on the transmembrane pressure:

1) At 0.9 and 1.0 kPa, there was full particle transmission during the entire
experiment. Because the flow velocity through the membrane pores was low,
particles were thought to follow the major streamlines, resulting in minimal
adsorption and blocking, and therewith in a stable flux and full transmission.

2) At higher transmembrane pressure, particles were expected to come into
contact with the pore walls. This happened between 1.2 and 2.2 kPa, when
the flow velocity through the membrane was higher and particles started to
deviate from the major streamlines. The particles could be adsorbed to the
pore walls, therewith reducing the flux and the transmission.

3) Between 2.5 and 4.0 kPa, the hydrodynamic forces become larger than the
adsorptive forces, resulting in a higher initial transmission. However, because
of the higher fluxes, the chance that particles meet and block the pore
becomes larger, therewith decreasing the flux in time.

4) At even higher transmembrane pressure (4.5 and 5.0 kPa), bridging occurred.
When multiple particles arrived at a pore entrance at the same time, the pore
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could be plugged instantly and consequently the transmission decreased to
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Figure 2a and 2b: The influence of the transmembrane pressure on the relative flux and
transmission of 0.1 pm latex particle suspension (0.1 %) with a 0.2 pm cellulose acetate
membrane in dead end filtration. Transmission regimes are indicated by numbers. Dashed
lines are given to guide the eye.

Our observations are in line with the results of Ramachandran and Fogler, who
studied the transport of particles through Nuclepore track-etched membranes, which
lack interconnected pores [5]. They measured the required pressure drop over the
membrane for a constant flow of the suspension through the membrane and found
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that the efficiency of particle retention by hydrodynamic bridging increased with
increasing flow. In a subsequent paper, Ramachandran et al. discussed the influence
of colloidal forces on particle adsorption and pore blocking [10]. With their model,
based on the combination of hydrodynamic and colloidal (DLVO based) forces, they
predicted the existence of different transmission regimes for particles flowing through
a membrane pore.

The main difference between the work by Ramachandran and Fogler and the current
paper is that we used a tortuous path polymer membrane with a pore size distribution
and therefore, bridging is more likely to take place inside the membrane as well. This
could explain the time dependency of regime 3.

In figure 2b, the relative fluxes are depicted. Flux decrease and reduced particle
transmission are strongly correlated, although flux decrease is often observed
somewhat earlier than transmission decrease. At 0.9 and 1.0 kPa, there is a constant
flux and full transmission, while flux and transmission both decrease sharply at 1.2
kPa. The initial fluxes (first 5 minutes) were analyzed with the standard blocking
model and the pore blocking model, by fitting the initial resistances and the time
constants (results not shown). The flux decrease in regimes 2 and 3 coincided best
with the standard blocking model, while fluxes in regime 4 were in better agreement
with the pore blocking model. This suggests that particle deposition predominantly
starts with in-pore fouling in regimes 2 and 3 (depth filtration throughout the
membrane), and pore blocking in regime 4 (blocking by bridging, membrane surface
related). Eventually, the system is expected to show dead end cake filtration, with no
significant particle transmission.

The combination of decreased particle transmission and increased flow resistance
was also seen by Biggs et al., who investigated particle deposition in a constriction
with numerical simulations of 2D suspension flow [11]. The deposition and
detachment of particles was implemented with a so-called sticking probability, for
both the deposition on the pore wall and the adhesion to already deposited particles.
Particle deposition affected the flow pattern around the particles and increased the
rate of subsequent deposition, which is in line with our observation that as soon as
the flux decrease sets in, the transmission follows in a much more pronounced
fashion.

b) Particle deposition in cross flow transmission experiments
To investigate the interaction of particles with the membrane, the transmission
process was followed in-line with CSLM. In transmission experiments, a 5.3.107 %
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20.00 pm *

20.00 tm

Figure 3: CSLM images of transmission of mono-disperse suspension with 5.3.107 % 1.0 Mm
particles. Snapshots A, B, C: 5.0 ym polymer microsieve on t= 5, 15 and 25 min at
transmembrane pressure of 0.4, 1.0 and 1.5 kPa. Snapshots D, E, F: 3.0 ym polymer membrane
on t= 5, 20 and 34 min at 0.5, 1.5 and 2.5 Pa. The cross flow velocity was 0.047 ms™.
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suspension of 1.0 ym green particles was filtered through a 3.0 ym regular polymer
membrane and a 5.0 ym polymer microsieve (fig. 3). To study the effect of the
pressure on particle deposition, the transmembrane pressure was increased in steps
of 0.5 kPa (fig. 4a and 4b).
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Figure 4a and 4b: Flux curves and transmembrane pressure in time during particle
transmission experiments with 3.0 um polymer membrane (top) and 5.0 ym polymer microsieve
(down) under CSLM.

The microsieve showed a different fouling behavior compared to the polymer
membrane (fig. 3). With the polymer membrane, small particles were adsorbed at
random places in the tortuous structure of the membrane or became trapped in the
pores (see also fig. 5). Blocking by bridging was not observed, probably due to the
low particle concentration. The microsieves showed in-pore fouling and adhesion to
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5. Transmission and fractionation of micro-sized particle susensions

the membrane pore edges. This indicates that membrane-particle interactions are
crucial in particle transmission processes.

In figure 5, a SEM photo of the cellulose acetate membrane with particles is shown
after cross flow filtration in regime 2. The particles were indeed adsorbed randomly to
the membrane surface and inside the membrane, as observed with CSLM (fig. 3).
The flux of the polymer membrane increased linearly with the transmembrane
pressure. Please note that only the first flux level of the polymer membrane (fig. 4b)
was below the critical flux of shear-induced diffusion (0.93 mms™, [12]), but this could
not prevent particle adsorption to the membrane. Because of the open tortuous
membrane structure, the fluid can easily flow around a deposited particle and
therefore the flux was not affected. The microsieve, however, showed decreasing
fluxes after each pressure step, due to particle deposition inside the pores, leading to
significant reduction of the membrane permeability. It has to be noted, however, that
the initial flux through the microsieve was approximately one order of magnitude
higher compared to the conventional polymer membrane.

Figure 5: SEM photo after 30 minutes filtration of 0.1% 0.1 pym latex particles with 0.2 pm
cellulose acetate membrane (top view). Cross flow velocity was 0.044 ms™ and transmembrane
pressure 2.0 kPa (Membrane Technology Group, University of Twente).

The coverage of the membrane surface by particles was quantified from the relative
area that the colored particles occupy with image analysis software (fig. 6). Initially,
the curves show a linear increase of deposited particles with the cumulative
permeate-volume, indicating that a constant fraction of the convected particles
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adsorbed to the membrane. At the third pressure step (1.5 kPa, 20 min), the polymer
microsieve reached a maximum particle coverage that was 10 % of the total area.
Further increase of the pressure did not increase the colored area, which probably
means that particle deposition stopped and that still considerable area was available
for permeation of particles (microsieve porosity 20 %). For the conventional polymer
membrane, particle deposition continued to increase linearly with the cumulative
permeate volume and a surface coverage of 13 % was reached at the end of the
experiment but we expect that it would have gone higher if the experiment would
have been continued.

particle color area (%)

—e— polymer membrane

—g— polymer microsieve

0 5 10 15

cumulative permeate volume (m®m)

Figure 6: Relative colored area of 1.0 ym particles against the cumulative permeate volume
during transmission experiments with 5.0 ym polymer microsieve and 3.0 pm polymer
membrane under CSLM. Note that after every six points, the transmembrane pressure was
increased according to figure 4.

Based on calculations, almost all particles were captured with the conventional
membrane, which had very low particle transmission. At the end of the microsieve
experiment, however, the presence of particles in the permeate was confirmed
qualitatively by filtering a small amount of permeate through a 0.2 ym disposable
filter and visual inspection with CSLM.

c) Effect of concentration on particle transmission in cross flow

Cross flow experiments with 0.1 % particle suspensions also showed four
transmission regimes, as was the case in dead end filtration. However, the cross flow
velocity affected the transmembrane pressures at which these transmission regimes
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occurred. Depending on the cross flow velocity, regime 3 (see fig. 2) now showed
time dependent or independent particle transmission (fig. 7a and 7b). At the right
cross flow velocity, full transmission could be observed over time.

Clearly, transmission is governed by hydrodynamic and colloidal interaction forces.
To obtain more insight in the deposition mechanism, the effect of higher particle
concentrations was investigated.
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Figure 7a and 7b: The influence of the cross flow velocity on the flux and transmission of 0.1
um latex particle suspension (0.1 %) with a 0.2 pm cellulose acetate membrane, at
transmembrane pressure of 3.5 kPa.
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The concentration of the 0.1 um latex suspension was varied between 0.5 and 0.9 %.
The transmembrane pressure and cross flow velocity were chosen such, that a 0.1 %
particle suspension showed full transmission (3.0 kPa, 0.026 ms™).
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Figure 8a and 8b: The effect of particle concentration on the flux and transmission of particles
in cross flow filtration of 0.1 ym latex particles with 0.2 ym polymer membrane. Cross flow
velocity was 0.026 ms” and transmembrane pressure 3.0 kPa. Solid lines are fits with pore
blocking model (first part 0.7 % and 0.8, 0.9 %) and combination of the pore blocking and
standard filtration model in series (second part 0.7 % and 0.5, 0.6 %), after Tracey and Davis [7].

The feed suspension was recirculated and we took care that particle concentration in
the feed never increased more than 10 %. Particle transmission and fluxes with
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different concentrations are shown in figure 8a and 8b. The 0.8 and 0.9 % latex
suspensions had low fluxes and transmission from the start, while the particle
transmission of the 0.7 % suspension decreased after 11 minutes, and after 17
minutes for both 0.5 and 0.6 %. These observations are in line with Pandya et al.
who described a similar concentration dependency for plugging of porous media [13].
They found that suspensions with low concentration had stable flux and full
transmission. Above a critical concentration, blocking occurred after a lag time, which
was shorter for higher concentrations.

Unlike the pressure regimes 2 to 4 in dead end filtration, where particle transmission
decreased to zero, the transmission in cross flow reached a “steady state” value of
around 0.1. Apparently, the cross flow makes particle deposition “dynamic” and
induces backtransport, therewith allowing particles to pass the membrane to some
extent.

The original flux curves were fitted with the models of Tracey and Davis (fig. 8b) [7].
The first three minutes of the 0.7, 0.8 and 0.9 % suspensions could be described well
with the pore blocking model. After three minutes, the fluxes of the 0.8 and 0.9 %
became constant. A combination of the pore blocking model and standard filtration
model in series could describe the flux of the 0.7 % suspension after three minutes,
and the flux of the 0.5 and 0.6 % suspensions during the whole filtration. The fluxes
of the 0.5 and 0.6 % suspensions decreased gradually until 15 minutes. After that, a
sharp decrease was observed, where the pore restrictions became effective (in-pore
fouling). This indicates that for low concentrations the flux decrease is governed by
particle deposition in the membrane, and for higher particle concentrations deposition
takes place on the membrane surface (pore blocking by bridging).

To investigate the effect of particle concentration further, the flux is plotted against
the number of accumulated particles (fig. 9). If the flux decrease would have been
independent of the particle concentration, the initial slopes would coincide, therewith
indicating a complete blocking mechanism. This is clearly not the case and the
blocking rate increases more than proportional with the concentration, which
indicates bridging. The 0.9 % suspension showed slightly less efficient blocking than
0.8 %, which might be due to a rapid initial flux decrease that could not be captured
during the experiments.

d) Fractionation of bi-disperse particle suspensions in dead end
We investigated the effect of changing particle size ratio with constant particle
volume fraction of small and large particles of 1:1 w/w (total concentration 0.082 %).
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Figure 9: The effect of retained particles by the membrane on the flux in cross flow filtration of
0.1 um latex particles with 0.2 pm polymer cellulose acetate membrane. The straight lines are
fits with the pore blocking model in the first 3 minutes (same experiment as fig. 7).

Experiments were performed under conditions (transmembrane pressure and cross
flow velocity) at which full transmission of the small particles was expected. In the
fractionation experiments, 0.1 pym particles were separated from a larger co-particle
with a diameter between 0.3 and 1.4 um, using a 0.2 ym cellulose acetate
membrane.

In figures 10a and 10b, fluxes and particle transmission are shown. Both the flux and
transmission decrease in time for all particle size combinations. The bi-disperse
suspensions of 1.4 and 0.1 ym, and 1.0 and 0.1 pym showed relatively high initial
transmission, but for the bi-disperse suspensions of 0.6 and 0.1 ym, and 0.3 and 0.1
Mm, transmission decreased rapidly. The large particles are retained by the
membrane and form a cake layer, which in its turn affects the flux and transmission
of small particles. It can be calculated that small particles need to be at least a size
seven smaller to move through a bed of large particles, otherwise they will be
captured.

Based on that, it was expected that the small particles were transmitted best in
company of the largest particles, and this was the case. Transmission indeed
decreased with decreasing co-particle size. Surprisingly, the fluxes did not show
significantly different behavior.
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Figure 10a and 10b: The effect of particle size ratio on flux and transmission during dead end
fractionation of bi-disperse latex particle suspensions. Transmembrane pressure was 0.7 kPa,
total latex concentration 0.082 % of 0.1 ym and larger co-particle of 1.4, 1.0, 0.8, 0.6 and 0.3 pym
with ratio 1:1 (w/w).

e) Fractionation of bi-disperse particle suspensions in cross flow

Similar to the dead end experiments, 0.1 ym particles were separated in cross flow
mode from larger particles of size between 0.3 and 1.4 ym, at transmembrane
pressure of 0.7 kPa. In figure 11a and 11b, the flux and transmission are depicted.
The fluxes reach a steady value, despite the slight increase of the concentration of
large particles due to recirculation of the feed (a maximum increase of 15 % was
allowed). Unlike the dead end fractionation experiments where transmission
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decreased to zero, the transmission reached a steady state value. As mentioned
before, the cross flow promotes dynamic behavior of the cake layer, therewith
enabling higher transmission and fluxes than in dead end filtration. Fluxes were
higher than predicted with backtransport mechanisms [12], based on the large
particles alone.
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Figure 11a and 11b: The effect of particle size ratio on flux and transmission during cross flow
fractionation of bi-disperse latex suspensions of 0.1 ym particles and larger co-particle with
ratio 1:1 (w/w). Transmembrane pressure was 0.7 kPa, total latex concentration 0.082 %, cross
flow velocity 0.074 ms™.
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Fractionation of 1.0 and 0.1 ym particles gave the highest fluxes and almost full
transmission (0.85), while the 1.4 and 0.1 um suspension had a stable transmission
around 0.45 (and a somewhat lower flux). It is thought that the presence of large
particles near the membrane might explain the difference in transmission: since back
transport by shear-induced diffusion of 1.4 ym particles is larger than for 1.0
particles, fewer particles will be present at the membrane surface for micro-mixing to
ensure higher flux and transmission.

Transmission was almost negligible for the suspension with 0.6 and 0.1 um particles.
Apparently, this size combination leads to such a specific cake composition (size
difference of six while seven is required for transmission) that transmission of small
particles is hindered.

Figure 12: CSLM images of polymer microsieve during fractionation of bi-disperse suspension
with 5.3.10”7 % 1.0 ym (green) and 2.3.10° % 9.7 pm particles (red). Snapshots A to C on t= 6, 18
and 30 min (without visualization of the microsieve), and D t= 30 min with microsieve on
different location. The cross flow velocity was 0.047 ms™ and the transmembrane pressure 0.55
kPa.
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f) Particle deposition during fractionation of bi-disperse suspension in cross flow
Similar to the transmission experiments, particle deposition during fractionation of a
bi-disperse suspension was monitored with CSLM. A suspension of 5.3.107 % 1.0
um green particles and 2.3.10° % 9.7 um red particles was fractionated with a 5.0
Mm polymer microsieve at a transmembrane pressure of 0.55 kPa and a cross flow
velocity of 0.047 ms™.

The CSLM images (fig. 12) indicate that both particle sizes deposited on the polymer
microsieve, and particle deposition increased in time. The small green particles
adsorbed to the pore edges and inside the pores, as seen previously for mono-
disperse suspensions, and the large red particles deposited exactly on a pore. The
presence of large particles near the membrane indicates that both particle sizes are
involved in pore blocking and cake formation during particle fractionation.

g) Fractionation of tri-disperse particle suspensions in cross flow

In reality, feed suspensions often contain multiple components that need to be
separated into multiple fractionations. This introduces two new variables: firstly the
effect of poly-dispersity on both the flux and transmission of particles through the
membrane, and secondly the order of separation.

To investigate the fractionation of a poly-disperse suspension, fractionation
experiments were performed with a tri-disperse latex suspension, consisting of 0.1,
1.0 and 10 ym latex particles in equal volume fraction (1:1:1 w/w), using membranes
of 0.2 um and 3.0 ym under optimized process conditions (transmembrane pressure,
cross flow velocity).

The flux of a mono-disperse 0.1 ym suspension through the 0.2 ym membrane was
equal to the clean water flux and had almost full particle transmission (between 0.8
and 0.9, fig. 13a). The direct separation of 0.1 um particles from the tri-disperse
suspension with the 0.2 ym membrane gave a higher flux than the separation of 0.1
pgm particles from a bi-disperse 0.1 and 1.4 ym suspension (fig. 13b). This could be
explained by shear-induced migration of large particles towards the center of the
cross flow channel, which promotes the transmission of small particles through the
membrane [14].
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Figure 13a and 13b: Fluxes and particle transmission during filtration of different particle
composition (0.1, 1.4 and 10 pm) with a 0.2 pm cellulose acetate membrane. Concentration was
0.0042 % for each particle size, ratio 1:1:1 w/w, transmembrane pressure was 2.0 kPa, and
cross flow velocity 0.032 ms™.

The addition of 1.4 ym particles to a bi-disperse suspension of 0.1 and 10 um
particles did not affect flux and transmission, while the 0.1 and 1.4 pm bi-disperse
suspension had the lowest flux and transmission (0.2). Fluxes and transmission with
a 3.0 ym membrane are shown in figure 14a and 14b.

Please note, that only the concentration of a mono-disperse suspension could be
measured in the permeate. Filtration of a mono-disperse 0.1 um suspension with the
3.0 ym membrane resulted in a flux similar to the clean water flux and full particle
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transmission. Although process conditions were optimized for the transmission of 1.4
Mm particles, the transmission was 0.6 at most and the flux was only 50% of the
clean water flux. The addition of 0.1 ym particles to a bi-disperse suspension of 1.4
and 10 um particles caused faster initial flux decrease, probably because of
enhanced particle interactions with the membrane. This implies, that the order in
which particles are fractionated are an essential ingredient for design of a
fractionation stack.
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Figure 14a and 14b: Fluxes and particle transmission during filtration of different particle
composition (0.1, 1.4 and 10 pm) with a 3.0 ym cellulose acetate-nitrate membrane.
Concentration was 0.0042 % for each particle size, ratio 1:1:1 w/w, transmembrane pressure
was 0.7 kPa, and cross flow velocity 0.049 ms™.
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5. Transmission and fractionation of micro-sized particle susensions

Conclusion

Fractionation of poly-disperse particle suspensions is not a trivial problem.
Transmission of small particles in dead end filtration showed four transmission
regimes depending on the transmembrane pressure, indicating that both colloidal
interactions and hydrodynamic forces are involved.

Application of cross flow velocity strongly influenced these transmission regimes, but
they could still be discerned. Membrane morphology was found to play a role in
particle deposition, as was visualized with SEM and CSLM. Polymer membranes
showed depth fouling, while microsieves had in-pore fouling. Higher particle
concentrations were found to increase the risk of pore blocking by bridging.

For fractionation, a suitable combination of transmembrane pressure and cross flow
velocity should be applied, which ensures full particle transmission, while keeping the
larger particles away from the membrane. Especially for small particle size ratios,
both particle sizes interact with the membrane, leading to decreasing flux and
transmission. Therefore, periodic removal of deposits seems inevitable.

Clearly, more research is needed on the selective membrane separation of poly-
disperse particle suspensions. Membranes with a narrow pore size distribution and
minimal particle adsorption, such as microsieves, seem most suited for high-
demanding separations.
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Chapter 6: A suspension flow model for
hydrodynamics and concentration polarization
in cross flow microfiltration®

Abstract

A new computer simulation model is proposed for suspension flow in microfiltration
systems. In this model, the diffusion of the suspended micro particles is governed by
the mechanism of shear-induced migration. Using a continuum Euler-Euler approach,
hydrodynamics and convection-diffusion are simultaneously resolved according to
the lattice Boltzmann method. The new suspension flow model allows the complete
solution of the flow field (including calculation of the actual local shear rate) in
systems with complex geometries and the application of a pressure gradient over the
feed flow channel as well as over the membrane. The cake layer dimensions and
permeability are explicitly taken into account.

For a simple cross-flow system, a comparison is made between the new suspension
flow model and existing models. The more realistic approach of the suspension flow
model is found to be especially significant for the calculation of the cake layer profile
at the beginning and the end of the membrane. Also the effect of narrowing of the
flow channel by cake formation on the suspension flow pattern (at a constant
pressure gradient over the flow channel) is more realistically predicted. Finally, some
examples are presented of the concentration polarization and cake layer formation in
microfiltration systems with more complex geometries.

The newly developed suspension flow model has generic applicability as a design
tool for microfiltration membranes, systems and processes. Extensions of the model
to three-dimensional systems (including large parallel computations), as well as
adaptations of the diffusion model to anisotropic diffusivity can be relatively easily
achieved.

! This chapter is published as: J. Kromkamp, A. Bastiaanse, J. Swarts, G. Brans, R.G.M. van der Sman, R.M.
Boom, Journal of Membrane Science 253 (2005) 67.



Introduction

The performance of microfiltration processes is in general mainly determined by
concentration polarization, which arises from the simultaneous transport of non-
permeable species towards and back from the membrane surface. Modelling of flow
and concentration polarization in microfiltration systems is already often put forward
as an important tool to help understand and optimize these systems. Although
numerous filtration models of varying degrees of complexity and simplification have
appeared in literature, most of them do not apply for microfiltration, due to the
different diffusion mechanism in particulate suspensions as compared to molecular
solutions.

As has been identified by Belfort and others [1], for particulate suspensions with
particle sizes between 0.5 and 30 pm, shear-induced diffusion can often be
considered the relevant back-transport mechanism in the concentration polarization
process. Other back-transport mechanisms are Brownian diffusion and inertial lift,
which are respectively dominant for particle sizes smaller than 0.5 ym and larger
than 30 uym. This paper addresses modelling of flow and concentration polarization in
the shear-induced diffusive regime. Shear-induced diffusion, also called
hydrodynamic diffusion, is a transport mechanism that is caused by hydrodynamic
particle interactions in a suspension in shear flow. Excluded volume effects can then
lead to particle displacements. In contrast to inertial lift, which is only relevant in the
regime where the Reynolds number based on the particle size is not negligible,
shear-induced diffusion occurs in the slow laminar flow regime as well. A general
property of shear-induced diffusion is that it increases proportionally with the shear
rate.

About two decades ago, shear-induced diffusion was first introduced in relation to
microfiltration theory by Zydney and Colton [2]. Their concentration polarization
model is based upon the classical Léveque solution for mass transfer in which they
replaced the Stokes-Einstein diffusivity with the shear-induced diffusivity, as
determined from experimental data of Eckstein and others [3]. In the same year as
Zydney and Colton, Davis and Leighton presented a model that describes the
transport of a concentrated layer of particles along a porous wall under laminar flow
conditions [4]. In this model, shear-induced diffusion accounts for the lateral
migration of particles away from the porous wall. Instead of the approximate fit to the
data of Eckstein and others, Davis and Leighton applied data of Leighton and Acrivos
[5] for shear-induced diffusion, which were about 25 times greater and were shown to
better describe the viscous resuspension of a settled layer of rigid particles in shear
flow.
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6. A suspension flow model for hydrodynamics and concentration polarization

Romero and Davis extended the model of Davis and Leighton from a local treatment
of the particle layer to a global model of cross flow microfiltration [6]. This global
model is able to predict the axial dependence of the permeate flux and the thickness
of the concentrated particle layer under steady or quasi-steady operation. The model
also describes under which conditions a stagnant layer of packed particles exists
beneath the flowing layer. In a following step, the global model was converted into a
transient model, which not only describes the steady-state behavior but also the time-
dependent decline of the permeate flux due to particle layer buildup [7].

In the aforementioned models, particle convection parallel to the membrane walls
was ignored. As a consequence, the models are only valid for very small particle
volume fractions in the bulk of the suspension ®,. Davis and Sherwood overcame
this limitation in their similarity solution for cross flow microfiltration under conditions
where the stagnant particle layer provides the controlling resistance to flow [8]. In
their solution, the stagnant particle layer grows like x”® where x denotes the
dimensionless distance from the filter entrance. Their solution is however only valid in
the situation that the critical length needed for the stagnant layer to form is much
smaller than the filter length. Pelekasis developed a model which does not have this
limitation [9], although his solution is only valid in situations where the permeate flux
can be considered constant over the membrane length. This model is valid over a
wide range of bulk particle concentrations. It is shown that in the limit where the
particle volume fraction in the bulk suspension approaches zero, the model of Davis
and Leighton is recovered.

All the abovementioned models have in common that they assume the bulk flow to
be fully developed Poiseuille flow with a time-independent flow rate. This is valid for a
straight flow channel, when the permeate velocity is much smaller than the average
downchannel velocity of the suspension and when the stagnant layer is much thinner
than half the channel width. These conditions are often not met in reality. First of all,
the flow channel may deviate from perfectly circular or rectangular, e.g. when
turbulence promotors are present. Secondly, when suspensions are filtered with
particles that have a relatively low cake resistance, the cake layer height can become
significant compared to the channel half width. Poiseuille flow can still be considered
present when the cake layer height does not vary much along the filter length (and
the actual flow velocity profile can be adapted to the actual channel height). The flow
pattern can however easily deviate from Poiseuille flow when the cake layer height
strongly varies along the filter length, such as at the beginning and at the end of the
filter. Thirdly, the flow pattern can also be time-dependent, such as when oscillating
cross-flow or backpulsing is applied. One should moreover realize that, in contrast to
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Brownian diffusion, shear-induced diffusion depends linearly on the shear rate. Local
deviations of the flow field from Poiseuille flow will therefore have a large influence on
the local morphology of the flowing and stagnant particle layer.

This indicates that a more generic model with broad applicability to membrane
systems requires an accurate, more detailed solution of the fluid flow field. This is
possible with Computational Fluid Dynamics (CFD). So far, this technique is not often
applied to membrane systems. Recently, Wiley and Fletcher successfully developed
a generic CFD model that incorporates the flow across the membrane wall. In their
article, they also reviewed earlier attempts in this field, which in general lead to less
generic solutions than their model [10]. Another recent approach is that of
Richardson and Nassehi [11]. These authors developed a finite element model for
the solution of concentration profiles in flow domains with curved porous boundaries.
Although both models may be extensible to modelling of concentration polarization in
microfiltration processes, with shear-induced diffusion as back-transport mechanism
and with cake layer formation, up to now no results on this subject have been
reported.

The present work is directed at the development of a CFD model for flow and
concentration polarization in microfiltration systems with shear-induced diffusion as
back-transport mechanism. We apply the lattice Boltzmann (LB) method for this aim,
which is based on kinetic theory, the physical theory describing the dynamics of large
systems of particles. The LB method, being a discrete version of the Boltzmann
equation, is in special cases identical to the finite volume scheme as used by Wiley
and Fletcher [10]. Both methods can be applied for laminar as well as turbulent flows.
The LB method may however have some advantages when compared to other finite
difference schemes. Complex geometries can be quickly set-up and easily used in
the LB method, while in other methods, the use of complex geometries is a major
issue. The LB method is also very convenient for systems with moving boundaries
and multiphase systems such as fluid flow with suspended particles. In the present
work, this may be relevant for the simulation of rapidly growing, flowing and stagnant
layers. Finally, LB schemes can be very easily implemented on a parallel computer,
which facilitates computations of large systems.

Although the LB simulations can be easily carried out in three dimensions, as a first
step, the present work presents results on two-dimensional (2D) systems. In order to
validate the model, the simulation results are compared with results of approximate
models when appropriate. Hereafter, the effects of some variations in the geometry
on the flowing and stagnant particle layers and the resulting flux will be shown.
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6. A suspension flow model for hydrodynamics and concentration polarization

Computer simulation method

The suspension flow model is based on an Euler-Euler description of the system, in
which both the hydrodynamics and the suspension flow are completely resolved. The
hydrodynamics are calculated according to the continuity and Navier-Stokes (NS)

equations:
2—'D=V-pu, %”W-Vpu:—vavzpr [1]
t

where -V p is the pressure gradient and F is the body force. The LB method solves
the NS equation for weakly compressible conditions, therewith behaving as a
pseudo-compressible scheme [12]. An advantage of this approach is that the
Poisson equation does not need to be solved for the pressure. For the calculation of
the NS equation, the kinematic viscosity v (= n/p, with n representing the dynamic
viscosity) of the fluid needs to be known. In our suspension flow model, we took into
account that the viscosity n depends on the local concentration of suspended micro
particles. Hereto, a model is used that is also applied by Romero and Davis [6]:

(I) 2
- (@/0.6)} 2]

n(®) = 770[1 +1.5
where ® represents the particle volume fraction and no the viscosity of the particle
free medium. In our suspension flow model, the feed for the microfiltration process
consists of a particulate suspension with particles of a size between 0.5 and 30 um.
These suspended particles are described as a component that is continuously
distributed in the fluid. Their distribution over the system is calculated according to
the convection-diffusion equation:

aa;fm-vq):szcD [3]

The velocity field u is calculated according to the NS equation. In our simulations, the
diffusion coefficient D represents the shear-induced diffusion coefficient, following the

shear-induced migration model of Leighton and Acrivos [5, 6]:

D =033’ ®*(1+0.5¢>*") [4]
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where 7y is the shear rate and a is the radius of the suspended particles. Both the

viscosity n and the shear-induced diffusivity D are treated as time and location
dependent variables in our suspension flow model. In order to resolve the NS
equation as well as the convection-diffusion equation the LB method is followed,
which is explained in the next two paragraphs.

For a general introduction to the LB method, we refer to Succi [13]. In this article, we
will explain relevant aspects of our method, without going into much detail.
Hydrodynamics and convection-diffusion were solved with two separate LB schemes.
Here, we will first introduce the LB method for the case of hydrodynamics. The LB
method discretizes kinetic theory by collecting fluid mass in discrete lattice gas
particles, locating these particles on points of a regular lattice and moving the
particles according to a finite, discrete set of velocities, taking them to adjacent lattice
points. As a consequence of this discretization procedure space, time and particle
velocity are discrete variables. Physical quantities are represented by moments of a
particle distribution function, in contrast to finite volume schemes, where physical
quantities are represented by continuous fields. The lattice gas particles behave like
real particles: they move and collide on the lattice. Collision occurs when particles
encounter each other at a lattice point. After collision they move to adjacent lattice
points. If this is done within the constraints of physical conservation laws and with a
lattice with sufficient symmetry, real physical phenomena can be modelled this way.
In analogy with the Boltzmann equation of the classical kinetic theory, the state of the
particles on a lattice point is characterized by the particle distribution function fi(x,t),
describing the average number of particles at a particular node of the lattice x, at a
time ¢, with the discrete velocity c¢;, which brings the particles in one time step to an
adjacent lattice node. In the simulations described in this paper, the hydrodynamics
were solved with a D2Q9 LB scheme, which is defined on a 2D square lattice with
rest particles and 8 non-zero particle velocities. The velocity directions link lattice
sites to its nearest and next-nearest neighbors. The velocity vectors on this 2D lattice
are defined as:

(0,0) i=0
ci= (cos%ﬁ,sin%ﬁ) i=1..4 5]
\/E(cos ! _20'5 7,8in i _20'5 ) i=5..8
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6. A suspension flow model for hydrodynamics and concentration polarization

The particle distribution function contains information on physical properties of the
fluid. The hydrodynamic field's mass density p, momentum density j, and the
momentum flux density I1, being identical to the field's in the NS equation, are
moments of this velocity distribution:

p=2tin J=2te M= fiee, = peyl + puu = pl + pu [6]

The lattice gas particles evolve by collisions and subsequent propagation to
neighboring lattice sites. This two-step process is described by the following
equations:

o = LD LD e .

Ty Cor
fi(x+Ax;,t +At) = £ (x,1) [8]

Here ﬁ(x,t) is the post-collisional distribution function. The lattice spacing is defined
as Ax;= ciAt. F is the body force, and the speed of sound csris defined by c?s=c%3. In
our simulations, we applied the BGK model [14, 15], which is a simplification of the
full LB model. In this BGK model, the distribution functions are simply relaxed at each
time step towards the local equilibrium distribution £°9(x,t) with the relaxation time 1.
This relaxation time controls the relaxation of the viscous stress in the fluid and is
linked to the kinematic viscosity v via:

V= cff (z, —0.5)A¢ [9]

In our simulations t;, and therewith the kinematic viscosity v (= n/p) of the fluid on
each lattice point was dependent on the local particle concentration, according to
equation 2. The equilibrium distribution f*9(x,t) is chosen such that the weakly
compressible NS equations (eq. 1) are obtained [16]. It can be expressed as a series
expansion in powers of the flow velocity u:

— 2
u-c, uu.c.c. u
eq __ i [
f —pw{l+ —+ J

_ 10
AT o
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where uu is the traceless part of uu, and the double dot product is defined as
A:B=3 . AgBga. The weight factors are given by wp=4/9, wi=wo=ws=w,=1/9 and
W5=W6=W7=W8=1/36.

The computation scheme for convection-diffusion has a strong analogy with the
scheme for hydrodynamics. The particle distribution function gj(x,t) now contains
information on physical properties of the diffusive component, in our case the
suspended particles. For reasons of clarity, we will refer to fluid particles for the
lattice gas particles in the hydrodynamics scheme and to suspended particles for the
lattice gas particles in the convection-diffusion scheme. The relevant continuum field
derived from the latter scheme represents the concentration of suspended particles
®:

®=g, [11]

The relaxation parameter in the collision operator of the convection-diffusion scheme
is not related to the kinematic viscosity v but to the diffusion coefficient D:

D=c} (r,-0.5)At [12]

Here, the speed of sound cyy is also defined by czsg=02/3. In our simulations, this
diffusion coefficient D represents the shear-induced diffusion coefficient, according to
the shear-induced migration model of Leighton and Acrivos [5], which is given by
equation 4. Since the diffusion coefficient is dependent on the time and location
dependent variables y and @, it is recalculated every time step at every lattice point.
The shear rate y is calculated from the diagonal vectors of the non-equilibrium part

of the distribution function according to [17]:
5 i=8 )
—cyprry = ¢, (fi = ) [13]
i=0

Because we considered the diffusion to be isotropic, the absolute value for y was

used for the calculation of the shear-induced diffusivity D. More recent investigations
have shown that shear-induced diffusion is not an isotropic process, but that the
diffusivity depends on the direction relative to the shear field [18, 19]. Moreover,
improved models have become available for shear-induced migration [20]. Our model
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6. A suspension flow model for hydrodynamics and concentration polarization

can be easily adapted to implement such modifications of the shear-induced
diffusivity models. We do however not expect that taking into account anisotropy will
have a large effect, since convection is strongly dominant along the flow lines.

Typical for the LB scheme is that the resulting finite difference equation for the
evolution of @ is identical to the Lax-Wendroff (LW) finite volume scheme in case of
15=1 [21]. Both the LW and the LB scheme automatically correct for numerical
diffusion, for the LB scheme as a consequence of the constraints for the equilibrium
distribution. If ty #1, spurious oscillations, which are present in the LW scheme, are
damped in the LB scheme. The LB scheme therewith behaves like a third order
accurate scheme (for tg #1) [21].

In order to have stable calculations, stability criteria have to be met. In the
hydrodynamics scheme, the grid Courant number Cr, which is a measure for the
relative flow velocity on the grid, should meet the following condition:

ulAt
=—<

Cr 1 [14]

Also the compression of the medium should be sufficiently small, such that the Mach
number Ma:

Ma =" <<1 [15]
sf

The abovementioned conditions are met by a proper choice of the model parameters
in our system. For the convection-diffusion scheme, the criteria for the diffusivity
need some more attention because of the variation of the diffusivity with the shear
rate and the concentration of suspended particles. The Fourier number Fo* is a
measure for the diffusion velocity on the grid:

Fo¥ = ix_Af <05 [16]

We have chosen our model parameters such that even when D is maximal in our
system, this condition is met. Also the ratio between convection and diffusion is
subjected to a stability condition. The timescale of diffusivity needs to be sufficiently
fast compared to convection, which is reflected in the grid Peclet number Pe™
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per =12 <05 [17]

Because the LB method behaves as a third order accurate scheme, the limiting value
can be higher than the common value of 2. We have estimated the value of 25
ourselves by carrying out simulations with different maximal values for Pe*. When
Pe* >25, spurious oscillations were sometimes found, leading to anomalous results.
Because of its dependency on the shear rate and the concentration of suspended
particles, the shear-induced diffusivity D can strongly vary in our system. In order to
meet the condition for Pe*, the value of Pe* was calculated at every time-step and at
every node of the lattice. When the condition Pe* <25 was not met, the diffusivity was
locally adjusted such that Pe* =25. The consequence is that D cannot become zero
(as e.g. in the center of the flow channel, where the shear rate is equal to zero), but
has a certain minimum limit, depending on the actual flow velocity u. When u is
relatively high, such as in the center of the flow channel, the minimum limit for D is
also high. In our system, the maximal flow velocity in the channel and therewith the
shear rate at the wall was so high, that D did not need to be adjusted in the largest
part of the concentration polarization layer. Only in the center area of the flow
channel with relatively high flow velocity and where the concentration of suspended
particles ® was lower than about 0.10, might the diffusivity be set slightly higher than
according to the shear-induced migration model. The effect of this correction on the
simulation results was however found to be negligibly small.

In figure 1, the geometry of the microfiltration system is depicted. Its geometry and
dimensions are inspired on the newly emerging class of micro-engineered
membranes, called microsieves [22]. The feed side consists of a rectangular flow
channel with a length L of 90 ym and a height 2H, of 36 um. A cross-flow is induced
by a pressure gradient (pi-Pout)/L over the channel of 3.0 Pa ym™, which results in
Us=0.32 ms™ and 7 a0 =24000 s”. The permeate side consists of a rectangular box

with a width L of 90 um and a height H, of 2.4 ym. At the wall underneath the
membrane, a constant pressure is applied, such that the average TMP was 1780 Pa.
The feed and the permeate side are separated from each other by a wall with a
thickness &, of 1.2 um. From the flow inlet side (left) up to the flow outlet side (right),
this wall consecutively consists of 15 ym solid wall, 45 ym membrane (L,;,) and 30 ym
solid wall. The membrane resistance R, was 1.62*10® m™.
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6. A suspension flow model for hydrodynamics and concentration polarization

feed side

flow channel 2H,
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Figure 1: Lay-out of the 2D microfiltration system. Black lines indicate solid walls, whereas
dashed lines indicate pressure boundaries. A detailed description is given in the text.

The feed suspension contained particles with a radius a of 2.5 ym in a volume
fraction ® of 0.05. The viscosity v and specific cake resistance R’; were calculated
according to equation 2 and 23. At the inlet and the outlet of the flow channel as well
as at the permeate side, pressure boundary conditions are applied. This is done
following the method proposed by Zou and He [23]. The pressure is kept constant at
these boundaries:

PE=0)=p,, PE=1)=Pus PO =0)= Dy (8]

The transmembrane pressure (TMP) is defined as the pressure difference between
the flow channel and the permeate side at a position halfway the membrane, and
when assuming a linear pressure gradient, is given by:

1
TMP = 5 (pin + pout) - ppermeate [/I 9]

For the suspended particles, boundary conditions with a fixed inlet concentration and
a free outflow are applied at these boundaries, according to:
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oP(x=1L1) _

P=D(x=0)=,, -
X

0 [20]

There is no need for a boundary condition for suspended particles at the permeate
side (y=0), since a no-flux condition is applied at the membrane. At the solid walls at
the topside of the feed side and at the left and right side of the permeate side no-slip
conditions are applied to the fluid. The suspended particles are subjected to a no-flux
condition at these boundaries.

The geometry is divided into a feed and a permeate side by the presence of a
horizontally placed membrane. The membrane is placed between two solid walls at
the beginning and the end of the flow channel. The suspended particles are fully
retained by the membrane, by application of no-flux conditions. For the fluid, the
membrane is described as a porous medium. The fluid experiences a hydraulic
resistance when passing the membrane, because part of the fluid is retained. Hereto,
a body force F is applied on the fluid when passing the membrane, following Darcy's
law:

o [21]

membrane

The coefficient Kmnemprane IS dependent on the membrane resistance R, the
membrane thickness &, and the viscosity of the fluid phase, according to:

1

R
=p—n 22
U [22]

membrane m

During filtration, a high concentration of suspended particles may be reached at the
membrane surface, which may subsequently lead to the formation of a stagnant cake
layer. Suspensions with mono-disperse, hard spherical particles form a cake layer
when the concentration reaches a value of 0.6. This cake layer behaves as a porous
medium; suspended particles are fully retained by the cake, while the fluid
experiences a flow resistance. In our simulations, this process of cake layer
formation is simulated in a similar way. When the concentration of suspended
particles locally exceeds a value of 0.6, the respective lattice point is described as a
porous medium, in a similar way as the membrane. No-flux conditions are applied for
the suspended particles, while the fluid experiences a body force as given by
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6. A suspension flow model for hydrodynamics and concentration polarization

equation 21 with the coefficient K.e. This coefficient is chosen such that the
Carman-Kozeny relation is obeyed:

1 , C(l-¢)>S?
_R =7 ( 8;) c [23]

cake c

The Carman-Kozeny relation describes the specific cake resistance of a mono-
disperse, non-compressible cake with porosity €., specific surface S;=3/a and
constant C. Randomly packed cake layers normally have a porosity £.~0.4, while the
constant C=5. Not only the stagnant cake layer, but also the flowing concentrated
layer can be considered a porous medium. In general, the flow resistance of this
layer is negligibly small. Therefore, we have neglected this effect, as is usual in MF
modelling [1].

The initial conditions of the simulations are consistent with a fully developed
parabolic velocity profile for the fluid particles in the flow channel, following Poiseuille
type flow by a downchannel pressure gradient:

_dp _3mY,s [24]

dx H;

where ny, is the viscosity in the bulk of the suspension, U, is the average flow velocity,
Hy is the channel half width. The concentration of suspended particles in the flow
channel was initially equal to the bulk concentration. At the permeate side of the
membrane, the initial velocity of the fluid particles as well as the concentration of
suspended particles was equal to zero.

Results and discussion

a) Simulation of microfiltration with the suspension flow model

In this section of the paper, we will first present results of the suspension flow model
on the effect of transmembrane pressure. In this way, the development of the
permeate flux in time is analyzed at conditions with and without the presence of a
cake layer. It is also investigated whether a steady-state situation occurs. The
suspension flow model is compared with the existing model of Romero and Davis [6]
and Davis and Sherwood [8] to validate our model. This comparison is made on
basis of the position-dependence of the flux and cake layer thickness in the steady-
state regime so as to analyze the differences in cake layer profile along the
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membrane between the different models. To make comparison with the similarity
solution of Davis and Sherwood possible, the simulations were carried out in the
regime where the cake layer is thin compared to the channel height.

Finally, we will step from a simple cross-flow system to systems with a more complex
geometry, in order to illustrate the advanced possibilities of the suspension flow
model compared to existing models. As examples of systems with a more complex
geometry, simulation results of the steady-state flux will be presented of a system
with a discontinuous membrane, a system with flow barriers and a system with a
corrugated membrane. The permeate flux J in the simulation results is equal to the
fluid velocity u underneath the membrane. The length-averaged flux <J> is the
average permeate flux over the length of the membrane.

b) Effect of transmembrane pressure on flux and cake layer formation

In figure 2, the development of the length-averaged flux <J> in time is shown for
different transmembrane pressures (TMP). The initial flux increases proportional to
the TMP. At a TMP of 1180 Pa, the flux remains constant in time.

. —— TMP 1180 Pa
0.025 |\ — - TMP 1780 Pa
'\ — — TMP 2980 Pa
_ — - TMP 4180 Pa
0.020 I8 '\
N\
0 AN
g 0.015 ~ T~
A
0.010 |
0.005 |
0.000 - ' L
0.000 0.005 0.010 0.015 0.020

t(s)

Figure 2: The length-averaged flux as a function of time for a transmembrane pressure of 1180,
1780, 2980 and 4180 Pa. Other system parameters as in figure 1. The calculated values for J,
are depicted as circles on the Y-axis.
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6. A suspension flow model for hydrodynamics and concentration polarization

Here, the transport of suspended particles towards the membrane is too low to cause
cake layer formation. At a TMP of 1780 Pa and higher however, the flux <J> declines
initially, but reaches a steady-state at about 0.01 s. Figure 2 also shows the flux at
t=0 as calculated from the membrane resistance and TMP (=flux particle-free
medium Jp). This makes clear that the cake formation process does not start
immediately at {=0, but about 1 ms later. This is due to the time required to develop
the concentration polarization profile. The difference between the length-averaged
steady-state flux <Jss> at 1780 and 4180 Pa (fig. 3) can mainly be explained with the
relative length of the cake-free zone at the beginning of the membrane, but
differences in the cake-morphology at the end of the membrane and the narrowing of
the flow channel by the cake formation may also have some effect.
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Figure 3: Length-averaged steady-state flux as a function of transmembrane pressure. Also
indicated is the calculated line for the nominal flux <J,>. System parameters as in figure 1.

At lower TMP, the length of the cake-free zone is relatively long so that in a large part
of the membrane the maximum particle concentration at the membrane wall has not
reached the value of 0.6, which leads to less back-transport of suspended particles
and therewith to a lower steady-state flux. At higher TMP, the cake-free zone
disappears completely (which is contrary to the model of Romero and Davis). In this
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regime, the difference in cake height can also contribute to the difference in steady-
state flux <Jss>. We can take the situation at a TMP of 2980 Pa as an example. Here
the maximal thickness of the cake is 3.0 um, which is about 8% of the total channel
height. The pressure gradient Ap over the channel is kept constant, so if we assume
that the channel height has decreased with 8% over the total channel length, the
cross flow velocity U will decrease according to:

Ap=f—"—pU 25
przp [25]

h

where f is the friction factor, L the length of the flow channel, D, the hydraulic
diameter and p is the fluid density. Since it follows that the velocity only decreases
with a factor ¥0.92=0.96, it becomes clear that according to:

7wall =—"= [26]

The shear rate at the wall 7, will be raised locally with about 4% by the presence of

the cake layer (compared to the situation without a cake layer). This higher shear
rate can cause a thinner concentration polarization layer and faster particle back-
transport (a higher shear-induced diffusivity), therewith resulting in a higher steady-
state flux <Jss> as a function of TMP as presented in figure 3. At low TMP, no cake
layer is formed so that the flux follows the linear trend for the particle-free medium. At
a TMP of 1780 Pa, a cake layer starts to be formed, so that the flux levels off and
becomes almost constant at a TMP of 3600 Pa. These results show that the
suspension flow model is not only able to simulate the flux and cake layer formation
in time, but also the dependence on TMP. This is not only possible in the limits of
infinitely thin cake layers or infinitely small flux decline, but also in transient regimes,
as described in the model of Romero and Davis [6, 7].

c) Position dependence of flux and cake layer thickness

The suspension flow model incorporates a number of factors that are neglected in
the model of Romero and Davis [6], such as: 1) the variation of TMP over the length
of the membrane, 2) the fully resolved velocity field following NS and 3) the axial
migration of suspended particles between the bulk phase and the concentration
polarization layer (which e.g. enables the calculation of the dispersion of the

concentration polarization layer at the end of the membrane). In this paragraph, we
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6. A suspension flow model for hydrodynamics and concentration polarization

will analyze which differences this brings about for the cake layer thickness and the
flux. In the situation of an infinitely thin cake layer, and for a distance along the
membrane x>>x., where X, is the length of the cake-free zone at the beginning of
the membrane, Romero and Davis predict that the steady-state flux decreases along
the membrane with the distance x, as given by:

_ 7
J.(x)=J, B(’“—x) + 1} [27]
where Jp is the nominal transmembrane flux (=flux of particle-free medium).
According to the similarity solution of Davis and Sherwood [8], under the conditions
of ®,<0.1, cake-dominated resistance and L>>x,, the length-averaged flux <Jss> is
given by:

VA
b.a ] 28]

< Jss >= 0'0727%111,0 [q)—

b m

where 7, , is the nominal shear rate at the wall, ®, the bulk particle volume fraction

and L is the total membrane length. For the particle volume fraction in the cake ®.
(=7-¢¢) a value of 0.60 was taken in our calculations.

First, the flux Jss of the suspension flow model is compared with the model of Romero
and Davis (fig. 4). The latter model does not take the pressure drop over the flow
channel into account, so that the flux is equal to the flux of the particle-free medium
(at the average TMP) from the beginning of the membrane until the critical distance
Xc. Behind this point, the flux declines as predicted by equation 27. In the computer
simulations, conditions are chosen such that the cake layer did not become thicker
than 10% of the channel height, so that y,, can be considered constant in time.

In the suspension flow model, the critical distance x.- and the flux at the beginning of
the membrane are dependent on the total membrane length. This can mainly be
ascribed to the variation of TMP over the length of the membrane; since the average
TMP is similar, the TMP at the beginning of the membrane is higher with longer
membrane lengths. Due to these differences in TMP, the flux Jss also drops off more
quickly for longer membrane lengths. At the end of the membrane, the flux exhibits a
peak due to the dispersion of the concentration polarization layer.
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Figure 4: Steady-state flux as a function of position along the membrane for total membrane
lengths between 90 and 360 um. Also indicated is the calculated line for the steady-state flux
as predicted by the model of Romero and Davis (eq. 27). Other system parameters as in figure
1.

In figure 5, it is shown how the length-averaged steady-state flux <Jss> depends on
the membrane length. For short membrane lengths, the difference between the
suspension flow model and the model of Romero and Davis is relatively large. At a
membrane length of 90 ym, the flux was almost 30% higher for the suspension flow
model. The fluxes are however practically the same at longer membrane lengths,
indicating that differences in cake layer formation between the models mainly occur
at the beginning and the end of the membrane. This is in accordance with our
expectations, since axial convective transport can be expected to be most relevant in
these regions. With increasing membrane length, there is an increasing difference
between the fluxes at different TMP. An increase of TMP can apparently lead to a
more than proportional growth of the cake layer with eventually a lower flux. This may
be due to the decrease of the mass flow rate Q (=2U Hy) through the flow channel at
higher TMP. The decrease of flux with increasing TMP does not agree with the
expected effect of narrowing of the channel as explained earlier, since we then would
expect an increase of y, , and therewith an increase of the flux as well.
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Figure 5: Length-averaged steady-state flux as a function of membrane length. Also indicated
is the steady-state flux as predicted by the model of Davis and Sherwood (eq. 28). Other
system parameters as in figure 1.

As explained before, the effect of narrowing of the channel by cake formation will
lead to a lower cross-flow velocity but a higher shear rate at the place where the cake
layer is at its highest point. At other places along the membrane however, where the
cake layer is thinner, the cross-flow velocity will even be lower, which, in combination
with the higher channel height, can now lead to a drop of the shear rate. Thus, at
places along the membrane where the cake layer height is less than maximal, the
drop of the shear rate can lead to a decrease of the flux Jss.

The results in this paragraph show that for simple cross-flow systems with relatively
long membranes, our suspension flow model predicts cake layer profiles that
converge to the profiles that are predicted by the model of Romero and Dauvis.
Differences between the predicted cake layer profiles mainly occur at the beginning
and the end of the membrane, resulting in a higher <Jss> for short membrane lengths
with the suspension flow model. Since the suspension flow model incorporates extra
features as compared to the model of Romero and Davis, the results of this model
can be considered to be more accurate, which is particularly relevant to systems with
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short membrane lengths and large variation of TMP over the length of the
membrane.

d) Microfiltration in systems with different geometries
The solution of the flow field in the suspension flow model enables the calculation of
concentration polarization in more complex flow geometries. In this paragraph, we

will demonstrate some possibilities of the model by showing some examples. First,
the effect of the presence of separate pore fields will be demonstrated. In such a
situation, pore fields and solid walls alternate along the length of the membrane
channel. This will result in extra membrane beginnings and ends, where the flux is
relatively high. The passage of the concentration polarization layer over a piece of
solid wall will namely lead to a (partial) dispersion, so that the flux at the start of the
next membrane field will be higher than without the presence of the solid wall.

The division of a homogeneous membrane into pore fields and fields with solid walls
might be used as a means to optimize the flux. The benefit of dispersion of the
concentration polarization layer and the presence of repetitive membrane ends
should then compensate for the diminished back-transport due to the reduced wall
concentration at the solid walls. The suspension flow model enables an accurate flux
prediction for these types of membranes. The presence of separate pore fields can
also be an intrinsic property of some membrane types, such as the so-called
microsieves [22], membranes prepared by micro-engineering which usually feature
these distinct pore fields. The mechanical strength of these ultra thin microsieves is
dependent on the size and division of the pore fields over the membrane surface.
Here, the suspension flow model can be used to find the optimal lay-out of the pore
fields as determined by both flux and mechanical strength.

In figure 6, the steady-state flux Jss is presented for a homogeneous membrane with
a total length of 135 ym and for a membrane with the same total length, which is
divided into three evenly distributed membrane fields with a length of 33 ym and two
solid walls with a length of 18 um. It can be seen that the flux at the pore fields is
clearly higher for the subdivided membrane. The length-averaged flux <Jss>
(membrane length similar to homogeneous membrane) is however about 5% lower.
In this situation, the diminished back-transport is the dominant effect, which is
unfavorable for the flux. In case of microsieves, the mechanical strength will however
improve much by this subdivision [24].
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Figure 6: Steady-state flux as a function of position along the membrane for a homogeneous
membrane with a total membrane length of 135 pm and for a membrane with the same total
length, which is divided into three evenly distributed pore fields with a length of 33 pm and two
solid walls with a length of 18 ym (see figure above graph). Also indicated is the length-
averaged steady-state flux for both situations. The figure on top shows the concentration
distribution and the flow field for the membrane with interspaces. Other system parameters as
in figure 1.

The dispersion of the concentration polarization layer might improve with the
presence of flow barriers at the solid walls. Whether or not this will render a positive
flux effect is dependent on the trade-off between this improved dispersion on the one
hand and the decreased wall shear rate on the other hand. With the suspension flow
model, we are able to compute the effect of flow barriers. An example is given in
figure 7. Here, triangles with a height of 2.7 um were placed centrally on the solid
walls. It can be seen that the flux is hardly influenced by the presence of these
barriers, although their height exceeds the height of the cake layer. This might be
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related to the microscale of the flow barriers. Because the Reynolds number is
linearly dependent on the square height of the flow barrier, it will hardly be affected
by the presence of these small flow barriers. The flow barriers do not induce flow
disturbances such as vortices (fig. 7).
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Figure 7: Steady-state flux as a function of position along the membrane for two different
membranes: 1) a membrane with a total membrane length of 135 pm, which is divided into
three evenly distributed pore fields with a length of 33 ym and two solid walls with a length of
18 ym and 2) the same membrane but with flow barriers placed at the solid walls (see figure

above graph).

The flow barriers had a triangular form, with a width of 9.9 ym at the bottom side to 0.3 ym at
the top side. The height was 2.7 ym. Three flow barriers were placed in total, each with the
center at a distance of 9 ym after a piece of membrane. Also indicated is the length-averaged
steady-state flux for both situations. The figure on top shows the concentration distribution
and the flow field for the membrane with flow barriers; other system parameters as in figure 1.
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On the other hand, because of the mechanism of shear-induced diffusion, the wall
shear rate has a large effect on the flux. The decrease of the wall shear rate, due to
an increased flow resistance of the flow channel, is the dominant effect in this
example, such that the length-averaged steady-state flux <Jss> was about 3% lower.
Although more research is needed, this example might indicate that microscale flow
barriers are not effective for flux improvement.

Another possibility for a higher flux would be the use of corrugated membranes.
These corrugations are expected to lead to a better dispersion of the concentration
polarization layer and increased flow resistance, as for the system with triangles, but
would also affect the shear rate profile at the membrane wall for the total membrane
length. More information on the application of corrugated membranes can e.g. be
found in [25].

In our example, the membrane corrugations consist of triangles of membrane
material, which are placed centrally on the membranes. The size was such that the
membrane surface area was increased with 1.8%. Because the membrane has
become much thicker at the position of the triangles, application of a similar TMP as
for the aforementioned computations would lead to a suboptimal flux. Therefore the
TMP was increased to 5340 Pa.

Figure 8 shows the flux along the membrane in steady-state situation. At the
beginning and the end of the membrane, the steady-state flux Jss is about 1.5 times
higher than without the membrane corrugations. Because of the reduced cake
formation in these regions, the relatively high TMP results in this high steady-state
flux Jss. This result also indicates that the membrane corrugations are particularly
favorable in a system with membrane interspaces, where we have an increased
number of membrane beginnings and ends. In the center region of the membrane
pieces, the flux is lower than without corrugations. The presence of the corrugations
apparently results in a lower mean wall shear rate, which leads to a lower steady-
state flux Jss. The length-averaged flux <Jss> is however higher in the system with
membrane corrugations, suggesting that further research in this direction would be
worthwhile. Clearly, the suspension flow model presented in this article can be a very
helpful tool for these types of optimizations.
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Figure 8: Steady-state flux as a function of position along the membrane for two different
membranes: 1) a membrane with a total membrane length of 135 pym, which is divided into
three evenly distributed pore fields with a length of 33 ym and two solid walls with a length of
18 ym and 2) the same membrane but with a corrugated structure (see figure above graph).

The corrugations consist of triangular pieces of membrane, which are put on top of the pore
fields. The triangular pieces had a width of 24.3 ym at the bottom side to 0.3 pm at the top side.
The height was 2.7 ym. Three triangular pieces were placed in total, each with the center at a
distance of 16.5 pym from the beginning of a pore field. Also indicated is the length-averaged
steady-state flux for both situations. The figure on top shows the concentration distribution
and the flow field for the membrane with corrugations; other system parameters as in figure 1.

Conclusion

In this article, a new computer simulation model is proposed which enables the study
of concentration polarization behavior and cake layer formation in cross flow
microfiltration systems. The new model solves the NS equations for the suspension
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flow together with the convection-diffusion equation for the suspended particles and
follows the lattice Boltzmann method. Diffusion of the suspended particles takes
place according to the mechanism of shear-induced migration, which describes the
migration of particles in a suspension in shear flow. The shear-induced migration
velocity increases linearly with the shear rate and is strongly concentration-
dependent.

Upon application for simple cross flow systems, the new suspension flow model
yields more realistic results for the flux and cake layer profile than existing models.
This is due to the fact that the suspension flow model totally resolves the suspension
flow and the shear-induced diffusion behavior of the suspended particles, including a
time- and location-dependent shear rate, whereas the existing models normally
assume a Poiseuille flow profile and neglect axial transport between the bulk phase
and the concentration polarization layer. In contrast to existing models, the new
suspension flow model moreover accounts for pressure loss in the flow channel.
From comparison with results of the model of Romero and Davis [6], it became clear
that the more realistic approach of the suspension flow model is especially significant
for the calculation of the cake layer profile at the beginning and the end of the
membrane. Also the effect of narrowing of the flow channel by cake formation on the
suspension flow pattern (at a constant pressure gradient over the flow channel) leads
to a substantial improvement of the predictions. In the situation of long membrane
lengths and thin cake layers, the solution of the suspension flow model converges to
that of the model of Romero and Davis.

The suspension flow model has a wider applicability than the existing models.
Besides the use for simple cross flow systems, the suspension flow model allows for
application in microfiltration systems with complex geometries and moving
boundaries. In order to exemplify these possibilities, calculations are presented on
systems with a discontinuous membrane, with flow barriers and with corrugated
membranes. From these examples, it became clear that this model can be a valuable
tool for the design of microfiltration membranes, systems and processes.
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Chapter 7: 3D Lattice Boltzmann sub-grid
particle method for suspension flow

Abstract

In this paper, we present a simulation method for sub-grid particles with a radius
between 0.1 and 0.35 times the grid size. The fluid flow is solved on a coarse grid by
a lattice Boltzmann model for dispersed media with an excluded volume and body
force term. The particle interactions are handled in more detail on a smaller time and
length scale with soft sphere interactions and lubrication forces.

The sub-grid particle model provides more detail than continuum approaches, but
with less computational effort than fully resolved particle methods. The current model
is a first step towards a particle-based simulation method for suspension flows on
mesoscale. The model was validated with the sedimentation of particle swarms, and
the velocity profile of concentrated suspension flow.

Introduction

Computational Fluid Dynamics (CFD) has become an important tool to investigate
the behavior of particulate suspension flows. Suspension flows are of interest in
(petro-)chemical, food and pharmaceutical industries. Various effects have been
subjected to research, such as shear induced migration and rheology, sedimentation
of particle swarms, and the plugging of porous media. Roughly three modeling
approaches can be distinguished for particulate flow [1]:

1) The continuum approach (Eulerian-Eulerian) with two-fluid model or a
convection-diffusion model [2-3]. The particles are much smaller than the grid
size and are treated as a continuous density field. Additional closure relations
are required to describe the interaction between the phases.

2) Fully resolved particle methods (Eulerian-Lagrangian). The particles consist of
several lattice sites and the momentum transfer is calculated numerically [4-6],
and

3) The sub-grid particle approach (Eulerian-Lagrangian), where the particle
diameter is in the same order of, or smaller than the grid size.



The momentum transfer is calculated with a drag force relation [7-9]. In microfiltration
for example, suspended particles can be treated as a diffusive component that
interacts with the fluid via viscosity relations in the concentration polarization layer,
and porous media flow in the cake layer [10]. This continuum approach can provide
useful information for the construction of membrane modules and the optimization of
process parameters.

However, this approach is unable to predict interactions of particles with the
membrane, such as retention and transmission, and pore blocking phenomena.
These interactions need to be investigated in more detail and can be incorporated in
the lattice Boltzmann (LB) model of Kromkamp et al. in a later stage [10]. A solution
to this problem could be modeling of suspension flow with fully resolved particles in
LB [6], but this method takes a lot of computer resources to study a statistically
relevant system.

In this paper, we present a LB model with sub-grid particles with typical radius of 0.1
times the grid size. The fluid flow is solved on a coarse grid, while the particle
behavior is handled in more detail on a smaller time and length scale. This approach
is related to Particle-in-Cell methods [11] and simulation methods of fluidized beds in
chemical engineering [7, 9, 12]. In most methods, particles are treated as point
particles with two-way coupling to the fluid [1]. However, the excluded volume effect
of the particles on hydrodynamics is often neglected, while this effect is important for
the correct prediction of particle segregation and related effects caused by poly-
dispersity. In the present method, we take into account the particle volume effect,
two-way coupling and interactions between the particles. The sub-grid particle
method is validated with the sedimentation velocity of particle swarms, and the
velocity profile of concentrated suspension flow.

Theory

Because a single method is preferred for all scales, the fluid was simulated with the
lattice Boltzmann (LB) method [13]. We used a LB model with three dimensions and
19 velocities (D3Q19). The volume effect of suspended particles was treated
analogous to porous medium flow, with the extension that the solid phase, in this
case the suspended particles, can be displaced by the fluid. Hence, the fluid volume
fraction can change in time and space. A velocity difference between the fluid and
the particle causes a drag force on the particle, which will be accelerated accordingly.
The same force is acting in the opposite direction on the fluid (two-way coupling).
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Our approach was inspired by the work of Guo and Zhao, who developed a LB model
for flow through porous media with excluded volume effect and a body force [14].
However, their governing equations are invalid, because the assumption that the
superficial velocity is divergence free is not true [8].

The model can be expressed by the following generalized Navier-Stokes equation,
which is valid for both constant and variable porosity [7, 9]:

D) v (eom) =
Py +V-(gou)=0

% +V - (gpuu) = —eVP +V - (v(e)(Vou) + (Vou)") )+ F ]

in which ¢ is the fluid volume fraction, defined as £ =1-3 V,/ Ax®, with X V, the
cumulative particle volume in the grid cell. p is the bulk fluid density, u the (real) fluid
velocity and P the pressure. v is the kinematic viscosity and F the body force due to
friction with the dispersed medium. This expression is similar to model A of Feng and
Yu, who made a comparison between different types of governing equations for gas-
solid fluidized beds [9].

In LB, imaginary fluid parcels move on a regular lattice by subsequent collision and
propagation steps. In the collision step, the new equilibrium distribution is calculated
from the actual local distribution. The collision operator w controls the update of the
local distribution from the calculated equilibrium distribution. In the propagation step,
the fluid parcels are propagated into the direction of their corresponding velocity [13].
To describe fluid flow through the dispersed medium, fractional propagation was
implemented. In this scheme, the pressure is a conserved quantity, and in the
propagation the local distribution is corrected proportionally with the porosity of the
new lattice cell. Global mass conservation was confirmed in tests. The similarity with
eqg. 1 will be shown in a forthcoming paper with inverse Chapman-Enskog analysis.
The collision and propagation steps in the LB model are described by:

£l = £ -olf(x0- f,.,60)+ G,

. . £(x)
Ji(x+ AL+ AL) = f; (x,1) e(x+c,At,t + At) i
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fi is the local distribution; f is the distribution after the collision step, but before
propagation. Ax and At are the grid size and time increment, respectively. G; is the
distribution of the body force. The kinematic viscosity is defined as v =¢,® (1/w-0.5)At
(= n/p with n representing the dynamic viscosity). cs is the speed of sound, equal to
c/N3. The viscosity was chosen as a function of the particle volume fraction [8],
according to Leighton [15]:

_ i 2
n(p) = 770{1+ 1.51_(¢/0.58)j [3]

with no the dynamic viscosity of the bulk fluid and ¢ the particle volume fraction (=1-
€). The equilibrium distribution function for fluid flow is defined as follows:

fi, G ] 4

f;'eqzwigp 1+Clz 4 2
’ c, 2éc, 2éc;

with body force [14]:

G :w,.(l—g)[cf .2F L@ -u)(fi F) uiJ 5
27\ ¢ &, &c;
and fluid velocity:
i =Y fc +§F [6]

p is the density of the fluid, defined as ep =% f; ¢;, with ¢ =Ax/ At the velocity of
direction i, and u the (real) fluid velocity. The local pressure can be calculated by P
=(p'p0) C32-

F is the sum of the particle drag force in the grid cell acting on the fluid (F = -X Fgrag).
The weight factors w; were defined as w; =cs? /6 ¢ for i =1,..,6, w; =cs° /12 ¢ for i
=7,..,18 and wp =1- Z w;. The particle drag force Fuag was calculated with the recently
developed drag force relation of Van der Hoef et al. [16]:

¥

F

drag

=10(1€;f)+gz(1+1.5 (-2 [7]
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where F g is the dimensionless particle drag force defined as Fuumg / Fo'arag and
Stokes dragforce FStd,ag =6 1ne a |u-v|, with particle velocity v, fluid velocity u and
particle radius a.

This equation is a fit of drag force simulations with fully resolved particles in lattice
Boltzmann and consists of the Carman equation and an additional term to correct for
the limiting behavior when € approaches 1. This relation was chosen, because it can
easily be extended for bi-disperse suspensions [16]. However, also other drag force
models could be implemented, such as the combined model of Wen&Yu and the
Ergun equations, or Stokes drag force. For a comprehensive review on drag force
relations, we refer to Li and Kuipers [7].

The fluid velocity and porosity at the position of the particle was calculated by 3D
linear interpolation of the fluid velocity in the cell of the particle and in the seven
closest neighboring grid cells, based on the position of the particle in the grid cell
[12]. In figure 1, an example is given for interpolation in 2D. The fluid velocity Ux at
the particle becomes (0.25+0.5h1+0.5h2)Ux4 + (0.25-0.5h7-0.5h2)Ux; + (0.25+0.5h1-
0.5h2)Uxs + (0.25-0.5h1+0.5h2)Ux,. In 3D, also the Ux velocities of the neighboring
sites in the z-dimension are taken into account. This averaging method accounted for
particles with multiple cell overlap and smoother behavior at low particle
concentrations.

wl, |t
Ux
3
h,
o

2 4

L

Figure 1: Interpolation of the fluid velocity and porosity at the position of the particle in 2D [12].

The force balance of particle i consists of the particle drag force and summation of
interaction forces with other particles and rigid walls. Particle-particle interactions F;
were described with a combination of soft-sphere interaction Fs# and lubrication
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force Fi, to account for excluded volume effects and hydrodynamic interactions [17,
18]. This particle interaction force was calculated pairs wise and started acting when
the gap between the particles became smaller than the critical distance h., which is
usually chosen in the order of one tenth of the particle radius:

F'ij = Fvoft + Eub

— k. (h —h)—6 SCTCI (0 U W [8]
cre U(ai+aj)2 hi]. BT

kc is the stiffness parameter or spring constant, a the particle radius, h; the gap
between the particles, and nj; the unit vector. v; is the velocity difference between the
particles. For reasons of simplicity, only the normal force between the particles was
taken into account. The particle-wall interactions were handled accordingly. A
neighborlist was implemented to find interacting particles quickly. Particle movement
was calculated according to Newton‘s second law:

x(t+Ar) = x(t) + vAt + 0.55F At /m,,
v(t+At) =v(t)+ZF,At/m, [9]

where m, is the particle mass and F, the total force acting on a particle, F, = Z;F;
+Farag/ € [9], with j° the neighboring particles within h.. For high particle volume
fractions, particle movement was solved on a smaller time scale by iteration, to
maintain a stable system.

Results and discussion

The model was validated with sedimentation of particle swarms in various
concentrations. Sedimentation has been studied very well with LB and fully resolved
particle method [19]. The particles were placed on random positions in a periodic box
of 3x4x4 filled with stationary fluid. All boundaries were treated with periodic
boundary conditions and sedimenting particles leaving the system at the bottom were
re-introduced at the top.

The suspensions were allowed to settle by adding gravity force to the particles in the
z-direction. Richardson and Zaki reported an empirical relation for the average
sedimentation velocity of particle suspensions, as a function of the particle volume
fraction [20]:
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He) _ g [10]

Vo

with € the fluid fraction, v(¢) the average swarm sedimentation velocity and v, the
sedimentation velocity of a single sphere in an infinite system, which was calculated
by balancing the Stokes drag force with gravity and buoyancy forces. n is an
empirical coefficient of about 5 in the Stokes flow regime.

Based on the energy balance of a particle and the rate of energy dissipation, Snabre
and Mills derived an analytical relation for sedimenting suspensions in the Stokes
flow regime [21]:

v(e) £
v, l+a(l-¢)/é&’

[11]

a is a measure for the angular dispersion of the fluid streamlines against the vertical
direction and is taken 4.6 [21]. The model of Snabre and Mills showed good
agreement with experimental results and computer simulations, and performed better
than the empirical relation of Richardson and Zaki.

In figure 2, simulations of the average suspension sedimentation velocities are
compared with the relation of Snabre and Mills and the experimental results of
Buscall et al., who studied the sedimentation of latex particles [22]. Below particle
volume fraction 0.2, the sub-grid particle model slightly underpredicts the relation of
Snabre and Mills, while between particle fraction 0.1 and 0.2 the sub-grid particle
model is comparable with the experimental data of Buscall et al. [22].

Deviations at low volume fractions can be explained by the relative small box size
and the spatial averaging method with linear interpolation. For a small number of
particles, the fluid flow velocity and fluid volume fraction is not known accurately
enough at the location of the particle, despite the interpolation method. For low
particle volume fractions a combination with Stokesian dynamics or Direct Numerical
Simulation (DNS) methods [23] might give better results, at the cost of substantially
more computational effort.

Further, the effect of the size ratio of the sub-grid particles compared to the grid size
was studied (fig. 3). At particle volume fraction of 0.1, the radius of the sub-grid
particles was varied between 0.06 and 0.45 times the grid size to investigate the
effect on the relative average sedimentation velocity. Upto a radius of 0.35 times the
grid size, the average sedimentation velocity was hardly affected by the ratio of the
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particle radius to the grid size. A larger particle radius than 0.35 times the grid size
caused a deviating average sedimentation velocity, due to the fact that the particle
diameter approaches the grid size. At large particle diameter, local velocity and
porosity are not well enough described by the model, and the interpolation method
becomes limiting.

1 T I 1 U
Snabre & Mills model
O  Experiments Buscall et al.
® Subgrid particle method
0.8f
0.6
X
»
e
>
0.4
0.2f
O 1 1 1 1
0 0.1 0.2 0.3 0.4 0.5

Particle fraction [-]

Figure 2: Comparison of the average suspension sedimentation velocity as a function of the
particle volume fraction (@) with the analytic relation of Snabre and Mills [21] and the
experimental results of Buscall et al. [22]. The grid size Ax was 1.0 pym and particle radius was
0.1 pm. Fluid density and viscosity were chosen equal to water: 1000 kgm™ and 1.0*10° m?s™
respectively; particle density was 5000 kgm'3.

The effect of the density ratio between the particles and the fluid was also evaluated
(results not shown). A density ratio of factor 1.01 still resulted in stable simulations
and a correct prediction of the average sedimentation velocity. It must be noted that
sedimentation velocities become very small and small density ratios might cause
more problems in simulations of suspension flows. The momentum transfer from the
fluid to the particle could introduce fluctuating behavior of particles with very low
mass.
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Figure 3: Effect of the particle radius on the relative average sedimentation velocity at a
particle volume fraction (@) of 0.1. Other parameters as in figure 2.

The second benchmark applies to concentrated suspension flow between two
parallel walls. Above a particle volume fraction of 0.3, the velocity profile becomes
blunted compared to the parabolic profile of a homogeneous Newtonian fluid, also
known as Poiseuille flow. Further, a non-uniform particle concentration distribution
develops into the channel. Both effects can be explained by irreversible interactions
between the particles [24].

In the simulations, the suspension flow was driven by pressure periodic boundaries
[25], providing a pressure drop over the channel. The upper and lower walls of the
channel were implemented as rigid walls, while the sidewalls perpendicular to the
flow had periodic boundaries.

The simulated velocity profiles in the channel were compared with the results of Lyon
and Leal, who measured the particle velocity and concentration profiles with a
modified laser-Doppler velocimetry method [24]. The velocity profiles were quite in
agreement with the experimental results. For particle volume fraction of 0.4, the
simulated velocity profile deviated from the parabolic profile of Poiseuille flow (fig. 4),
which could be due to the fact that the model only roughly predicted particle

135



segregation effects. The accurate prediction of shear induced migration behavior,
however, remains to be confirmed and will be subjected to further research.
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Figure 4: Velocity profiles of suspension flow between two parallel walls and experimental
results of Lyon and Leal (exp. 482) [24]. The channel dimensions were 3x5x11 with ¢=0.4. The
pressure drop over the channel was 1.0*10° Pa. The grid size Ax was 1.0 mm, particle radius
0.229 mm, and the particle diameter to channel gap ratio was 24 in both the experiment and
simulation. Fluid density and viscosity were 1000 kgm™ and 1.0*10° m?s™ respectively; particle
density was 5000 kgm's.

Conclusion

In this paper, we presented a Eulerian-Lagrangian sub-grid particle method for
suspension flows in lattice Boltzmann, with excluded volume and particle interactions
with a combination of lubrication force and soft-sphere interaction. The model was
validated with the average sedimentation velocity of particle swarms, and is in
agreement with an analytic relation and experimental data.

Below a particle volume fraction of 0.1 the prediction is less accurate, but quite
satisfactory for the application of microfiltration, where at low volume fractions
predominantly convective transport of the particles takes place. The radius of the
sub-grid particles can be up to 0.35 times the grid size, before deviations from the
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predicted average sedimentation velocity start to occur. The velocity profile of
concentrated suspension flow (volume fraction 0.4) between two parallel walls was
comparable with experimental data.
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Chapter 8: Concluding remarks, towards
fractionation on production scale

Introduction

In the previous chapters, we reported on various aspects of a membrane based
fractionation process for poly-disperse particle suspensions. In this chapter, we will
summarize some of the main conclusions and put them into perspective for the
design of a fractionation process. The relevant aspects are summarized in table 1.
Further, an outlook is given for future research on (membrane) fractionation.

Table 1: Aspects of membrane fractionation that are discussed in this thesis.

Scale Aspect Chapter | E/S"
Pore geometry / Particle Pore shape and edge design 3 S
(typical size 0.1 — 10 pym) Particle / Pore diameter ratio 3 S
Inter pore distance 3 S
Particle release 3 S
Pore field / Membrane morphology | Microsieve support structure 4 E,S
(typical size 10 — 100 pm) Membrane and microsieve morphology 5 E
(particle deposition)
Surface properties (particle transmission) E
Process / Module design Feed composition (flux and transmission) 5 E
(typical size > 100 um) Process conditions and transmission regimes 5 E
Process conditions and filtration regimes 3,6 S
Order of
fractionation poly-disperse suspensions 5 E
Channel design and inserts 6 S

Y experimentally determined (E), or by computer simulation (S).

Conclusions and perspective on pore geometry and

particle scale

Microsieve technology offers much freedom in design that is unknown to any other
type of microfiltration. It is characterized, amongst others, by very high hydraulic
permeability compared to traditional membranes [1, 2], but also by the possibility to




manufacture pores with almost any shape, with a range of porosities. In chapter 3,
the effect of pore geometry and porosity was studied by computer modeling. The
forces on a deposited particle were evaluated and depending on the filtration
regimes, various pore geometries could be recommended. For example, it was found
that triangular pores pointing into the cross flow direction performed best (60 %
increase in flux) in the sub-critical filtration regime, because the particles could be
released easiest. Besides this, an important finding was that the membrane porosity
influenced patrticle release. Particles can settle more easily behind a particle that has
already deposited on top of a pore, if the next pore is right behind the blocked pore.
These effects were quantified into an extended particle release criterion for different
pore geometries, membrane porosities, and particle to pore diameter ratios. This
criterion can be used for the design of microsieves to achieve better performance.
Until now, the effect of particles on pores has been investigated, but for fractionation
processes, it is essential that in further research, the effect of pore shape and
membrane porosity on the transmission of particles be investigated as well. Flux and
transmission will be determined by the particle to pore diameter ratio (hydrodynamic
friction effect) if no other interactions are of importance. In a second step, colloidal
forces can be included to describe the particle-pore wall interaction for different
hydrodynamic regimes (see also chapter 5). These effects will be elaborated in the
next paragraph.

Conclusions and perspective on pore field design and

membrane morphology

The effect of the microsieve support structure on the flow through the membrane was
evaluated with computer simulations and pore blocking experiments (chapter 4).
Based on simulations, it was found that the substructure influences the flux behavior
of the microsieve to a large extent, and a new design was proposed. The clean water
flux of the improved sieve design was almost equal to the theoretical flux and the
formation of separate particle layers on the membrane could even be distinguished.
The specific resistance of these layers was in line with computer simulations (chapter
4).

The effect of membrane morphology on particle deposition in transmission
experiments with polymer microsieves and with conventional polymer membranes
was investigated in chapter 5. The fouling behavior of the conventional polymer
membranes was comparable to deep bed filtration, while microsieves showed in-pore
fouling. It is expected that the tortuous structure of the polymer membrane gradually
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becomes filled with small particles in time, and will thus slowly become clogged
internally. The microsieve probably adsorbs only a single layer of particles inside the
pores. Even though a polymer membrane may initially show more stable fluxes, the
microsieve will therefore have a better long-term behaviour.

The combination of hydrodynamic and colloidal forces [3] can explain the different
transmission regimes found in chapter 5. Due to the relatively large hydrodynamic
forces resulting from the high fluxes observed while using microsieves, particles can
be adsorbed in the primary minimum of the particle-wall interaction curve (fig. 1).
Figure 1 demonstrates the importance of colloidal interactions in transmission
processes and the control of surface properties. Prior research showed that a silicon
nitride surface suffers from aging, as was reflected in an increasing contact angle for
water, which indicates a slow loss of hydrophilicity [4].
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Figure 1: Particle-particle and particle-wall interaction forces for 0.22 ym carboxylate latex-
particles, and polycarbonate Nuclepore membranes [3]. The primary minimum is located below
3 nm from the surface, W aricie= -50 mV, W,,,= -25 mV, 0.001 M 1:1 electrolyte, pH 6.

In general, a decreased hydrophilicity is correlated with an increased susceptibility to
fouling of the microsieves. A more constant hydrophilicity can be achieved with
surface modification, such as polymer coatings [4] or covalently attached hydrophilic
groups [5].

An accurate experimental study into the interactions between particles and
membrane and pore wall is not trivial, even when simple, reliable model systems are
used, since many different phenomena act simultaneously. Computational Fluid
Dynamics (CFD) methods can therefore be helpful tools for a further investigation of
transmission phenomena on particle and pore scale. Besides this, in computer
simulations, the conditions and variations that can be studied can be wider than
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would be possible experimentally. The models in this thesis did not yet incorporate
colloidal interactions, since this would extend the model to a level of complexity that
would not be warranted by the current state of the art. However, as more knowledge
on system behavior is being gathered, the colloidal (DLVO) interactions between
particles and membrane should be incorporated in a model with fully resolved
particles [6]. This would make the prediction possible of the different transmission
regimes that were observed experimentally. Subsequently, the combined effect of
transmembrane pressure and cross flow velocity on particle transmission can be
investigated for different membrane morphologies, different particle to pore diameter
ratios, and different particle concentrations. This will give a sound theoretical base for
the transmission regimes that we found, and will open up the route towards the
rational design of fractionation processes.

Conclusions and perspective on process scale and module

design

For optimal transmission of mono-disperse particles, a stable transmission regime
must be found. As chapter 5 shows, this is not as straightforward as it seems,
because the transmission regime depends on the particle properties, particle-wall
interactions and process parameters such as the transmembrane pressure and the
cross flow velocity (regime 1 or 3, chapter 5). Different transmission regimes were
found for different particle sizes, membrane pore sizes, colloidal interactions, and
hydrodynamic forces. In addition, the concentration of the particles in the suspension
influences the transmission behavior to a very large extent, and even in a
transmission regime that seems suitable, transmission and flux decreased in time,
probably due to bridging (chapter 5).

The situation becomes even more complex when considering the type of feed used
in fractionation, which implies the presence of particles of various sizes. Besides the
transmission regime that was described before, the transmembrane pressure and
cross flow velocity also determine whether the filtration regime is sub-critical or
critical [7]. In the sub-critical regime, large particles are taken up from the membrane
by the cross flow. Experiments and simulations show that sub-critical fractionation of
particle suspensions with small size differences is almost impossible, because
particles with a size that is close to the membrane pore size can hardly be removed
from the membrane surface by the cross flow, as we described in chapters 3 and 5.
Alternatively, one could work in the critical filtration regime, but this implies that
particle deposition on the membrane takes place rapidly. Therefore, additional means
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are required to remove deposited particles, and therewith, to maintain high flux and
transmission, such as pulsed cross flow or backpulsing. To evaluate various relevant
effects, computations could be carried out that are in line with the model presented in
chapter 6, but that the model would have to be extended considerably e.g. to
incorporate the presence of poly-disperse particles. To validate the extended model,
visualization of particle deposition and removal during a backpulse cycle with a high-
speed camera would yield important information.

In chapter 5, the effect of particle size differences was studied mainly for bi-disperse
suspensions at equal particle fractions of small and large particles. In practice,
particles can be present at any ratio; therefore, one should incorporate this effect and
relate it to flux and transmission. The ultimate aim should be a relation or model that
predicts transmission of small particles in the presence of large particles, for different
particle size ratios and different total concentrations. This relation will be the basis for
the design of a sub-critical fractionation process.

Fractionation of poly-disperse suspensions (e.g. tri-disperse, chapter 5) is still a
challenge, since the process has many variables. A better understanding of the
fractionation of bi-disperse suspensions will be a starting point, but obviously more
information will have to be added in order to describe poly-disperse suspensions.
CFD simulations with a model for poly-disperse suspensions, based on multi-
component convection-diffusion [8] are an interesting option. In this case, not just
one fractionation step should be considered, but the complete process design should
be considered as a whole. We showed in chapter 5 that the order in which particles
are removed from each other is of essence for a successful fractionation.

The complete design of a well-performing process for fractionation of poly-disperse
suspensions, based on a complete understanding of the underlying principles is not
yet achieved. Even though a start has been made, it is clear that challenges remain
to be answered both experimentally and computationally. Full membrane
fractionation of natural feedstocks with high concentrations of particles and small
particle size differences demand the utmost of current membrane technology
regarding membrane choice, process conditions, and (minimal) fouling behavior. For
some of the separation steps required for full fractionation encouraging results are
available. Most of the building blocks for membrane fractionation (e.g. the effects of
particle-membrane interaction, particle transmission and retention phenomena) are
now present in a fundamental form; the integration into a consistent framework for
process design is only a matter of time and continued research effort.
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Perspective on new principles for fractionation

Lately, some other, new methods for fractionation of poly-disperse particle
suspensions have emerged, which could be used as an alternative to or in
combination with microfiltration, such as shear-induced migration [9], and lateral
displacement in micro devices [10] (fig. 2). These methods could be beneficial for
high demanding fractionation processes of feedstocks with high particle
concentrations (shear-induced migration) or small particle size differences (lateral
displacement).
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Figure 2: Principle of shear induced migration (left) and lateral displacement (right) in a so-
called ratchet.
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Shear induced migration implies the migration of suspended particles of a certain
size towards the center of the channel in Poiseuille flow, due to the hydrodynamic
interactions between particles of similar and of different sizes. With concentrated
poly-disperse suspensions, the largest particles will migrate to the center of the
channel, while smaller particles are excluded from the center and will be
concentrated towards the wall of the channel. Kromkamp et al. achieved fractionation
of poly-disperse suspensions based on this principle [9].

In lateral displacement in a ratchet, a particle chooses its path through a micro device
with a repeating structure deterministically based on its size. Depending on the
particle size, and the actual layout of the device this causes a deviation of the particle
from its original streamline [10]. Since this effect is dependent (amongst others) on
the size of the particle, this effect can be used to achieve fractionation.

It is too early to say whether these new methods will enable large-scale fractionation
of poly-disperse suspensions. Significant research will be needed for the
understanding and quantification of the mechanisms, and their subsequent
translation into a practical process design. Similar to the microfiltration-based
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processes that we reported on in this thesis, experimental studies of these new
fractionation mechanisms are not ftrivial, and complementation with computer
simulations would accelerate the progress of research in these fields. Both of these
new particle segregation phenomena are well suited to study with computer
simulations. The effects of (relative) particle concentrations, particle size difference,
and process conditions can be investigated with the bi-disperse sub-grid particle
approach described in chapter 7, that is based on the recently developed drag-force
relation for bi-disperse particles [11]. This might open up the route towards the use of
these mechanisms, either as an independent fractionation system for poly-disperse
suspensions or as a hybrid fractionation process in combination with microfiltration
technology.
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Summary

Within the food and chemical industry, there is a strong drive towards more
sustainable production methods from renewable sources. Since the desired
components are often part of heterogeneous mixtures, this has lead to an increased
interest in separation technology. In this thesis, the fractionation of suspended micro
particles in a liquid is investigated, which can in principle be realized with membrane
technology. However, the current state of knowledge on membrane processes is not
yet detailed enough to warrant large-scale application. On top of that, the intrinsic
fact that membrane have pore size distributions instead of one pore size complicates
the design of a process meant to yield pure components. The use of innovative types
of membranes, such as microsieves that have a uniform pore size, and computer
modeling that could help in the detailed evaluation of process conditions seem a logic
route to make membrane-based fractionation of milk feasible in the future.

The emergence of microsieve technology has opened up the possibility to design a
membrane in all its aspects. The effects of pore to particle size ratio, pore geometry,
and inter-pore distance (porosity) were evaluated with lattice Boltzmann (LB)
simulations in chapter 3. Triangular pores pointing into the cross flow direction could
give a 60 % higher flux than circular pores. High membrane porosities were found
disadvantageous for particle uptake by the cross-flow, because of shielding by
previously deposited particles. All investigated effects, such as pore to particle size
ratio, pore geometry and porosity were captured in a single criterion for critical flux,
which relates the microsieve pore design to the process conditions. This led to
recommendation of different membrane designs for filtration, and fractionation
purposes.

Besides the pore (field) design, we evaluated the microsieve as a whole (chapter 4).
LB simulations and experiments showed that the support structure had a large effect
on the flux. During dead end filtration of a particle suspension, the flux decreased
initially faster than the prediction of a pore blocking model, while later on the flux
decreased slower than predicted. This confirmed that the pore field had a non-
uniform flux distribution, due to the substructure. The effect of the support structure
only became negligible when the channel height under the pore field was increased
to at least 150 um.

The combination of particle transmission through the membrane with particle
retention distinguishes membrane fractionation from other membrane filtration
processes. In chapter 5, we described the transmission mechanisms of mono-



disperse latex particles through a polymer membrane. The effects of process
parameters, such as transmembrane pressure, cross flow velocity and feed
concentration were investigated. We identified four particle transmission regimes with
polymer membranes, which could be related to the location of particle deposition.
Particle deposition was investigated in-line with Confocal Scanning Laser
Microscopy. It was observed that random depth deposition took place in the polymer
membrane (tortuous path), while the polymer microsieve exhibited in-pore fouling
(cylindrical pores). It is expected that microsieves are better suited for fractionation
purposes because the location of deposited particles is still within reach.

In fractionation of bi-disperse suspensions, it was found that the particle size ratio
affected transmission of the smaller particle, but both particle sizes were involved in
flux decrease. In fractionation of the tri-disperse suspension, the order in which
particles are separated is of clear importance for optimization of the fluxes and
transmissions (chapter 5).

To study the effect of process conditions on module scale, and to design the module,
a new method for modeling 2D suspension flow was introduced in chapter 6.
Suspended particles were treated as a second continuous density field and the mass
transfer was described with a convection-diffusion model in LB. Concentration
polarization and cake layer formation could be described accurately and were in
agreement with an analytical model. Unlike analytical models, the LB model uses the
actual local shear rate to calculate the local diffusivity, and can be used for complex
geometries and dynamic systems. The model was used to evaluate the effect of
turbulence promoters and corrugated membranes.

For suspension flows on intermediate scale, this continuum approach is too coarse to
capture all relevant phenomena, such as particle segregation effects and particle-
membrane interactions. Therefore, a 3D discrete particle simulation method was
developed (chapter 7). Because these particles are smaller than the grid cells on
which the fluid flow is solved, this approach is called sub-grid particle method,
contrary to fully resolved methods, where particles consist of several grid cells. The
method was validated with two benchmark studies. Ultimately, the method is to be
used for modeling the fractionation of bi-disperse suspensions in microfiltration.
Finally, we discussed the practical implementations of our findings for membrane
fractionation, and gave an outlook on the use of practical experiments and computer
simulations in the design of fractionation processes (chapter 8).



Although considerable progress was made in this study, we feel that fractionation of
particle suspensions will remain a challenge for future research, both experimentally

and computationally, but at the same time we also feel that fractionation is within
reach when given sufficient research effort.



Samenvatting

Binnen de chemische en levensmiddelenindustrie wordt gestreefd naar duurzame
productiemethoden met hernieuwbare grondstoffen. Omdat deze grondstoffen vaak
gewonnen worden uit complex samengestelde mengsels, is er groeiende aandacht
voor scheidingstechnologie. In dit proefschrift wordt het fractioneren van
gesuspendeerde micro deeltjes in vioeistof onderzocht, hetgeen kan worden bereikt
met membranen. De huidige kennis van membraanprocessen is echter vaak
onvoldoende voor grootschalige toepassingen. Bovendien hebben bestaande
membranen een porie-grootteverdeling, in plaats van een uniforme poriegrootte, wat
het scheiden in verschillende fracties moeilijker maakt. Door gebruik te maken van
nieuwe typen membranen, zoals microzeven, en computer simulaties voor het
optimaliseren van de procesparameters wordt het fractioneren van melk met
membranen waarschijnlijk beter haalbaar in de toekomst.

Vanwege hun uniforme poriegrootte lijken microzeven de meest geschikte
membranen voor fractioneren. Tevens kunnen de microzeven beter worden
geoptimaliseerd voor een bepaald proces, omdat de productie een grote vrijheid van
het ontwerp biedt. Hoofdstuk 3 beschrijft computer simulaties voor verschillende
porie/deeltjes grootteverhouding, porievorm en afstand tussen de porién (porositeit).
Deze simulaties zijn uitgevoerd met de rooster Boltzmann methode (lattice
Boltzmann, LB). Met driehoekige porién (wijzend in de richting van de langsstroom)
kon een 60% hogere flux worden behaald dan met ronde porién. Een hoge
membraan porositeit was nadelig voor het resuspenderen van neergeslagen deeltjes,
omdat de deeltjes elkaar afschermen van de langsstroom. Alle effecten van
porie/deeltjes grootteverhouding, porievorm en porositeit zijn samengebracht in een
criterium voor kritische flux, dat de procesparameters relateert aan het
membraanontwerp. Hiermee konden voor zowel fractioneren van deeltjes als
tegenhouden van alle deeltjies verschillende membraan ontwerpen worden
aanbevolen.

Behalve het ontwerp van de zeefvelden, is het ontwerp van de gehele microzeef
bestudeerd (hoofdstuk 4). LB simulaties en experimenten toonden aan dat de
onderliggende structuur een negatief effect had op de flux. Tijdens dead end filtratie
van een deeltjessuspensie daalde de flux eerst sneller dan voorspeld met een porie-
blokkeringsmodel, en daarna langzamer dan voorspeld. Dit bevestigde de ongelijke
fluxverdeling door de zeefvelden. Met simulaties vonden we dat het effect van de



onderliggende structuur verwaarloosbaar wordt, als het kanaal onder het zeefveld
minstens 150 ym is.

De combinatie van deeltjestransmissie en retentie onderscheidt fractioneren van
andere membraanfiltratie processen. In hoofdstuk 5 wordt de transmissie van mono-
disperse latex deeltjes door een polymeer membraan beschreven. De effecten van
verschillende procesparameters, zoals transmembraandruk, langsstroomsnelheid en
deeltjesconcentratie werden bestudeerd. We vonden vier verschillende transmissie-
regimes, afhankelijk van de aanhechtingsplaats van de deeltjes op het polymere
membraan. De deeltjesafzetting op verschillende membranen werd tijdens het
proces gevolgd met CSLM (Confocal Scanning Laser Microscopy). Bij het polymere
membraan trad willekeurige dieptevervuiling op in de tortueuze structuur, terwijl de
microzeef vervuild raakte in de cilindrische porién van de toplaag. Men kan
verwachten dat microzeven beter geschikt zijn voor fractioneren, doordat de
aangehechte deeltjes beter toegankelijk zijn en gemakkelijker verwijderd zouden
kunnen worden.

Tijdens het fractioneren van bi-disperse suspensies werd de transmissie van het
kleine deeltje beinvioed door de deeltjes-grootteverhouding. Beide deeltjesgroottes
zijn echter bepalend voor het fluxverloop. Tijdens het fractioneren van een tri-
disperse suspensie wordt de volgorde van het fractioneren van belang voor het
optimaliseren van de fluxen en transmissies (hoofdstuk 5).

Om het effect van de procesparameters op moduleschaal en het moduleontwerp te
bestuderen werd in hoofdstuk 6 een nieuwe 2D simulatiemethode ontwikkeld voor
stroming van deeltjessuspensies. Massatransport van de gesuspendeerde deeltjes
werd beschreven met een convectie-diffusie vergelijking in LB. Concentratie-
polarisatie en koekopbouw waren in overeenstemming met analytische modellen. In
tegenstelling tot de analytische modellen, gebruikt het LB model de locale
afschuifsnelheid voor de diffusiecoéfficient en kan het model worden gebruikt voor
complexe geometrién en dynamische processen. Het model is toegepast voor het
beoordelen van turbulentie promotoren en gecorrugeerde membranen.

Voor deeltjesstroming op mesoschaal is deze aanpak niet gedetailleerd genoeg om
alle belangrijke effecten te beschrijven, zoals deeltjessegregatie en deeltjes-
membraaninteractie. Daarom is een 3D discrete deeltjies simulatiemethode
ontwikkeld in LB (hoofdstuk 7). Omdat de deeltjes kleiner zijn dan de roostercellen
waarin de vloeistofstroming wordt opgelost, wordt deze aanpak de ‘sub-grid particle’
methode genoemd. Dit in tegenstelling tot volledig opgeloste methoden, waarbij de
deeltjes een aantal roostercellen beslaan. Het model is vergeleken met twee



benchmarks en kan verder worden uitgewerkt voor het simuleren van bi-disperse
suspensies.

Tenslotte gaan we in op de praktische gevolgen van dit onderzoek en geven we een
toekomstvisie op het ontwerpen van membraan fractioneerprocessen met behulp van
praktische experimenten en computersimulaties. Hoewel in dit onderzoek veel
vooruitgang is geboekt, zal het fractioneren van deeltjessuspensies een uitdaging
blijven, zowel in praktisch opzicht als in computer simulaties. Verder onderzoek zal
het fractioneren van deeltjes met microfiltratie binnen bereik brengen.
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