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Imagination creates science and art, 
just skip the empty phrases; 
it's all common sense and heart, 
hidden behind faces. 

(vrij naar William Wordsworth's "The tables turned"). 



STELLINGEN 

1. Het opsommen van voor- en nadelen van systemen en/of werkwijzen kan een 
vertekend beeld geven omdat de nadelen de, meestal eerder genoemde, 
voordelen kunnen opheffen. 

Dit proefechrift. 

M.H. Cho and S.S. Wang (1988). Enhancement of oxygen transfer in hybridoma cell culture by using a 
perfluorocarbon as an oxygen carrier. Biotechnol. Lett., 10,855-860. 

2. Het zou beter geweest zijn als Garcia Calvo de frictiecoefficient in het 
gepresenteerde hydrodynamicamodel met behulp van datzelfde model bepaald 
had in plaats van gebruik te maken van een ander model. 

E. Garcia Calvo. A fluid dynamic model for airlift loop reactors (1989). Chem. Eng. Sci., 44,321-323. 

3. De mechanistische basis voor de empirische machtsrelatie tussen holdup en 
disperse fase debiet in pneumatische reactoren, gegeven door Chisti and 
Moo-Young, is zelf gebaseerd op een empirische relatie. 

M.Y. Chisti and M. Moo-Young. Gas holdup in pneumatic reactors. (1988). Chem. Eng. J., 38,149-152. 

4. Het dunner worden van de ozonlaag zal er toe leiden dat we in de toekomst meer 

zullen genieten van bewolkt weer, dan van stralend heldere dagen. 

5. Het gebruik van Engelse woorden in de Nederlandse taal heeft al zulke extreme 
vormen aangenomen dat woorden zoals deeltijdhoogleraar het gewichtigst 
klinken in de zuiver Nederlandse vorm. 

6. Het wervingsbeleid van de Landbouwuniversiteit Wageningen komt erop neer dat 
discriminatie mag, mits daar een goede reden en een meerderheid voor zijn. 

7. Een expert systeem is een computerprogramma waarop de maker of bedenker 

erg trots is. 
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8. De eenheid van de Europese gemeenschap zal pas dan bereikt zijn, wanneer de 
eerste lidstaat zich onafhankelijk verklaart. 

9. Gezien de kwaliteit van de programma's op de Nederlandse televisie kan verdere 
uitbreiding van de reclamezendtijd alleen maar toegejuicht worden. 

10. De waarde van "Who's afraid of Red, Yellow and Blue III" kan alleen nog in ere 
hersteld worden door de ontdekking van oude verfrollertjes van Newman. 

Stellingen behorend bij net proefschrift: 'Physical aspects of liquid-impelled loop 
reactors'. 

Henk van Sonsbeek, 2 September 1992 
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SHORT INTRODUCTION 

The research that forms the basis for this thesis originates from a combination of 
advances in biotechnology. The attractive characteristics of an air-lift loop reactor (ALR) 
and the promising field of biocatalysis in organic media are combined in the development 
of the liquid-impelled loop reactor (LLR). Other than the work described in this thesis, 
there is more research going on, in which the LLR plays an important role. The conversion 
of benzene to cis-benzeneglycol by a mutant of Pseudomonas sp. is an example for the 
suitability of an LLR for biological processes.3 By using an LLR with hexadecane as 
rising dispersed phase, lethal effects of benzene on the biocatalyst are prevented 
because most of the benzene is present in the hexadecane phase. Research has been 
carried out for the cultivation of plant cells in an LLR.1 The aim is to work under very low 
shear stress conditions and to extract the secondary metabolites. Furthermore, the 
conversion of tetralin to tetralol by Acinetobactor 75 is investigated, with the aim of 
controlled supply of the highly toxic substrate.4 Ribeiro et al.2 are investigating the 
production of L-tryptophan from L-serine and indole, which is poorly water soluble. 
Escherichia coli is used as the biocatalyst and higher productivities are found when 
multi-phase systems are applied. Carrying out this process in an LLR is currently being 
worked on. 

The purpose of this thesis is to describe the studies carried out to gain more 
fundamental knowledge about the characteristics of LLRs. Therefore it is organized in 
the following way. In the first chapter aspects of bioreactors with two liquid phases are 
described and examples found in a literature study are discussed. This chapter is 
intended to give a good impression of the present state of the art and to get acquainted 
with the relevant matter. In the second chapter, the liquid-impelled loop reactor is 
introduced and a hydrodynamic model is described that can be used for prediction of 
liquid velocity and dispersed-phase holdup as a function of the dispersed-phase flow 
rate. Experimental results obtained with an LLR with a rising dispersed phase are used 
for verification of this model. The experience with this hydrodynamic model and a still 
growing, already huge amount of sometimes confusing literature about this topic, mainly 
with respect to air-lift loop reactors, has lead to chapter three. In this chapter 
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hydrodynamic models are classified according to their physical principle on which they 
are based. It gives information that shows more clearly the limitation or weakness of 
each type of model. The purpose is to make the essence of these models easier 
identifiable and better judgement possible. Although merely literature about air-lift loop 
reactors is used, the applicability is general and therefore it is part of this thesis. 

A good-controlled flow is usually claimed as one of the advantages of loop reactors. 
Besides the velocity of the continuous phase, described in the previous chapters, mixing 
during this flow is a characteristic of major importance for design and control. Therefore 
chapter four contains the description of overall mixing and mixing per section in the 
continuous phase of an LLR. A configuration with descending dispersed phase is used 
for experimental determination of mixing parameters. The results are compared to mixing 
in ALRs. 

Perfluorocarbon liquids are used in LLRs to investigate mass-transfer. The dynamic 
method, that is used most often to measure volumetric transfer coefficients, was not 
easy applicable for the LLR due to practical limitations. A newly developed, steady-state 
technique to determine the volumetric mass-transfer coefficient is described in chapter 
five. In chapter six the actual mass transfer in an LLR is described. The purpose is to 
establish the oxygen transfer rate and supply capacity of LLRs. At the end of this thesis 
the whole research is evaluated and conclusions and future perspectives are given. 

[1] Buitelaar R.M., Susaeta, I., Tramper J. (1990). Application of the liquid-impelled loop reactor for 

the production of anthraquinones by plant cell cultures. 694-699. in: H.J.J. Nijkamp, L.H.V. Van 

DerPlas, and J. Van Aartrijk (eds.), Progress in plant cellular and molecular biology, Kluwer Acad. 

[2] Ribeiro M.H.L, Nunes I.M.L, Cabral J.M.S., Fonseca M.M.R. (1991). A multiphase system for 

the production of L-tryptophan from L-serine and indole; studies on product separation and 

recovery. Nato Advanced Study Institute, 16-21 September, Turkey. 

[3] Van den Tweel W.J.J., Marsman E.H., Vorage M.J.A.W., Tramper J., De Bont J. (1987). The 

application of organic solvents for the bioconversion of benzene to cis-benzeneglycol. 

International conference on bioreactors and biotransformations, Gleneagles, Scotland, UK. 

[4] Vermue M.H., Tramper J. (1990). Extractive biocatalysis in a liquid-impelled loop reactor. 5th 

European congress on biotechnology, Proceedings volume 1, Copenhagen, Denmark. 



CHAPTER 1 

TWO-LIQUID-PHASE BIOREACTORS 

INTRODUCTION 

This chapter is dealing with bioreactors in which two liquid phases are applied. In 
1982 Lilly42 already published an article entitled "Two-liquid-phase Biocatalytic 
Reactions" and predicted new commercial applications for multi-liquid biocatalytic 
reactors. In 1987 Lilly et al.44 published "Two-liquid-phase biocatalytic reactors", which 
mainly gives a short general description of aspects that can play a role when two liquid 
phases are applied in bioreactors. The present chapter is about the same topic and 
gives an overview of what has been achieved with two-liquid-phase bioreactors so far. 
Before discussing these bioreactors, a short consideration is given about the 
introduction of two liquid phases in biotechnological production processes. 

New developments in biotechnology are focussed on new products or introduction 
of new processes as a substitute to the conventional way, or performance improvements 
of existing biotechnological applications. In recent years much attention is given to the 
use of two-liquid-phase systems. Especially the application of organic solvents has 
fascinated many researchers and is still considered to be a promising topic, because 
many biocatalytic reactions involve organic components that are poorly water soluble. 

This chapter has been submitted for publication by the authors : H.M. Van Sonsbeek, H.H. 

Beeftink and J. Tramper. 
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For this reason addition of water-soluble organic solvents in small proportions is already 
well known for a long time as a technique to improve availability of poorly water-soluble 
reactants to cells and enzymes. 

More recent research concerns the use of two immiscible liquid phases in a 
bioreactor. In most cases the aqueous phase contains the biocatalyst, possibly 
immobilized. The second liquid phase can be an organic solvent or another water phase. 
In case of the latter, the system is called an aqueous two-phase system, that consists 
of two polymer solutions or a polymer and a salt solution. 

Reversed micelles are a completely distinct category of two-liquid-phase systems 
and can be considered as pools of water in organic solvents with a surfactant in between. 
This category will not be discussed here. 

In this chapter research developments concerning two-liquid-phase bioreactors 
will be discussed with the aim to give a clear comprehension of the motives of their use 
and to give an overview of the state of the art. First, some general aspects of conventional 
bioreactors will be highlighted, such as aeration, shear stress, continuous or batch 
processing, and immobilization. These aspects will return in the subsequent part where 
bioreactors are discussed in which an organic solvent and a catalytic aqueous phase 
are present. The organic solvent can be the continuous or the dispersed phase and it 
can be the reactant or a solvent in which part of the reactant and/or product is dissolved. 
In addition, the suitability of aqueous two-phase systems as a biological medium and 
some research examples are given. Finally, some conclusions are drawn and future 
perspectives are given. 

CONVENTIONAL BIOREACTORS 

Biotechnological possibilities are often shown on a laboratory scale in flasks or 
tubes. Further development of such processes means that the same or better is pursued 
on a larger scale, which implies that bioreactor technology becomes important. A great 
variety of bioreactor types exists, of which the stirred-tank reactor (STR) and the bubble 
column (BC) are the most simple and most widely used ones. Many biotechnological 
processes require oxygen that is transferred from air to the culture broth. In stirred-tank 
reactors air bubbles brought into the reactor are dispersed by the stirrer to obtain a 
large exchange area for mass transfer. Therefore high oxygen-transfer rates can be 
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achieved, which is important because this is often the limiting factor in aerobic 

bioconversions. BCs are attractive, even at small scales, because of their simple 

construction. At large scales this advantage becomes even more important because 

aeration at high energy input rates is much simpler than stirring. Besides these two basic 

types, other bioreactors are developed such as bioscrubbers and membrane, 

packed-bed, trickle-bed, orfluidized-bed bioreactors. These types will not be discussed 

in detail here. 

Because the oxygen-transfer rate is often the rate-limiting step, many 

biotechnological studies are focussed on this topic. The limited transfer rate is the 

consequence of the contradiction between the need for oxygen of many biocatalysts 

and the low solubility of oxygen in aqueous environments, that are used most often. 

Closely related to this aspect is the issue of the cultivation of shear-sensitive cells, such 

as plant, animal and insect cells. Stirring enhances oxygen-transfer rates to a great 

extent, but is only sparingly possible in these cultures, because of damaging effects. 

Therefore different kinds of reactors, such as air-lift loop reactors (ALRs), are proposed 

to be suitable for these purposes.17 But even aeration by sparging air is found to have 

a detrimental effect on cells16,30,31 and various kinds of aeration methods are developed, 

e.g. bubble-free aeration using silicon tubing.47 

The described case of obtaining appropriate oxygen supply shows the importance 

of the choice of the reactor type and adjustments of process conditions to the specific 

needs of the application. The introduction of non-conventional media can be regarded 

as such an adjustment that improves processes. Examples of non-conventional media 

are organic solvents, supercritical solvents or aqueous two-phase systems. The 

bioreactors in which these media are applied can be the standard-type bioreactors or 

standard types that are adjusted for use with non-conventional media. Examples can 

be found in the next sections. 

ORGANIC SOLVENTS IN BIOREACTORS 

The topic of organic solvents as biocatalytic reaction media has been reviewed 

many times 1,10,14,22,28,38,40,41,42,43,46 and needs no further explanation here than a 

short summary of the arguments that are used to indicate the usefulness of this method. 

The argument that is relevant most often, is a better solubility of substrates and/or 
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products; an example is the steroid transformation.15 Another argument is that reverse 
hydrolytic reactions, that are not feasible in pure aqueous systems, can become feasible; 
an example is the esterification of a fatty acid and an alcohol.66 In some cases product 
inhibition can be reduced because of the removal of the product into the organic phase. 
Transfer of products to the organic phase can shift the apparent reaction equilibria 
calculated on an overall volume basis.23 If the product concentration is increased due 
to a better solubility in the organic phase, product recovery becomes easier. 

There are also a few aspects of organic solvents that give rise to new problems or 
less attractive phenomena such as inhibition or biocatalyst inactivation. Furthermore, 
in extractive fermentations unintentional formation of emulsions, and removal of protein 
from the fermentation broth can occur (protein stripping). 

A great number of solvent types can be applied in bioreactors, such as alkanes, 
alkenes, esters, alcohols, ethers, perfluorocarbons, etc. Only the group of the 
perfluorocarbons will shortly be highlighted, because they are relatively unknown. 
Mattiasson and Adlercreutz50 and King et al.39 describe the use of perfluorocarbons in 
biotechnology. Perfluorocarbons are ring or straight-chain hydrocarbons in which 
hydrogen atoms have been replaced by fluorine. Perfluorocarbons are both stable and 
virtually chemically inert due to the presence of the strong carbon/fluorine bonds (ca. 
487 kJ/mol). In addition, the fluorine atoms offer steric protection to the carbon groups. 
Because of the low interactions between perfluorocarbon molecules themselves, gas 
molecules can easily occupy intra-molecular spaces and large volumes of gases can 
thus dissolve. There is no chemical attraction of oxygen or carbon dioxide to 
perfluorocarbons, which implies that Henry's law for dissolved gas is applicable. 
Perfluorochemicals should not be confused with a related and currently, from the point 
of view of environmental care, somewhat controversial group of compounds, the 
chlorofluorocarbons. 

The choice of the organic solvent depends on the purpose of use. In case of 
extractive biocatalysis, for instance, the product should dissolve preferently in the 
solvent. Besides product solubility, toxicity of a solvent for the biocatalyst is of general 
importance and much research is carried out on this topic. In general a positive 
correlation is found between hydrophobicity of solvents and non-toxicity for biocatalysts. 
A measure for hydrophobicity, that was found very suitable for characterization of 
solvents, is the log P value, which is the logarithm of the partition coefficient of a solvent 
over a water octanol two-phase system. Solvents with a log P value above 4 are very 
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hydrophobic and generally show no toxic effects on biocatalysts. Bruce and Daugulis11 

recently presented solvent selection strategies for extractive biocatalysis, and concluded 
that it is possible to compose mixtures of solvents that show good extraction properties 
as well as good biocompatibility, even at relatively high concentrations of toxic solvent. 
For the application of organic solvents it is obvious that existing standard-type 
bioreactors can be used, such as stirred-tank, packed-bed, fluidized-bed, and column 
reactors. Small adjustments in the experimental set-up can often be sufficient to operate 
a two-liquid-phase biocatalytical process. 

In many investigations of two-liquid-phase biocatalysis, stirred-tank reactors are 
used.6'69 In figure 1 and 2 the two basic experimental set-ups for extractive fermentation 
with stirred-tank reactors are given. The first set-up is the most simple one, but can lead 
to a rather stable emulsion that requires a long settling time. In that case an external 
extraction column is more favorable because emulsion formation is less vigorous. An 
external extraction column is also more effective because it is a multi-stage contactor, 
whereas for direct solvent addition only one equilibrium stage can be achieved. 
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Figure 1 : Extraction with direct solvent addition (adapted from Roffler et al.55). 
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Figure 2: Extraction with contacting in an external vessel (adapted from Roffler et al.55). 

Packed-bed reactors can also be made suitable for application of two liquid phases. 
Bell et al.6 compared a stirred tank reactor and a packed-bed reactor for the hydrolysis 
of triglyceride and concluded that in this case the packed-bed reactor was superior. 

Within the group of the authors Brink and Tramper8.9 investigated the application 
of organic solvents in an immobilized-cell fluidized-bed reactor and used the epoxidation 
of propene by immobilized Mycobacterium cells as a model system. 

Concerning column-type bioreactors a few proposals can be found in the literature 
for the set-up with an organic solvent as one of the two liquid phases. Chibata et al.18 

describe in a patent a bioreactor system with external aeration of hydrocarbons or 
perfluorocarbons. Pumping these air-saturated solvents via a liquid sparger in the 
bioreactor instead of air sparging, enhances oxygen-transfer rates. The backgrounds 
and literature concerning this aspect are described in the paragraph "aeration of 
two-liquid-phase systems". Tramper et al.64 introduced the liquid-impelled loop reactor 
(LLR), which is schematically drawn in figure 3, and Van den Tweel et al.65 showed an 
experiment in which this reactor was used for the conversion of benzene to cis-benzene 
glycol. Furthermore, Buitelaar et al.13 have been working on the use of the LLR for the 
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cultivation of plant cells and at present the conversion of tetralin to tetralol by 
Acinetobacter is investigated. Gianetto et al.27 introduced a continuous extraction loop 
reactor, which will be discussed in the paragraph "batch or continuous". 
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Figure 3: Liquid-impelled loop reactor (LLR) (Tramper et al.64). 

Finally, the membrane reactor is a bioreactor in which two immiscible liquid phases 
can be applied and must therefore be mentioned here. An essential difference with the 
other types is that the two liquid phases are not in direct contact, but separated by a 
membrane. The membrane also serves as immobilization support for the biocatalyst, 
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usually an enzyme. Van der Padt et al.66 demonstrate the suitability of a membrane 
bioreactor for the enzymatic esterification of glycerol and fatty acids with the enzyme 
lipase immobilized on a hollow-fibre membrane (figure 4). 

glycerol/water A 

membrane reactor 

adsorption 
column 

glycerids/fatty acid 

Figure 4: Schematic process design for esterification with a membrane system (Van der Padt et al.66). 

AQUEOUS TWO-PHASE SYSTEMS 

Besides the use of an organic solvent in combination with an aqueous phase, the 
aqueous two-phase system is another possibility of using two liquid phases. This is a 
system that consists of two immiscible aqueous phases, which are polymer solutions 
or a polymer and a salt solution. The phenomenon has long been known and a good 
overview of the principle is given by Albertsson.3 In the last decade the interest for 
applications of aqueous two-phase systems in biotechnology has increased, due to the 
combination of two attractive properties. Like in other two-liquid-phase systems, 
partitioning of components and biocatalysts between the two phases occurs, which is 
important for downstream processing and biocatalyst retention. The second attractive 
aspect in aqueous two-phase systems is the very low interfacial tension (0.0001-0.1 
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mN.nr1) compared to that of organic solvent/water systems (0.5-50 mN.m-1). This 

keeps proteins in solution and unfolding at the interface is prevented. Due to this 

property, research of biotechnological applications of aqueous two-phase systems is 

often focussed on isolation of proteins, cells or organelles from the broth.^.6 1 The 

partition coefficient for these components in aqueous two-phase systems is normally 

in the order of magnitude of 0.1-10, but in some cases can be improved by affinity 

interactions. However, this application as isolation method is not considered here as a 

replacement of existing techniques, but as complementary to more-selective isolation 

methods. An attractive feature of this system as compared to other isolation methods, 

is that the scale up seems easy. Another way in which aqueous two-phase systems can 

be applied for biotechnological purposes is to use them as medium for extractive 

biocatalysis. Usually the bioconversion preferently takes place in one of the two phases, 

and the product can be extracted in the other phase.4.48.49. Andersson and 

Hahn-Hagerdal4 gave an extensive review of accomplishments and prospects for the 

application of aqueous two-phase systems, which are at this moment still in a rather 

experimental stage, lacking fundamental knowledge of partitioning. 

BATCH OR CONTINUOUS 

In spite of the consistent claims of the advantages of continuous processing, such 

as a higher productivity and a more uniform product, most biocatalytical processes are 

still carried out as batch processes, especially in the food industry. The enormous 

amount of work that is done through the years to achieve continuous processing for 

several applications, did not yet prove the suitability that is often claimed. An example 

of a continuous process that failed in practice is found in the beer-brewery history. The 

complexity of a continuous brewing process required the close attention of skilled staff 

and labour costs turned out to be too high.63 On the other hand developments are still 

going on, which is illustrated by the recent presentation of a continuous process for the 

production of soy sauce.29 

Improving the feasibility of continuous processing is often used as an argument 

for the use of two-liquid-phase systems. Although it seems not very easy to set up a 

continuous process with two-liquid phase systems, several articles are published on 

extractive biocatalysis. 2,5,11,18,21,24,25,26,27,52,53,54,56,62 This is a type of continuous 
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biological production process in which the process is not disturbed or sometimes even 
improved by in situ recovery of the product. Especially ethanol production is a popular 
topic in this field.5'25'27*53'54. A recent example is the work of Gianetto et al.27, who 
developed and used a continuous extraction loop reactor (CELR) which can be seen 
in figure 5. This reactor is an external-loop reactor, in which liquid circulation is induced 
by a gas flow in one of the vertical tubes and ethanol is extracted by a countercurrent 
extraction in the other tube. The experiments concern glucose fermentation by 
Saccharomyces cerevisiae entrapped in calcium-alginate spheres. The authors 
observed problems with the calcium-alginate matrix, such as low mechanical resistance, 
a leakage of viable cells, a significant internal diffusion limitation and a decrease in viability 
of the entrapped microorganisms. They emphasize, however, that the reactor is still in 
a preliminary stage. 
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Figure 5: Continuous extraction loop reactor (CELR) (adapted from Gianetto et al.27). 
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Mattiasson 49 described a classical example of a product-inhibited biocatalytic 
process, i.e. the production of acetone and butanol from glucose using Clostridium 
acetobutylicum. From batch experiments in aqueous two-phase systems it was 
concluded that butanol production should preferably be performed in a continuous 
process in which the product is removed and fresh substrate added. 

In general, most two-liquid-phase research is carried out in batch experiments and 
not much attention is given to the aim of the way of application. Claimed advantages 
are often not proven and processes still need to be designed. Although application has 
not yet been very successful, there is still faith that the introduction of two-liquid-phase 
systems is suitable for the old ideal of continuous processing. 

IMMOBILIZATION 

An extensive overview of immobilization of biocatalysts is given by Rosevear.60 

Black7 and Venkatasubramanian et al.68 give good descriptions of the applications of 
immobilized biocatalysts and the reactors that can be involved. There are a few valid 
motives for immobilization of biocatalysts. The most important one for growing cells is 
the increase of productivity because it is possible to work with dilution rates above 
washout conditions.7'68 Furthermore, facilitated recovery of the biocatalyst and 
protection of the biocatalyst against a damaging turbulent environment can play a role 
as well. Also because of diffusion limitation it is possible that an immobilised biocatalyst 
will not be exposed to an inhibiting substrate concentration. In two-liquid-phase systems 
gel entrapment of biocatalysts can protect them from denaturation at the liquid/liquid 
interface. For the application in two-liquid-phase systems it is of importance to realize 
that immobilization used as a technique to prevent free biocatalysts in the solution, can 
only be successful if it concerns non-growing biocatalysts or a high dilution rate. 

AERATION OF TWO-LIQUID-PHASE SYSTEMS 

In many aerobic bioprocesses the oxygen-supply rate to the aqueous phase is the 
limiting factor. The use of two liquid phases can contribute in two different ways to 



14 CHAPTER 1 

improve this. First, it is possible to aerate one liquid phase and lead it through the other 
that contains the biocatalyst. Second, an emulsion can be created that forms the medium 
and that is aerated by sparging air or oxygen-enriched air. 

Damaino and Wang20 presented a method in which a perfluorocarbon was used 
as an oxygen carrier, continuously removed from the bioreactor after coalescence of 
the droplets at the bottom. One circuit of perfluorocarbon was pumped back in the 
bioreactor through a nozzle at the top. A second circuit of perfluorocarbon was 
re-aerated and then pumped back in the bioreactor. Oxygen was transferred by means 
of liquid-liquid contacting. Escherichia coli was cultivated and it was shown that 
operation of a column with externally aerated perfluorocarbon was capable of supplying 
oxygen at significantly higher rates than the best run of a bubble column. This is ascribed 
to a much larger surface area available for mass transfer, which is possible for three 
reasons: 1) at equal work inputs, drops will be smaller than bubbles due to lower surface 
tension; 2) bubbles generally coalesce into larger bubbles much more rapidly than do 
drops; 3) liquid holdups can be fixed at levels much higher than typical gas hold ups. 
The process described by Damaino and Wang20 was limited by the coalescence rate 
of the solvent droplets at the bottom of the reactor. 

Cho and Wang19 also used a second liquid phase as an oxygen carrier instead of 
the direct sparging of a gas into a hybridoma cell culture to increase the oxygen-transfer 
rate. Overall volumetric mass-transfer coefficients were measured up to five times higher 
than in a directly aerated system. It is concluded that the interfacial area is made larger 
quite easily. No harmful effects were detected of the perfluorocarbon on the hybridoma 
cells. Unfortunately no positive results on the application could be reported due to cell 
aggregation at the interface of the medium and the perfluorocarbon. 

In our laboratory a distinction was made between the mass-transfer coefficient and 
the available exchange area of a liquid/liquid system. Mass-transfer coefficients were 
measured that are lower than in gas/liquid systems67(chapter 6). However, because of 
a higher specific exchange area in the experimental set-up, the mass-transfer rate of 
the liquid/liquid system is favorable, when compared with gas/liquid systems at equal 
dispersed-phase flow rates. Because of slow coalescence the maximum 
dispersed-phase flow rate is limited, which means a severe restriction for the maximum 
oxygen-transfer rate in liquid/liquid systems. 
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Ju et a l . 3 5 emphasize in their work that in case of application for low-shear, gently 

mixed systems, the general efficiency of exclusively externally aerated perfluorocarbons 

as oxygen-transfer enhancers is unacceptably low. They also point out the problem of 

protein stripping from the growth medium by the circulated perfluorocarbons. 

The second way to improve the oxygen-transfer rate by applying two liquid phases 

is as an emulsion. It has been reported many times that very small droplets of 

hydrocarbons or perfluorocarbons can have an enhancing effect on the oxygen-transfer 

rate. 12,32,33,34,35,36,37,45,57,58,59 Linek and Benes45 studied the mechanism of gas 

absorption into organic solvent water emulsions. They distinguished organic solvents 

on the basis of their spreading coefficient: 

SOV = *VA - (°OA + °Ow) 0) 

where 0 is the interfacial tension and the subscripts O, W, and A stand for organic solvent, 

water and air, respectively. Organic solvents with a negative spreading coefficient 

showed no influence on the mass-transfer coefficient, but had a negative influence on 

the specific exchange area. Organic solvents with a positive spreading coefficient gave 

positive effects on both the mass-transfer coefficient and the specific exchange area. 

Hassan and Robinson32 found results that were in agreement with the data of Linek and 

Benes.45 The increase of the specific exchange area in case of a positive spreading 

coefficient is assumed to be caused by spreading of the organic solvent as a thin film 

on the gas aqueous interface, lowering the surface tension, and thereby increasing the 

specific interfacial area of the gas dispersion. The decrease in case of a negative 

spreading coefficient is assumed to be caused by static accumulation of droplets at the 

interface, thus blocking part of the surface area available for oxygen mass transfer. Rols 

et a l .57 concluded that the effect of organic-solvent droplets on the specific gas-emulsion 

exchange area is usually of minor importance compared to the enhancement effect on 

the mass-transfer coefficient, and denoted the principle as oxygen vector. Several 

mechanisms of the increased mass-transfer coefficients for organic solvents with a 

positive spreading coefficient have been proposed12.32.35.45.57, but there is still much 

uncertainty left. It is most likely that in some way there is a regularly occuring interchange 

of droplets between the air aqueous interface and the bulk region. Some examples in 

the literature are found that clearly demonstrate the positive effect of organic-solvent 

droplets on volumetric transfer coefficients. Rols and Goma 5 9 found a positive effect of 
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soybean oil on the volumetric oxygen-transfer coefficient during cultivation olAerobacter 
aerogenes. Ho et al.33 found an enhanced oxygen supply by adding hexadecane to the 
oxygen-limited penicillin fermentations with Penicillium chrysogenum in shake flasks 
and in a stirred tank. They denote the transfer-enhancement effect as a higher effective 
oxygen solubility of the fermentation medium. Ju et al.35 used Escherichia coli to 
demonstrate the mass-transfer enhancement effect, when instead of an aqueous phase 
perfluorocarbon emulsions are used in a stirred-tank reactor. 
Up to a five-fold increase of the oxygen-transfer coefficient is reported in the literature58. 
Therefore, the strategy of adding small droplets of an organic solvent to a fermentation 
medium seems to be very useful for improving the oxygen-transfer process. 

CONCLUSIONS AND FUTURE PERSPECTIVES 

The number of publications about research work on biocatalysis in non-aqueous 
media is enormous and even the review articles on this topic are numerous. In spite of 
all the advantages that the researchers come up with, serious applications are still 
scarce. It is good to realize that from a scientific point of view tremendous progress is 
made, but that the commercial success is still limited. The overoptimistic view, that is 
shown by many authors with respect to applications of two-liquid-phase systems, suits 
the relativation on biotechnology in general, that is given by Moses and Cape 51 in the 
book entitled "Biotechnology, the science and the business". There is a world of 
difference between laboratory achievements and development of processes for 
commercial purposes. 

So far most laboratory biocatalytic reactions in two-liquid-phase systems have 
been restricted to batch processes. Interfacial effects make continuous processing 
difficult. Continuous processing can only be achieved if continuous phase separation 
is feasible. Centrifuges or membranes can be a great help to achieve this. In general 
the complexity of biocatalysis in two-liquid-phase systems is a severe obstacle in the 
further development of what has been achieved in the laboratories. A few concepts of 
two-liquid-phase bioreactors exist, but these are still in a rather experimental stage : 
the continuous extraction loop reactor (CELR) of Gianetto et al.27 , the liquid-impelled 
loop reactor (LLR) of Tramper et al.64, the stirred-tank reactor6.10, and the packed-bed 
reactor6. 
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CHAPTER 2 

HYDRODYNAMIC MODEL FOR LIQUID-IMPELLED 

LOOP REACTORS 

SUMMARY 

A new type of bioreactor, in which two liquid phases are used, is introduced and 
a model description of its hydrodynamic behavior is given. The model is based on the 
two-phase drift-flux model of Zuber and Findlay and on a friction coefficient derived 
from one-phase flow theory. Drop sizes, necessary for model calculations, were 
estimated from literature correlations and photographically verified. The model predicts 
the continuous-phase circulation velocity and dispersed-phase holdup within an 
accuracy of 5% for a pilot-plant reactor, and within 10% for a lab-scale reactor. Only at 
very low flow ranges, especially on lab scale, is this accuracy not attained. 

INTRODUCTION 

Biotechnological developments concern manipulating biological materials to 
produce high-value products. To achieve optimum performance of biotechnological 
processes, the biocatalyst can be modified in addition to adjustments of the 
environmental conditions. Traditionally, most of these processes are carried out in 

This chapter has been published in Biotechnology & Bioengineering, vol. 36, 940-946 (1990) 

by the authors : H.M. Van Sonsbeek, R.E.M. Verdurmen, P. Veriaan and J. Tramper. 
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aqueous solutions, though introduction of non-conventional media, such as organic 
and supercritical solvents, can give considerable advantages.2 These are merely based 
on the distribution of substrates and products over the aqueous phase and the solvent. 
The performance of biological systems can also be affected to a large extent by the fluid 
dynamics as biocatalysts are often sensitive to hydrodynamic forces and concentration 
gradients of substrates and products. The air-lift loop reactor (ALR) is an example of a 
system in which improvement of the performance can be accomplished. Adequate 
mixing and mass transfer characteristics are combined with low shear forces in this type 
of reactor.11 
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Figure 1: Lab-scale liquid-impelled loop reactor (LLR). 
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The same principle of the ALR is used in the liquid-impelled loop reactor (LLR).9 

Instead of a gas phase, a dispersed liquid phase induces the circulation of the continuous 

liquid phase in this type of reactor. Several configurations of these reactors are possible: 

internal or external loop, up flow or down flow of the dispersed phase, or a combination 

of these. It is also possible to combine liquid injection with gas injection. There are a few 

constraints for the two liquid phases that can be used in the LLR. The phases should 

be immiscible and must have a different density. Furthermore, the phases should not 

have a serious toxic effect on the biocatalyst used in the reactor. 

In the LLR the advantages of organic media and of the ALR are combined. As the 

biocatalyst can easily be retained in the continuous phase and thus in the reactor, the 

dispersed phase can be used, in addition to supplier of substrate, for downstream 

processing. For these reasons this type of reactor has been developed. To meet 

requirements of a biotechnological process and to optimize the use of the specific 

advantages of the LLR, a good description of the reactor and the operation 

characteristics is essential. Hydrodynamic properties, such as circulation velocity, 

holdup, and drop size are of great influence on shear forces, mixing, and mass-transfer 

performance. Therefore, in this chapter a hydrodynamic model is presented describing 

the circulation velocity and the dispersed-phase holdup for different flow rates of the 

dispersed phase for an up-fiow LLR with external loop. 

THEORY 

The model 

The hydrodynamic model presented in this chapter is based on the assumption 

that friction in the LLR can be characterized by a friction coefficient obtained from 

one-phase flow calculations. Furthermore, the model is based on the two-phase drift-flux 

theory of Zuber and Findlay13 giving an estimate for the velocity of the dispersed-phase 

drops. 

The pressure drop A P of a one-phase flow through a straight pipe with obstacles, 

such as sudden changes in cross-sectional area, fittings, and valves, can be described 

by the following equation: 
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L \ W , . 2 (1) AP=li / i P<,>f( | - j ( +Xl e^p<,>^ 

where the subscript / denotes the pertinent pipe section and j the pertinent obstacle , f 
is the wall-friction coefficient for straight pipes, p is the density of the fluid, <v> the 
average velocity, L and R^ are the length and the hydraulic radius of the pipe and ev is 
the friction coefficient for obstacles. 

As the flow through each pipe section and obstacle is the same, all the different 
velocities used in equation (1) are proportionally interrelated. Therefore, this equation 
can be rewritten to a form in which only one arbitrary velocity term is used: 

1 2 (2) 
AP = -Kfp<v>2 

where K\ is the overall friction coefficient of the system based on the average velocity 
<v> in one of the pipe sections. 

The same equation can be used for an LLR, which can be considered as two 
straight vertical pipe sections with the bottom and top connecting obstacles (figure 1). 
When it is assumed that the dispersed-phase holdup is constant over the length of the 
riser and that there is no dispersed phase in the circulation loop, the hydrostatic pressure 
difference between the two columns is: 

AP=aApgH (3) 

where a is the holdup, A p is the density difference of the two liquid phases, g is the 
gravitational constant, and H is the length of the riser. Combination of equations (2) and 
(3) gives: 

1 2 (4) 
aApgH = -K fp <v> 

In this equation the relationship between the dispersed-phase holdup and the circulation 
velocity of the continuous phase is shown. A relationship with the dispersed-phase flow 
rate as the main controlling operation condition is desired for predicting the value of 
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both hydrodynamic properties under a given set-up. Therefore, a relation based on the 
theory of Zuber and Findlay13, is introduced, giving an estimate for the velocity of 
dispersed-phase drops (v^): 

ud = CO s d + t;sc) + od.* (5) 

where Vsd and vsc are the superficial velocities of the dispersed and the continuous 
phase in the riser, respectively; C is the distribution parameter, and Vd<x> is the terminal 
velocity of a single drop in an infinite volume of the pertinent continuous phase. Here C 
corrects for nonuniform flow and concentration profiles of the dispersed phase. If the 
concentration of dispersed phase is uniformly distributed over the cross section of the 
tube, the value of C is 1. If the concentration of the dispersed phase at the wall of the 
tube is zero and the velocity profile is pronounced parabolic, C has a value of about 1.5. 
With equation (5) the relation between the holdup and the dispersed-phase flow rate is 
found as the holdup can be described by the following equation: 

(6) 
a = — 

Estimates for the hydrodynamic properties at variable dispersed-phase flow rates are 
obtained by combining equations (4),(5), and (6). From the resulting equation the 
dispersed-phase holdup and the circulation velocity can easily be derived. 

Drop size 
The size of the dispersed-phase drops plays an essential role in the hydrodynamic 

model, as it is one of the main properties that determines v^ooin equation (5). For this 
purpose figure 2 is derived from a graphical correlation given by Hu and Kintner4 and 
gives the rise velocity of a single drop as a function of the drop size for a hexane in water 
system. The drop size is also of major importance for good performance of the reactor. 
Too small droplets may enter the circulation loop, resulting in a decrease of the driving 
force for liquid circulation. Increasing drop size will diminish the mass-transfer capacity. 
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The size of drops formed at a nozzle depends on the liquid velocity in the nozzle. 
Clift et al.3 distinguish four flow regimes each being responsible for a characteristic 
drop-formation mechanism. 

At very low velocities in the nozzle the drops are formed at the nozzle one by one, 
being rather big and uniform. Scheele and Meister8 proposed a general theory to 
calculate the drop size in this regime, which will not be discussed further in this chapter. 

0.15 

v d m [ms" 1 ] 

0.05-

Figure 2: Terminal rise velocity of hexane drops in water as function of drop diameter; derived from Hu 
and Kintner.4 

In the second regime a jet is formed, which breaks up in smaller droplets. The jet 
breakup is mainly caused by axisymmetric amplification of jet surface disturbances. This 
so-called Rayleigh instability leads to a uniform drop size. Scheele and MeisterS give the 
following equation to estimate at which liquid velocity in the nozzle jet formation just 
starts and regime 1 changes into regime 2: 

V jetting 1 . r O 
PaDt d 

(7) 
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where d is the drop diameter according to the theory for the first regime, 0 is the interfacial 

tension, p c is the density of the continuous phase and D N is the nozzle diameter. The 

size of drops in the second regime can be estimated by the following equation:7 

- - (8) 
d = (1 .5Xm ) 3

JD 3
N 

where d is the diameter of the drop and xm is the wavelength of the fastest growing 

disturbance of the jet surface. Meister and Scheele5 give a graphical correlation to 

determine Am from the physical properties of the two liquid phases and the radius of the 

jet. The latter can be assumed to be V2DN.6 In this regime the jet length first reaches a 

maximum and then decreases again at increasing velocity in the nozzle. 

In the third regime asymmetric disturbances of the jet surface become increasingly 

significant and the jet length decreases further. The drop formation process becomes 

rather erratic and the drop-size distribution widens.6 

In the fourth regime the jet has completely disappeared and many small droplets 

of non-uniform size are formed at the nozzle.3 

The formation of very small satellite droplets occurs in each regime and is 

unpredictable because of the very low forces involved, compared to the forces that 

cause the described jet break up.7 Generally it can be stated that the drop size decreases 

and the drop-size distribution widens for increasing liquid velocity in the nozzle. 

MATERIALS AND METHODS 

The experiments have been carried out at 30 °C in a lab-scale and a pilot-plant 

reactor with external loop, constructed of glass cylinders, with volumes of 0.004 and 

0.165 m3, respectively (see figure 1). The diameter of the riser and downcomer of the 

pilot plant reactor are 0.2 and 0.1 m, respectively. In both cases external loop reactors 

were used with lengths of 0.55 and 3.14 m. The liquid spargers were designed to produce 

uniform drops. They consisted of stainless steel pipes with an inner diameter of 1.4 mm 

and an outer diameter of 2 mm and were evenly distributed over the cross section of 

the main reactor tube. A chamber at the inlet of the pipes gave a uniform pressure 

distribution over the pipes. The spargers of the lab-scale and the pilot-plant reactor were 
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equipped with 12 pipes of 0.2 m and 49 pipes of 0.3 m length, respectively. Both the 
reactors were used with water as the continuous phase and hexane as the ascending 
dispersed phase. This combination was chosen as the two phases are immiscible and 
have a rather different density, 1000 and 660 kg/m3, respectively. The toxic effect of 
hexane was irrelevant in these experiments as no biocatalyst was used. For this 
combination of liquid phases a Am value of 6.7x10-3 m was derived.5 

To measure the holdup of the dispersed phase in the main tube of the reactor, a 
reversed U-tube manometer was used. The sensitivity of the manometer was expanded 
by using ethyl-acetate on top of the water in both tubes of the manometer. Ethyl-acetate 
is not miscible with water and has a density (990 kg/m3) close to the density of water. 
The circulation velocity of the continuous phase was measured by means of an inductive 
flow meter, located in the circulation loop. 

Drop-size distributions were determined by measuring diameters of photographed 
drops. The photographs were taken through the flat surface of a square box filled with 
water, and put up around the cylindrical main tube of the reactor to eliminate errors 
caused by refraction. 

RESULTS AND DISCUSSION 

Friction coefficients 
Equation (4) was used to derive friction coefficients from the experimental data on 

holdup and continuous-phase velocity. The averages of these coefficients were used 
for further model calculations. 

The flow regime in the lab-scale reactor ranged from low turbulent to turbulent. 
The Reynolds values Re varied from 1.3x 103 to 104 for the riser and from 2x 103 to 15x 103 

for the downcomer. In the low turbulent regimes it can be difficult to predict friction 
coefficients as these may not be constant. In figure 3 indeed a slight initial increase in 
friction coefficient with Re is shown. However, the friction coefficient for this reactor can 
be approximated by a constant value when the values for low Re numbers (< 8x 103) are 
excluded. 
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For the pilot-plant reactor Re ranged from 8x103 to 24x103 for the riser and from 
16x103 to 48x103 for the downcomer. In these turbulent flow regimes friction coefficients 
may be assumed to be independent of the velocity. The experimental results confirm 
this assumption (figure 4). 

In this way the friction coefficients for the lab-scale and pilot-plant reactor were 
found to have a value of 1.94 and 2.05, respectively. These values agree very well with 
the predicted values of 1.74 and 1.96, respectively (see Appendix). 
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Figure 3: Friction coefficient as function of Re in the downcomer for the lab-scale LLR (experimental: 

• ; average for Re > 8x103: ). 
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Figure 4: Friction coefficient as function of Re in the downcomer for the pilot-plant LLR (experimental: 

• ; average: ). 

Drop size 
The Sauter mean diameter (cfo) of the drops in the pilot-plant reactor has been 

determined at various flow rates and compared with the predicted values (figure 5). As 
expected, the drop size decreases for increasing flow rate. At very low flow rates the 
drops are formed separately, and using Scheele and Meister's theory7 for the first 
drop-formation regime, the predicted drop size deviates only 5 % from the experimental 
average. 

From equation (7) it follows that the second regime starts when the liquid velocity 
in the nozzle exceeds 0.39 m.s-1, corresponding with the pilot-plant reactor having a 
superficial velocity of 9x10"4 m.s-1. At this flow rate jet formation at all nozzles is noticed. 
However, jet formation is already observed at some nozzles at a superficial velocity of 
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5X10-4 m.s-1, where at others drops are still formed separately. Therefore the region 
from this velocity up to the calculated jetting velocity can be considered as the 
intermediate region. 
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Figure 5: Drop diameter as function of the superficial velocity of the dispersed phase in the riser of the 

pilot-plant reactor (experimental values for d3 2 : o; predicted drop diameter using Scheele 

and Meister's theory 8: — ; predicted drop diameter using equation (8): ). 

Increasing the flow rate of the dispersed phase in the second regime, the average 
drop size decreases and the drop-size distribution widens considerably. Especially the 
number of very small droplets (< 0.5 mm) increases dramatically for increasing flow rate. 
Obviously regimes 2 and 3 are hardly distinguishable and appear at the same time. 
However, the estimated drop size from equation (8) describes the Sauter mean diameter 
in this flow region within 10% accuracy. Therefore, this equation can be very useful for 
further model calculations, as the terminal velocity is given as a function of the drop size 
in figure 2. 
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The maximum flow rate in the nozzles which still gives an acceptable performance 
of the LLR was visually determined to be about 1.7 m.s-1 for both the lab-scale and the 
pilot-plant reactor. Above this flow rate too many small droplets were formed, causing 
separation problems. 

The model 
The experiments have all been carried out in a limited flow range as the maximum 

liquid velocity in the nozzle was kept close to 1.7 m.s-1 for acceptable performance of 
the reactor. From visual observation no change of flow regime could be observed. The 
shape of the drops was rather spherical and did not change much at increasing flow 
rate. Therefore, the distribution parameter C was assumed to be constant in this flow 
range and was determined from the experimental measurements of holdup and 
circulation velocity, where for v^ a constant value of 0.12 m.s-1 was used derived from 
figure 2. For both lab-scale and pilot-plant reactor, a value of 1.6 was found for C, 
suggesting a very pronounced parabolic velocity and concentration profile across the 
duct. This effect can easily be seen in the lower part of the pilot-plant reactor, where a 
very uneven concentration distribution and high local velocity differences occurred due 
to the unestablished flow after the bottom section. At greater height, the effect 
diminished. 

The value 1.6 for C is very high compared to the value of 1.07 for the ALR used by 
Verlaan et al.10 However, Re in the riser of the ALR varied from 25x103 to 105, where for 
the LLR the Re range was 8x 103 to 24x 103. The considerably lower flow range very likely 
influences the value of C. At very low flow ranges, local circulation cells can be induced, 
which cannot be represented by the distribution parameter C. In that case the 
hydrodynamic model is not valid.13 

In figures 6 and 7 model predictions and experimental results are presented. The 
model describes the velocity and holdup of the pilot-plant reactor within an accuracy of 
5%, except for a dispersed-phase superficial velocity below 5x10-4 m.s-1. Lab-scale 
predictions are less accurate. Above a dispersed-phase superficial velocity of 3x10"3 

m.s-1 the deviation of the predicted circulation velocity is less than 10%. For the holdup 
prediction accuracy of 10% is only attained above a dispersed-phase superficial velocity 
of 9x10'3 m.s-1. The disturbances of flow profiles in a vertical tube caused by the bottom 
section can be the reason for the deviation from the model, which is based on 
fully-established flow. On lab scale a greater part of the reactor is involved in smoothing 


